






















































































EDITORS 


George M. Murphy 

Washington Square College, New York University; 
formerly of SAM Laboratories, Columbia University 



Harold C. Urey 

Institute for Nuclear Studies, University of Chicago; 
formerly of SAM Laboratories, Columbia University 


Isidor Kirshenbaum 

Esso Laboratories, Standard Oil Development Company; 
formerly of SAM Laboratories, Columbia University 


N 



20130 





















































































































































































































































PRODUCTION OF HEAVY WATER 


Copyright, 1955, by the 
McGraw-Hill Book Company, Inc. 

Printed in the United States of America 


Copyright assigned, 1955, to the General Manager 
of the United States Atomic Energy Commission. 
All rights reserved. This book, or parts thereof, 
may not be reproduced in any form without per¬ 
mission of the Atomic Energy Commission. 


SAG ■ 1 


Lithoprinted 

by 

Edwards Brothers, Incorporated 
Ann Arbor, Michigan 



vttri' '■r»f •««« "r'? w ww • wu i; i" M i ww m-wi mu"mi vuvwi 






























































































































ACKNOWLEDGMENT 


The Manhattan Project Technical Section of the National Nuclear En¬ 
ergy Series embodies results of work done in the nation’s wartime 
atomic energy program by numerous contractors, including Columbia 
University. The arrangements for publication of the series volumes 
were effected by Columbia University, under a contract with the United 
States Atomic Energy Commission. The Commission, for itself and for 
the other contractors who contributed to this series, wishes to record 
here its appreciation of this service of Columbia University in support 
of the national nuclear energy program. 



PREFACE 


This volume is one of a series which has been prepared as a record 
of the research work done under the Manhattan Project and the Atomic 
Energy Commission. The name Manhattan Project was assigned by the 
Corps of Engineers, War Department, to the far-flung scientific and 
engineering activities which had as their objective the utilization of 
atomic energy for military purposes. In the attainment of this objec¬ 
tive, there were many developments in scientific and technical fields 
which are of general interest. The National Nuclear Energy Series 
(Manhattan Project Technical Section) is a record of these scientific 
and technical contributions, as well as of the developments in these 
fields which are being sponsored by the Atomic Energy Commission. 

The declassified portion of the National Nuclear Energy Series, when 
completed, is expected to consist of some 60 volumes. These will be 
grouped into eight divisions, as follows: 


Division I 
Division II 
Division III 
Division IV 
Division V 
Division VI 
Division VII 
Division VIII 


Electromagnetic Separation Project 
Gaseous Diffusion Project 
Special Separations Project 
Plutonium Project 
Los Alamos Project 
University of Rochester Project 
Materials Procurement Project 
Manhattan Project 


Soon after the close of the war the Manhattan Project was able to 
give its attention to the preparation of a complete record of the re¬ 
search work accomplished under Project contracts. Writing programs 
were authorized at all laboratories, with the object of obtaining com¬ 
plete coverage of Project results. Each major installation was re¬ 
quested to designate one or more representatives to make up a com¬ 
mittee, which was first called the Manhattan Project Editorial Advisory 
Board, and later, after the sponsorship of the Series was assumed by 
the Atomic Energy Commission, the Project Editorial Advisory Board. 
This group made plans to coordinate the writing programs at all the 
installations, and acted as an advisory group in all matters affecting 
the Project-wide writing program. Its last meeting was held on Feb. 
9, 1948, when it recommended the publisher for the Series. 
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The names of the Board members 
represented are as follows: 

Atomic Energy Commission 

Public and Technical Information 
Service 

Technical Information Division, 

Oak Ridge Extension 

Office of New York Operations 

Brookhaven National Laboratory 

Carbide & Carbon Chemicals 
Corporation (K-25) 

Carbide & Carbon Chemicals 
Corporation (Y-12)t 

Clinton Laboratories J 

General Electric Company, Hanford 

General Electric Company, 

Knolls Atomic Power Laboratory 

Kellex Corporation 
Los Alamos 

National Bureau of Standards 

Plutonium Project 

Argonne National Laboratory 

Iowa State College 

Medical Group 

SAM Laboratories § 

Stone & Webster Engineering 
Corporation 

University of California 

University of Rochester 


and of the installations which they 

Alberto F. Thompson 

Brewer F. Boardman 

Charles Slesser, J. H. Hayner, 

W. M. Hearon * 

Richard W. Dodson 

R. B. Korsmeyer, W. L. Harwell, 
D. E. Hull, Ezra Staple 

Russell Baldock 

J. R. Coe 
T. W. Hauff 
John P. Howe 

John F. Hogerton, Jerome Simson, 
M. Benedict 

R. R. Davis, Ralph Carlisle Smith 

C. J. Rodden 

R. S. Mulliken, H. D. Young 

F. H. Spedding 
R. E. Zirkle 

G. M. Murphy 

B. W. Whitehurst 

R. K. Wakerling, A. Guthrie 

D. R. Charles, M. J. Wantman 


• Represented Madison Square Area of the Manhattan District. 

t The Y-12 plant at Oak Ridge was operated by Tennessee Eastman Corporation until May 4, 
1947, at which time operations were taken over by Carbide & Carbon Chemicals Corporation. 

| Clinton Laboratories was the former name of the Oak Ridge National Laboratory. 

5 SAM (Substitute Alloy Materials) was the code name for the laboratories operated by Co¬ 
lumbia University in New York under the direction of Dr. H. C. Urey, where much of the ex¬ 
perimental work on isotope separation was done. On Feb. 1, 1945, the administration of these 
laboratories became the responsibility of Carbide & Carbon Chemicals Corporation. Research 
in progress there was transferred to the K-25 plant at Oak Ridge in June, 1946, and the New 
York laboratories were then closed. 
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Many difficulties were encountered in preparing a unified account of 
Atomic Energy Project work. For example, the Project Editorial Advi¬ 
sory Board was the first committee ever organized with representa¬ 
tives from every major installation of the Atomic Energy Project. 
Compartmentation for security was so rigorous during the war that it 
had been considered necessary to allow a certain amount of duplication 
of effort rather than to permit unrestricted circulation of research 
information between certain installations. As a result, the writing 
programs of different installations inevitably overlap markedly in many 
scientific fields. The Editorial Advisory Board has exerted itself to 
reduce duplication in so far as possible and to eliminate discrepancies 
in factual data included in the volumes of the NNES. In particular, 
unified Project-wide volumes have been prepared on Uranium Chem¬ 
istry and on the Analysis of Project Materials. Nevertheless, the 
reader will find many instances of differences in results or conclu¬ 
sions on similar subject matter prepared by different authors. This 
has not seemed wholly undesirable for several reasons. First of all, 
such divergencies are not unnatural and stimulate investigation. Second, 
promptness of publication has seemed more important than the re¬ 
moval of all discrepancies. Finally, many Project scientists com¬ 
pleted their contributions some time ago and have become engrossed in 
other activities so that their time has not been available for a detailed 
review of their work in relation to similar work done at other installa¬ 
tions. 

The completion of the various individual volumes of the Series has 
also been beset with difficulties. Many of the key authors and editors 
have had important responsibilities in planning the future of atomic 
energy research. Under these circumstances, the completion of this 
technical series has been delayed longer than its editors wished. The 
volumes are being released in their present form in the interest of 

presenting the material as promptly as possible to those who can make 
use of it. 


The Editorial Advisory Board 



The Manhattan Project Technical Section of the National-Nuclear 
Energy Series is intended to be a comprehensive account of the sci¬ 
entific and technical achievements of the United States program for 
the development of atomic energy. It is not Intended to be a detailed 
documentary record of the making of any inventions that happen to be 
mentioned in it. Therefore, the dates used in the Series should be 
regarded as a general temporal frame of reference, rather than as 
establishing dates of conception of inventions, of their reduction to 
practice, or of occasions of first use. While a reasonable effort has 
been made to assign credit fairly in the NNES volumes, this may, in 
many cases, be given to a group identified by the name of its leader 
rather than to an individual who was an actual Inventor. 



COLUMBIA UNIVERSITY PROJECT FOREWORD 


Government-supported research on nuclear energy first occurred in 
early 1940 when certain funds made available by the Army, Navy, and 
National Bureau of Standards were used for experiments at Columbia 
University. The subsequent history of this project as it expanded in 
many other universities and industrial laboratories is told in detail in 
the Smyth Report. Two of the major programs began at Columbia Uni¬ 
versity: the uranium-graphite pile reactor and the gaseous diffusion 
method of uranium 235 separation. 

Lack of sufficient laboratory space at Columbia for the development 
of both programs led to the transfer in the spring of 1942 of the ura¬ 
nium-graphite reactor program to the University of Chicago. The pro¬ 
gram of separation of uranium 235 by gaseous diffusion, and various 
ancillary projects, developed rapidly until not only all available space 
in the Columbia University buildings was occupied but, in addition, an 
even greater amount of rented space. 

The project for the separation of uranium isotopes by gaseous diffu¬ 
sion was first carried forward through various government contracts 
under the direction of Harold C. Urey, Professor of Chemistry, and 
John R. Dunning, Assistant Professor of Physics. In 1943 the work was 
unified under a single contract with the Manhattan Engineer District 
with Professor Urey as Director. An account of the research on the 
major assignment, the separation of the uranium isotopes, is to be found 
elsewhere in the National Nuclear Energy Series. The volumes that this 
preface introduces deal with the general mathematical theory of isotope 
separation, with some new experimental methods of separating isotopes, 
with spectroscopic properties of uranium compounds, and with the 
chemical and physical properties of heavy water and other deuterium 
compounds. Most of this work was done at Columbia, but parts of it 

were carried on at the National Bureau of Standards and at The Johns 
Hopkins University. 


George B. Pegram 

Chairman, Columbia University Division 
of War Research, 1941-1945 
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VOLUME PREFACE 


Heavy water was needed for the work of the Manhattan Project, and 
it seemed likely that large quantities of it would be required. Methods 
of preparing it were well known as the result of many academic re¬ 
searches which had been concerned with the properties of heavy hydro¬ 
gen and its compounds. However, expansion of the small-scale labora¬ 
tory methods to large-scale production processes could not be effected 
automatically. As is usually true in such cases, consideration must be 
given to the special requirements of the chemical engineer and to the 
equipment available. In this particular case the question gpfproduct 
cost could not be ignored since it might be great. Moreover, the time 
schedule was urgent, and the product was wanted at the earliest pos¬ 
sible moment. 

It was appropriate that development processes for heavy-water pro¬ 
duction be studied at Columbia University, where the hydrogen isotope 
had been discovered some 10 years before. Part II of this volume de¬ 
scribes the results of such pilot-plant studies on the various processes 
of interest. Its chapters have been written by chemists closely con¬ 
nected with the work here reported. 

When the war was over, H. C. Urey recognized that an expert survey 
of heavy-water plants and their operation as they existed at that time 
might be very useful at some later date. Possible design or construc¬ 
tion of new plants would certainly be aided by the existence of such a 
report. The result, more familiarly known as the “Maloney-Ray re¬ 
port,” forms Part I of this volume. The dilapidated condition of copies 
in Atomic Energy Commission libraries shows that it was indeed useful 
and is clear evidence of Dr. Urey’s wisdom in having it prepared. 

The several authors of this volume may be surprised when they see 
it in print since most of them have not looked at their manuscript in 
about 10 years. Few of them have worked directly with heavy water 
during the intervening period, but some of them may have entirely dif¬ 
ferent opinions than those which they put on paper so long ago. The 
reader must keep these facts in mind because it has been the classifi¬ 
cation policy which has kept the manuscripts in locked safes until now. 
Since the information can be released at this time, it is believed that it 
may be useful to do so since no complete account has yet been given of 
those plants and processes which furnished ton lots of the product. 
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VOLUME PREFACE 


The chemical engineer will find here some familiar processes, such 
as electrolysis and distillation, which have been adapted for the special 
purpose of isotopic separation. It is hoped that the details of these op¬ 
erations will interest him. Still further improvements in the processes 
are of great importance because a low cost of heavy water would cer¬ 
tainly effect the development of atomic power and, if it were low enough, 
could possibly make atomic power generally available for peaceful pur¬ 
poses. 


New York, N. Y. 
April, 1955 


George M. Murphy 



CONTENTS 


Page 

Foreword. v 

Preface. vi | 

Columbia University Project Foreword. xi 

_ • • • 

Volume Preface. 3011 

Part I COMMERCIAL PRODUCTION OF HEAVY WATER 

CHAPTER 1 

Introduction to Part I. 3 

CHAPTER 2 

Catalytic Exchange - Electrolytic Process for the Isolation 
of Heavy Water at Trail, B. C.. . 9 

CHAPTER 3 

Water-distillation Process for the Isolation of Heavy Water 
As Employed by E. I. du Pont de Nemours & Co., Inc., at 
Morgantown, W. Va. 53 

CHAPTER 4 

Hydrogen-distillation Process for the Isolation of Heavy 
Water. 82 

CHAPTER 5 

Miscellaneous Processes for the Isolation of Heavy Water ... 99 

XV 











XVI 


CONTENTS 


Part n LABORATORY STUDIES FOR SEPARATION 

PROCESSES 

CHAPTER 6 

Introduction to Part n . 115 

By Harold C. Urey 

CHAPTER 7 

Distillation of Water. 120 

By Maxwell L. Eidinoff 

CHAPTER 8 

Catalytic Exchange: General. 145 

By Hugh S. Taylor 

CHAPTER 9 

Development of Nickel-Chromium Oxide As a Catalyst for 

Isotopic Exchange Between Hydrogen and Water. 154 

By Ellison H. Taylor 

CHAPTER 10 

Catalytic Exchange: Platinum and Palladium Catalysts. 222 

By George G. Joris 

CHAPTER 11 

Hydrogen-Water Vapor Exchange Glass Pilot Plant. 261 

By Maxwell L. Eidinoff 

CHAPTER 12 

Dual-temperature Process: Mercaptan-Water, Ammonia- 
Water-Hydrogen, and Cyclohexane-Benzene-Hydrogen 

Systems. 315 

By Maxwell L. Eidinoff 

APPENDIX A 


Electrolytic Process 


By George F. Quinn 


355 











CONTENTS 


xvii 


APPENDIX B 

Operating Data, Project 9, Aug. 1 to 31, 1945, Trail Plant . . . 370 

APPENDIX C 

Illustrative Calculation of the Fourth-stage Tower 
Performance Data, August 1945 . 375 

APPENDIX D 

Illustrative Calculation of Alpha for a Secondary-plant 

Rundown... 377 


APPENDIX E 

Equilibrium Constants for Exchange Reactions Involving 
Mercaptans. 378 


Index 


389 








Part I 

COMMERCIAL PRODUCTION OF 
HEAVY WATER 




Chapter 1 


INTRODUCTION TO PART I 


The manufacture of plutonium is carried out in a chain-reacting pile 
by the absorption of slow neutrons in U 238 . These neutrons are obtained 
from the fission of U 235 . The neutrons from this fission, however, are 
fast neutrons and must be slowed down to suitable velocity in order to 
be absorbed to produce plutonium and to be effective in carrying on the 
chain reaction. This moderation of the velocity may be best achieved 
by causing a collision of the neutrons with materials of nearly equiva¬ 
lent mass. Such materials as hydrogen, deuterium, beryllium, graph¬ 
ite, and heavy water (deuterium oxide) are effective moderators. Most 
other materials are unsuitable as moderators because they absorb the 
neutrons and stop the chain reaction. The problems of producing and 
using the various moderators have been subject to rather extensive 
study. 

Considerable effort has been devoted to the production of heavy 
water, even though the piles at Hanford, Wash., were moderated with 
graphite and only one experimental pile using heavy water has been 
operated. Methods that have been studied extensively include cata¬ 
lytic exchange between hydrogen and water vapor, distillation of water, 
distillation of hydrogen, and electrolysis of water. In brief, the prin¬ 
ciples of these processes are as follows: 

1. Catalytic exchange between hydrogen and water vapor. It has 
been found that, when a mixture of H 2 , HD, and water vapor is passed 
over a suitable platinum or nickel catalyst, the deuterium transfers 
from HD to HDO. This HDO is then absorbed in water. By operation in 
a series of countercurrent towers with electrolysis of the water be¬ 
tween towers, the deuterium may be concentrated. 

2. Distillation of water. Since there is a small difference in vapor 

pressure between H 2 0 and HDO, separation may be achieved by frac¬ 
tional distillation of water. 

3. Distillation of hydrogen. Since at the normal boiling point of hy¬ 
drogen there is a marked difference in vapor pressure between H 2 and 
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HD and since these materials form perfect solutions, it is possible to 
separate them by fractional distillation. 

4. Electrolysis of water. When water is electrolyzed, there is a 
concentration of deuterium in the water. By operating on a counter- 
current principle, a concentration of deuterium can be achieved. 

Other methods of exchange studied briefly include catalytic exchange 
with ammonia, mercaptans, phosphine, and cyclohexane. Studies on the 
use of solvent extraction and extractive distillation as a means of sepa¬ 
rating D z O from H 2 0 were made. 

Three of these processes have been used in the large-scale com¬ 
mercial preparation of heavy water, namely, the distillation of water, 
catalytic exchange, and electrolysis. The electrolytic method is used 
only as an adjunct to the other two processes to obtain a final concen¬ 
tration of 99.8 percent D z O. The Consolidated Mining and Smelting Com¬ 
pany of Canada Limited (Cominco), Chemical and Fertilizer Depart¬ 
ment produces about 0.55 ton of heavy water per month by the catalytic- 
exchange process, and E. I. du Pont de Nemours & Co., Inc., produced 
about 1.2 tons per month by the distillation of water. A total of 32 tons 
of D 2 0 had been produced by Oct. 1, 1945, when the Du Pont plants were 
placed in stand-by conditions. 

H. C. Urey believed that there should be a concise record of the gen¬ 
eral operating and engineering features of these plants as well as a 
comparison with the other methods that were considered but not used 
industrially. The work that needed to be done was outlined, and Col. 
K. D. Nichols approved the preparation of such a report to cover the 
commercial methods of preparing heavy water. Any information or 
recommendations for improved methods of operation which incidentally 
resulted from this study were all to be included. The preparation of 
the report was assigned to J. O. Maloney of the Du Pont company, 
Wilmington, Del., and H. S. Ray of Pennsylvania State College, State 
College, Pa. This report was written at Columbia University, New 
York, N. Y. 

All the pertinent reports in the files at Columbia University were 
consulted. Visits were made to the Cominco plant at Trail, B. C., the 
Du Pont plant at Morgantown, W. Va., and the U. S. Engineer Office at 
Oak Ridge, Tenn. A trip was also made to Washington, D. C., to study 
the information seized from the Germans on commercial methods of 
producing heavy water. This information, however, was not made avail¬ 
able to the authors of this report. Consequently the conclusions reached 
in this study* are based entirely on American practice. 

The following conclusions were drawn: 

I. The two methods commercially developed, namely, catalytic ex¬ 
change and water distillation, were the most attractive at the time of 
their selection in view of the critical shortages of materials and the 
uncertainties in other designs. 
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2. The basic cost information on the three most attractive processes 
has been assembled in Table 1.1. The estimated research and de¬ 
velopment costs are shown in Table 1.2. 


Table 1.1 — Economic Considerations in Production of 
Heavy Water by Three Methods 





Distillation 


Catalytic 

Distillation 

of hydrogen* 


exchange* 

of HjO* 

(estimated) 

Cost: 




Research and development 




To date 

$470,000 

$63,000 

$30,000 

Total to complete 

Completed 

Completed 

$300,000 

Total Investment in plant 

$2,350,000 

$14,500,000 

$12,000,000 


(1 plant) 

(3 plants) 

(1 or 2 plants) 

Investment per ton 




At present production rate 

$4,270,000 

$12,100,000 


At potential production rate 
Operating cost per ton Inclusive 

$2,600,000 

$6,050,000 

$5,000,000 

of fixed charges 

Present 

$145,000 

$570,000 


Potential 

$95,000 

$300,000 

$132,000 

Operating cost per ton exclusive 




of fixed charges 

Present 

$55,000 

$350,000 


Potential 

$36,000 

$175,000t 

$46,000 

Production: 




Present, tons per month 

0.55 

1.2 


Potential, tons per month 

0.84 

2.4 

2.4 

Per cent recover of D,0 in feed: 




Present 

301 

1.9 


Potential 

*4! 

3.8 

90+ 

Personnel: 




Research and development 




To date, man-months 

630 

125 

60 

Total to complete, man-months 
Construction 

Completed 

Completed 

300 

To date, man-months 

2,250 

13,750 

None 


(1 plant) 

(3 plants) 


To complete, man-months 

Completed 

Completed 

10,000 

Per ton of product, man-months 
Operation 



(1 or 2 plants) 

4,300 

11,400 

4,000 

Man-months per month 

30 

200 

90 

Man-months per ton 

55 

167 

36 

Time to come to equilibrium, days 

240 

75-100 

0.20 


• Plus electrolytic finishing. 

t This assumes operation with the same steam cost as at the present sites. 
t When based on water reaching the cells the present recovery is 43 per cent and 
the potential is 64 per cent. 


3. The processes, in the order of increasing cost per ton of heavy 
water, are listed below. Values in the first column include fixed 
charges; values in the second column exclude these charges. 
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Distillation of hydrogen $132,000 $ 46,000 

Catalytic exchange 145,000 55,000 

Distillation of water 570,000 350,000 

The costs of the hydrogen-distillation process are based on the only 
extensive estimates made. Subsequent to these estimates, modifica¬ 
tions were made in the design, but no further costs were determined. 
The investment charges were taken as 20 per cent per year of the total 
investment, which is composed of research and development costs, 
plant construction costs, and operating costs until the plant comes to 
equilibrium. 


Table 1.2— Distribution of Effort for Research and Development on Production of Heavy Water 

by Three Methods 


Approximations for processes now used 
Catalytic exchange Water distillation 


Estimates of additional 
expenditures for 
hydrogen distillation 




Rate 



Rate 



Rate 


Type of 

Man- 

per 


Man- 

per 


Man- 

per 


service 

months 

month 

Amount 

months 

month 

Amount 

months 

month 

Amount 

Director 

24 

$600 

$ 14,000 

10 

$400 

$ 4,000 

25 

$600 

$ 15,000 

Assistant 

72 

400 

28,800 




50 

500 

25,000 

directors 










Research man 

432 

300 

129,600 

115 

300 

34,500 

225 

330 

74,300 

Others 

102 

200 

20,400 






5,000 

Total 

630 


$193,000 

125 


$38,000 

300 


$120,000 


4. The catalytic-exchange and the water-distillation processes oper¬ 
ated successfully to produce 32 tons of D 2 0 by October 1945. The cata¬ 
lytic-exchange plant produced at a rate of 0.55 ton per month; the water- 
distillation plants produced at a rate of 1.2 tons per month. The water- 
distillation units were placed in stand-by condition in October 1945. 

5. The cost of preparing heavy water by catalytic exchange can 
probably be reduced to about $95,000 per ton by decreasing the losses 
of water vapor and hydrogen to a negligible value. Savings in capital 
cost could probably be realized in the construction of a new plant. 

6. The cost of preparing heavy water by water distillation can prob¬ 
ably be reduced to $300,000 per ton by improved sealing of the plates 
in the large towers. This would require an additional investment of 
about $2,200,000. Relocation of the plants near a source of cheap fuel 
would result in savings of $200,000 per month on the plants now in 
operation. Kansas and Texas are possible locations. 

7. The most attractive process for future development and low-cost 
deuterium production is hydrogen distillation. Studies of the effect of 
condensed impurities on the heat-exchange equipment, on the efficiency 
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of removal of nitrogen by low temperature, and on the behavior of ma¬ 
terials of construction at 20°K would have to be undertaken. Compres¬ 
sor facilities from inactive ordnance plants should be considered in the 
design of a hydrogen-distillation plant. 


Table 1.3—Advantages and Disadvantages 

of Three Methods of Preparing Heavy Water* 


Catalytic exchangef 

Distillation of H 2 Of 

Distillation of hydrogenf 

Raw materials 
required 

Electrolytic hydrogen 

Steam condensate 

Hydrogen, preferably 
with CO, COj, and Nj 
content 

Limitation on produc- 

0.8 ton per month 

Unlimited 

5-10 tons per month 

tion 

Location 

Cominco,t Trail, 

Preferably near 

In conjunction with NHj 


B.C.; only large 

cheap source of 

plant preferably using 


source of hydrogen 

heat; use natural 

hydrocarbon-steam 


from electrolysis 

gas of Kansas or 

reaction as source of 


of water 

Texas 

Hi 

Industrial hazards 

Hydrogen is explosive 

None 

Hydrogen is explosive; 
some high-pressure 
operations 

Present conditions 

Experience available on 

Experience available 

No pilot-plant data 


this method 

on this method; 
changes to im¬ 
prove operation 
are known; large 
investment in 
these plants 

available 

Scale-up experience 

Sufficient information 

Sufficient experience 

No scale-up informa¬ 


to build any size plant 

to build any size 
plant 

tion available 

Materials of con- 

Copper 

Steel 

Steel 

struct ion 

Fabrication problems 

Normal 

Normal 

Low-temperature 
operation would re¬ 
quire special insula¬ 
tion and precautions 

Control 

Easy to control 

Requires precise 
control 

Easy to control 

Estimated time to 

240 

75-100 

0.20 

come to equilibrium, 


days 

•For cost and production figures, see Table 1.1. 
t Plus electrolytic finishing. 

t The Consolidated Mining & Smelting Company of Canada Limited. 


8. The advantages and disadvantages of the three principal methods 
of separation are shown in Table 1.3. 

The authors make the following recommendations: 

1. It is recommended that this report be used as a guide if additional 
facilities for the production of heavy water are planned. The need for 
additional deuterium may arise since it appears probable that both 
stationary and mobile units for power generation in the near future will 
use heavy water as the moderator. 
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2. It is recommended that a chemical engineer having training in 
separation processes be retained as a consultant on the methods of 
producing heavy water. This individual should have access to the com¬ 
plete technical file on the heavy-water program and should have fa¬ 
cilities for studying designs and making economic evaluations. The 
results of his work should assist materially in the planning of any de¬ 
velopment studies and should help to avoid last-minute decisions and 
designs. 

3. It is recommended that hydrogen distillation be given primary 
consideration for development work. The process seems most attrac¬ 
tive. The hydrogen would be obtained preferably from the hydrocarbon- 
steam reaction. There exist enough plants using this process in the 
United States to produce from 5 to 10 tons of D z O per month. 

4. For quantities greater than 10 tons per month, the distillation of 
water in improved columns and the use of cheap fuel appear attractive. 

5. It is recommended that the seized German information on heavy- 
water manufacture be released to individuals familiar with the engi¬ 
neering aspects of heavy-water isolation. 



Chapter 2 


ATALYTIC EXCHANGE-ELECTROLYTIC PROCESS FO 
THE ISOLATION OF HEAVY WATER AT TRAIL, B. C.* 


The method used in isolating deuterium to 99.8 mole % purity from 
water at Cominco, Trail, B. C., is carried out in a primary and a sec¬ 
ondary plant. Primary-plant concentration is a combination of catalytic 
exchange and electrolytic production of hydrogen from water and is ac¬ 
complished in a series of four stages of decreasing size. The principal 
features of each stage are a catalytic exchange tower and a battery of 
cells for the electrolysis of water. The deuterium concentration is taken 
from 0.0138 eq. mole % to about 2.37 mole % D z O in the primary plant. 
The catalytic exchange method is based on the fact that, if an H 2 and HD 
gas mixture is contacted with water, humidified, and then passed over a 
suitable catalyst, the equilibrium relations are such that the HDO 
formed by the exchange reaction of H 2 0 and HD exists in a higher ratio 
of HD0/H 2 0 in the gas mixture than it did in the original water. Con¬ 
sequently the HDO formed may be partially removed by scrubbing the 
gas with water. The gas stream may then be passed over a catalyst bed 
again, equilibrium is reestablished, and the HDO is removed by scrub¬ 
bing. It is possible to achieve considerable concentration of the deute¬ 
rium by employing a countercurrent-exchange-plus-scrubbing princi¬ 
ple. The electrolysis of water furnishes a stream of H 2 and HD which 
is necessary for the catalytic exchange. At the same time it assists in 
the concentration of the deuterium in the cell liquor. The water from 
the cell liquor is then fed to the succeeding stage as the scrubbing liq¬ 
uor. More detailed features of the primary plant are shown in Fig. 2.2. 
It should be noted that the electrolytic cells of the primary plant were 

♦[Editor’s Note: A somewhat different account of developments concerned 
with the Trail plant and a description of the process are given in Appendix A. 
The Appendix material duplicates to some extent this chapter; but the point of 
view is not identical, and some additional information is presented. It has thus 
been thought advisable to include this report on the Trail plant in order to make 
available to those interested a more complete record of the activities that oc¬ 
curred in connection with the plant.] 

9 
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built and operated by Cominco solely for the production of hydrogen for 
ammonia synthesis and that the plant had been in operation fora number 
of years before 1942 when work was started to integrate the plant with 
the additional processing and equipment required for heavy-water pro¬ 
duction. 

The secondary plant uses electrolysis to obtain the concentration 
from about 2.37 to 99.8 mole % deuterium and is composed of three 
stages of decreasing size. The principal features of each stage are the 
electrolytic cells, which have no diaphragms. In contrast to the pri¬ 
mary plant, which is a continuous operation, the secondary plant is 
operated by batch. The electrolytic method of concentration is based on 
the fact that, if water containing deuterium is partially electrolyzed, 
the water remaining in the cell will have a higher deuterium concen¬ 
tration than the initial water. More detailed features of the secondary 
plant are shown in Fig. 2.3. 

The process used at Trail was the one selected for initial commer¬ 
cial development. It offered a method for concentrating deuterium 
which required merely additions to a plant already in existence. This 
naturally resulted in large savings in materials and in considerably 
reduced construction and operating costs. The method appeared to be 
the surest of any considered, in the light of information available at the 
time, for producing roughly 1200 lb of 99.8 per cent D 2 0 per month. 

The organizations involved in this work included E. B. Badger & 
Sons Co., Boston, Mass.; Baker & Co., Inc., Newark, N. J.; Columbia 
University, New York, N. Y.;The Consolidated Mining & Smelting Com¬ 
pany of Canada Limited, Trail, B. C.; The Harshaw Chemical Co., 
Cleveland, Ohio; University of Minnesota, Minneapolis, Minn.; North¬ 
western University, Evanston, Ill.; Office of Scientific Research and De¬ 
velopment, Washington, D. C.; Princeton University, Princeton, N. J.; 
Standard Oil Development Co., New York, N. Y.; Stone & Webster En¬ 
gineering Corp., New York, N. Y.; Stuart Oxygen Co., San Francisco, 
Calif.; Universal Oil Products Co., Chicago, Ill.; and U. S. War Depart¬ 
ment, U. S. Engineer Office, Manhattan District. Cominco was responsi¬ 
ble for the erection of the towers, the adaptation of their H 2 cells to this 
operation, and the engineering design and construction of the secondary 
plant. Stone and Webster ordered the tower-section equipment and 
superintended its erection at the Trail plant. Standard Oil Development 
company was responsible for the basic design of the entire heavy-water 
plant, the development of the exchange towers, the detailed design of the 
tower system and its adaptation to the electrolytic hydrogen plant, and 
the technical consultation in starting operations. E. B. Badger company 
was responsible for mechanical design of the exchange towers and asso¬ 
ciated equipment. The work at Columbia University, directed by H. C. 
Urey, involved principally the development of the nickel-chromium cata¬ 
lyst together with consultation on miscellaneous problems of design. 
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The commercial production of this catalyst was accomplished through 
the combined efforts of Universal Oil Products company and Harshaw 
Chemical company. The work at Princeton, directed by H. S. Taylor, 
resulted in the development of the platinum catalyst. The commercial 
production of this catalyst was carried out by Baker and company. M. 
Dole at Northwestern University and A. O. C. Nier at the University of 
Minnesota were active in developing analytical methods for deuterium. 
Cominco also contributed to the analytical program. Stuart Oxygen com¬ 
pany furnished experience and advice on electrolytic concentration of 
deuterium. The development work was initially carried out under the 
auspices of the Office of Scientific Research and Development, but the 
project was subsequently transferred to the Manhattan District of the 
U. S. Engineer Office. 

The chief decisions made during the development of this process in¬ 
cluded the decision to use the vapor-phase catalytic-exchange method 
of concentration; the decision to use electrolytic hydrogen; the decision 
by the directors of Cominco to permit the addition of this extraction op¬ 
eration to their existing facilities; and the decision to use a primary 
deuterium-concentrating plantoperating on a continuous countercurrent 
principle and using catalytic exchange and electrolytic methods and a 
secondary plantoperating in a countercurrent batch manner using elec¬ 
trolysis. 

Active consideration of this method was initiated in the summer of 
1941; the plant designs for Trail were essentially frozen by June 1942; 
construction started in September 1942; the primary and secondary 
plants were in operation by June 1943; essentially full concentration 
levels in all stages were obtained by September 1944; and 85 per cent 
of design production was achieved by December 1944. 

The objectives of this program have been essentially achieved with 
the plant producing about 1100 lb of 99.8 per cent D 2 0 per month. 

The approximate expenditures in money and effort on this project 

are given below. The operation cost given is the estimate per month 
exclusive of fixed charges. 


Research and development 
Plant construction 
Operation 


$ 470,000 630 man-months 

2,350,000 2250 man-months 

30,000 50 man-months 


A bibliography of the more important reports on this process is given 
at the end of this chapter. 

The following conclusions are made: 

1. At the time of writing this plant has been successfully operated 

over a 2/j-year period and has produced about 1100 lb of 99.8 per cent 

DjO per month. The total production of 99.8 per cent D,0 to October 
1945 was approximately 9.2 tons. 
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2. Additions to the hydrogen plant for D z O processing cost $2,350,000. 
This was within 6 per cent of the estimated cost. 

3. The plant has produced about 90 per cent of the design capacity. 

4. This process is probably limited to operation in conjunction with 
plants producing electrolytic hydrogen from water because of the hy¬ 
drogen purity demanded, the multiple decompositions of water required, 
and the necessity for keeping the enriched-water losses at a minimum, 

5. Since there are no other plants in North America producing elec¬ 
trolytic hydrogen in quantities comparable to the Trail operation, the 
quantity of deuterium being recovered by the catalytic exchange process 
in its present development is about the maximum that can be expected. 

6. The operating cost per month exclusive of fixed charges is about 
$30,000. The operating cost per month inclusive of fixed charges is 
about $81,000. 

7. There do not appear to be any uncertainties in the operation of 
this process. 

8. As a result of the operation of this process, it may be concluded 
that the size of the catalyst containers can be reduced from 24 to about 
12 in. This could decrease the height of the columns about 10 per cent. 

9. The present and potential costs of D 2 0 per ounce by this method 
are estimated, respectively, as follows: exclusive of fixed charges, 
$1.70 and $1.10; inclusive of fixed charges, $4.50 and $3.00. 

As a result of this study the following recommendations are made: 

1. In the event that any large plants for electrolyzing water are con¬ 
templated for installation in the United States, the value of being able 
to add deuterium stripping operations to them should be considered in 
analyzing their economic feasibility. 

2. Additional studies might well be made on methods for decreasing 
the holdup and improving the fractionating factor in electrolytic cells. 

3. If the installation of a new plant using this process should ever be 
contemplated, it is recommended that in addition to the preceding items 
the following points be kept in mind: It is possible to take precautions 
during installation of the electrolytic cells and piping in the primary 
plant to decrease losses markedly, and it is undoubtedly possible to a- 
chieve a more economic design of the primary plant for the recovery of 
D 2 0 by redistributing the cells in each stage and varying the catalyst 
depth and the number of bubble trays per catalyst bed. Economic bal¬ 
ances can be made to determine the proper design by use of the oper¬ 
ating data available. 


1. GENERAL DESCRIPTION 

The process for separating heavy water from light water at Trail 
employs two operations, catalytic exchange and electrolysis. The proc- 
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ess is divided into two plants known as “primary plant” and “secondary 
plant.” In the primary plant the concentration of D 2 0 in water is in¬ 
creased from 0.0138 to about 2.37 mole % by means of catalytic ex¬ 
change and electrolysis. In the secondary plant the concentration is 
increased from 2.37 to 99.8 mole % by electrolysis alone. 



Fig. 2.1—Simplified diagram of primary-plant catalytic-exchange towers. 


The operation of the catalytic-exchange method is shown in Fig. 2.1. 
A stream of water containing H 2 0 and HDO flows into the top of the ex¬ 
change tower. The tower is composed of sections, each of which is 
made up of a catalyst bed and several bubble trays. A gas-vapor 
stream, consisting of a mixture of H 2 , HD, H 2 0, and HDO, flows into 
the bottom of the tower. The major portion of this gas stream is ob¬ 
tained from partial electrolysis of the water leaving the column. In the 
exchange tower the HD in the gas stream is partially converted to HDO 

in passing over the catalyst bed, and the HDO is absorbed in the de¬ 
scending water stream. 

The equilibrium constant for the exchange reaction given below is 
shown in Table 2.1 as a function of temperature 

H*0(gas) + HD(gas) ^ HDO(gas) + H 2 (gas) 

The values In Table 2.1 show that at equilibrium the deuterium wUl be 
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concentrated in the HDO molecule rather than as HD. It has been found 
that certain platinum and nickel-chromium catalysts are effective in 
establishing this equilibrium rapidly in the vapor phase. The HDO va¬ 
por formed is partly absorbed in the water stream. The vapor mixture 
is again passed over the catalyst, and equilibrium is established. Since 
the catalyst does not operate satisfactorily if it is wet, the scrubbing 
water is bypassed around each catalyst section, and heaters are pro¬ 
vided to dry the gas stream before it enters the catalyst bed. These 
conversion and scrubbing operations are repeated throughout the col¬ 
umn; therefore the liquid leaving the column is more concentrated than 
the feed. 


Table 2.1—Equilibrium Constant for Reaction 
H 2 0(gas) + HD(gas) ^ HDO(gas) + H 2 (gas) As a Function 

of Temperature 

(HDO)(H a ) 

Temp., °C (gas) "(HjOMHD) 

0 4.19 

25 3.62 

50 3.20 

75 2.88 

100 2.62 

125 2.42 

In the partial conversion of the water leaving the tower to hydrogen, 
a further concentration occurs, with the HDO concentrating in the cell 
liquor. That portion of the water not electrolyzed is evaporated from 
the cell liquor; part of it is sent to a succeeding catalytic-exchange 
tower for further concentration, and the remainder passes into the 
tower with the hydrogen stream. The stripped gas from this succeed¬ 
ing tower is added to the stream from the electrolytic cell. The sepa¬ 
ration factor, of, for the cells in the primary plant is about 3.0 at the 
operating temperature of 70°C. This factor is defined as the quotient of 
the equivalent or stoichiometric mole ratio of deuterium to hydrogen in 
the cell liquor divided by the stoichiometric mole ratio of deuterium to 
hydrogen in the gas. For dilute solutions this is equal to 



HDOl 

T H 2 

h 2 oJ 

HD 


The primary plant may be considered as a continuous countercurrent 
operation. 

In the secondary plant the operation is performed by batch. The liq¬ 
uid from the primary plant is electrolyzed to about one-seventh of its 
volume in one stage. Two additional stages have rundown ratios of 7 to 
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1 and 3 to 1. The deuterium again is concentrated in the cell liquor. In 
these cells the separation factor is about 8 as contrasted with about 3 
in the primary plant. The secondary-plant cells have no diaphragms 
and have close electrodes; whereas the primary-plant cells have dia¬ 
phragms, and the electrodes are further apart. The temperature is 
lower in the secondary plant, and the electrodes are kept cleaner. The 
mixture of hydrogen and oxygen from each cell is burned, and the water 
is returned to the proper concentration point in the cell batteries. Final 
purification is obtained by two water evaporations. 

Before the process is described in greater detail, some of the terms 
common to the entire separation will be described. This isotope-con¬ 
centration method, as in certain other processes, is accomplished in 
processing units of decreasing size. Each of these units is known as a 
“stage,” and the combination, as a “cascade.” The material flowing to¬ 
ward the more concentrated part of the process is known as the “for¬ 
ward flow.” The material flowing to the dilute part of the process is 
known as the “backward flow.” 


2. PRIMARY PLANT 

2.1 General Considerations. Basically any material which can be 
used to produce hydrogen can be used in the catalytic-exchange proc¬ 
ess provided that it contains the normal abundance of deuterium. The 
two largest sources of hydrogen are, however, water and natural gas. 

The selection of electrolytic methods for hydrogen generation was 
made on the basis of catalyst behavior, flexibility, possible leakage of 
product, and time required to come to equilibrium. The nickel-chro¬ 
mium and platinum catalysts developed for the process are poisoned by 
small concentrations of carbon monoxide, sulfur compounds, and iron. 
Consequently the hydrogen gas from methane steam, coke steam, or iron 
steam would require extensive purification. Since this concentration 
method employs equipment of decreasing size in the stages where the 
deuterium concentration builds up, hydrogen-generating units of various 
sizes must be available for the decomposition of the enriched water at 
the various stages. The electrolytic-cell method is undoubtedly the 
most flexible from this consideration. In the more concentrated stages 
of operation, it is imperative that the losses of deuterium be kept low 
The electrolysis methods looked most attractive from this standpoint. 
The principal disadvantage of electrolytic operation is the large holdup 
m the cells. This results in an extended period of operation before the 
concentration is built up in the system. The production of 1200 lb of 
eavy water per month requires a plant producing 1,300,000 lb of H, 
per month, provided a 67 per cent recovery is realized. The only elec- 
rolytic plant of this size in North America is the plant at TraU, which 
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uses electrolytic hydrogen in the manufacture of ammonia. Since the 
process does not involve any utilization of hydrogen, it was possible to 
tie in to this plant, remove a portion of the deuterium from the hydro¬ 
gen gas, and send the hydrogen on to the ammonia plant. It is interest¬ 
ing to point out that the water used at Trail has a deuterium concentra¬ 
tion about 3 per cent lower than the other waters in the continent. 

The catalytic-exchange phenomenon occurs either with liquid water 
or with water vapor. The catalysts used, however, are relatively in¬ 
active when liquid water is present. Consequently it was decided to 
conduct the conversion completely in the vapor phase. Two catalysts 
were extensively studied, platinum and nickel-chromium. The platinum 
catalyst has a higher activity, is more susceptible to poison, and can 
be easily reactivated. The nickel catalyst has a lower activity, is less 
susceptible to poisons, and is believed to be somewhat more difficult to 
reactivate. Both catalysts were used in the towers. 

The temperature of operation of these towers is between 60 and 75°C. 
The calculations based on catalyst and HDO absorption indicated this to 
be the optimum range. There are two opposing factors which determine 
this temperature range. As the temperature is increased, the amount of 
water in the gas increases, and by the law of mass action this tends to 
increase the HDO concentration at a given HD concentration as the gas 
passes over the catalyst. On the other hand, as the temperature in¬ 
creases, the concentration of the HDO leaving the absorption trays and 
entering the catalyst bed is increased. This tends to decrease the con¬ 
version of HD to HDO while it is passing over the catalyst. The equi¬ 
librium constant also decreases with increased temperature. The net 
effect of these tendencies is such that operation in the 60 to 75°C range 
is the optimum for deuterium recovery. The scrubbing sections are all 
composed of bubble-cap trays. Between the scrubbing sections and the 
catalyst bed, there is a small heater for adjusting the temperature of 
the gas to a temperature high enough to vaporize all water before it is 
passed over the catalyst. 

The electrolytic cells operate between 55 and 75°C. Although the 
fractionation factor is not greatly affected by the temperature, the re¬ 
sistance of the cells is decreased at the increased temperature. The 
principal disadvantage of operating at the elevated temperature is the 
increased loss of deuterium in water vapor. In addition, more water 
must be condensed from the hydrogen and oxygen streams and be re¬ 
turned to the cells, and there is increased wear on cell components and 
accessories. Extensive work was done to gasket the cells to make them 
vaportight. In these primary-plant cells 28 wt. % KOH or 20 wt. % NaOH 
is used. The fractionation factor in these cells is considerably lower 
than in the secondary plant. This maybe partly explained by the regular 
cleaning and inspection of the secondary cells which result in improved 
surface conditions and better fractionation. Such frequent servicing, of 
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course, is not economically feasible with the primary cells, which, at 
Trail, are required to operate continuously at heavy loads to maintain 
high production of hydrogen for ammonia synthesis. 

2.2 Details. The schematic diagram for the primary plant is shown 
in Fig. 2.2. The primary plant consists of four stages. Each stage is 
composed of electrolytic cells, catalytic-exchange tower, reboiler, 
cooler, condenser, and evaporator. In the first stage two catalytic- 
exchange towers are used in parallel, with a third tower as a spare. 
The succeeding stages contain only a single tower in each stage since 
shutdown here does not result in loss to the plant but only in a shift of 
the deuterium inventory for a short time. 

The water to the operation is steam condensate and is fed into the 
first stage at three places. The principal feed is to the two exchange 
towers of the first stage, where it is used to scrub out the HDO from 
the vapor leaving the catalyst beds. A smaller portion is fed directly 
to some of the first-stage cells without passing through the tower. The 
reason for this is that these cells are not adequately covered and deu¬ 
terium is lost in the water vapor. Since the concentration of deuterium 
in these direct-feed cells is lower than in the other cells, the loss of 
deuterium in the water vapor is lower than it would be if the cells con¬ 
tained the more concentrated feed from the towers. (Since this report 
was written, the inadequately covered cells have been replaced with 
cells of the Trail design, and direct feed is no longer practiced in nor¬ 
mal operation.) Another portion is fed to the oxygen scrubber. This 
liquor scrubs the oxygen to remove HDO vapor and mist from the oxy¬ 
gen stream. The liquid from this tower is suitable for feed to the sec¬ 
ond stage. The water from the first-stage towers and the direct feed 
to the cells is then about 89 per cent electrolyzed. The remainder of 
the water is vaporized from the cell with the hydrogen and oxygen, con¬ 
densed out, combined with the oxygen-scrubber liquor, reevaporated to 
remove any caustic, and fed as liquid to the top of the second-stage 
tower. About 10 per cent of the material fed to the evaporators is 
purged and returned to the first-stage cells. The forward feed is about 
15 per cent of the net distilled water entering the system. The hydrogen 
gas from the first-stage cells flows upward through the first-stage 
towers, together with the gas from the top of the second-stage tower, is 
stripped as completely as possible of its deuterium content by the cata¬ 
lytic exchange-scrubbing process, and is discharged through the con¬ 
denser to the hydrogen main from the ammonia plant. 

The subsequent stages of the primary plant are similar except that 

they become progressively smaller. The backward flow of water from 

the secondary plant is combined with the feed to the third-stage cells. 

The concentration occurring in the various stages of the primary Diant 
is given approximately in Table 2.2. 
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Fig. 2.2— Schematic diagram of the primary plant. 





















CATALYTIC EXCHANGE-ELECTROLYTIC PROCESS 


19 


The features of the exchange towers are shown in Table 2.3, together 
with the operating characteristics. Under operating conditions only two 

of the three first-stage towers are used. 

The Trail cell is a tank type electrolytic hydrogen and oxygen genera¬ 
tor. Its characteristic feature is the monolithic construction of the cell 
top whereby the gas-collecting bells and gas chambers, electrode sup¬ 
ports, and cell cover are incorporated into an electrically nonconductive 
unit made of insulating material, preferably reinforced concrete. To 
this unitary cell top are attached the electrodes, the asbestos dia¬ 
phragms, the skirting, and the gas-main connections. The Trail cell 

Table 2.2— Primary-plant Stage Concentrations 


Concentration Concentration, 
Stage factor wt. % D a O 


Feed 0.0153 

1 6.1 0.093 

2 3.4 0.318 

3 3.1 0.980 

4 2.4 2.37 


provides an adequate cover over the electrolyte, thereby preventing high 
loss of deuterium in water vapor and also producing hydrogen of very 
high purity, which is particularly advantageous in the operation of the 
catalytic-exchange process. 

As previously stated, water that does not pass down through the 
scrubbing towers is fed to one of the first-stage batteries. Some data 
on the primary-plant cell-gas coolers are given in Table 2.4. 

The principal features of the reboiler are presented in Table 2.5. 
The purpose of the reboilers is to humidify and adjust the temperature 
of the hydrogen stream entering the column. This is accomplished by 
removing a portion of the liquid in the lower portion of the column, 
vaporizing it, and mixing it with the incoming gas stream. It was pre¬ 
viously pointed out that high humidity improved the conversion of HD 
to HDO. 

The essential features of the condensers are listed in Table 2.6. If 
condensers were not used on the towers of the second or subsequent 
stages, the feed to these towers would have to be increased. Since this 
feed comes from the strong alkali solution of the preceding cells, it 
must be first vaporized from the solution and then purified by reevapo¬ 
ration. It therefore is most economical to condense the vapor at the top 
of the towers. 

The evaporators for the primary plant are used to remove any elec¬ 
trolyte from the water stream before it is sent to the next stage. The 
details of the evaporators are presented in Table 2.7. 
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Table 2.3 — Primary-plant Catalytic-exchange Towers 


Oxygen 


Stage number 

i 

2 

3 

4 

— O''” 

scrubber 

Number of towers 

3 

1 

1 

1 

1 

Diameter (inside), ft 

8.5 

5 

2.5 

1.5 

6 

Total height, ft 

112 

107.75 

97 

96.5 

36 

Gas flow, lb/hr 

Hydrogen 

Maximum design 

1,360 

440 

110 

27.5 

26.000* 

Normal 

Design 

1,300 

413 

100 

24.8 


Operation 

1,370 

422 

95 

25.1 

26,300* 

Water vapor 

Maximum design 

12,200 

3,940 

1,000 

250 

740 

Normal operation 

4,210 

1,172 

224 

57 

1,168 

Liquid flow, lb/hr 

Maximum design 

14,600 

5,000 

1,460 

500 

1,260 

Normal 

Design 

10,400 

4,250 

1,120 

335 

250 

Operation 

15,900 

3,880 

1,018 

315 

1,185 

Heat loss from tower, Btu/hr 

75,000 

35,000 

10,000 

30,000 


Height of catalyst section * 2 

bubble plates, ft 

7 

7 

6.33 

6.33 


Catalyst sections 

Number per tower 

13 

13 

13 

13 


Depth, In. 

Design 

24 

24 

24 

26 


Operation 

4.5 

6.0 

6.0 

4.25 


Total area of catalyst bed, sq ft 

640 

223 

54 

15 


Catalyst installed, cu ft 

240 

111 

27 

5.4 


Type of catalyst 

Pt 

Pt 

Pt 

Ni-Cr 


Density of catalyst, lb/cu ft 

31 

31 

31 

90 


Space velocity through catalyst 
bed at normal operation, 
standard cu ft of dry 

gas/(hr)(cu ft catalyst) 

13,300 

8,800 

8,200 

10,800 


Catalyst efficiency, % 

90-95 

80-85 

90 

85-90 


Scrubbing sections 

Number of bubble plates 

Per tower 

35 

32 

32 

32 

20 

Above top catalyst bed 

5 

2 

2 

2 


Below bottom catalyst bed 

6 

6 

6 

6 


Above each catalyst bed 

2 

2 

2 

2 


Superficial vapor velocity 

at normal operation, ft/sec 

1.74 

1.73 

1.45 

1.11 

3.0 

F factor, uVp (operating)t 

0.218 

0.198 

0.162 

0.119 

0.90 

Caps 

Number per plate 

358 

114 

32 

8 

184 

Diameter (outside), in. 

3 

3 

3 

3 

3 

Slot width, in. 

*-y« 

Vi-Vi 

Vi-Vi 

H-Vi 

Vi-Vi 


pitch 

pitch 

pitch 

pitch 

pitch 

Slot height, in. 

Vi 

* 

Vi 

Vi 

Vi 

Submergence (top of slot to 

head over weir), in* 

H-% 

H-% 




Down pipes 

Diameter, in. 

4 

4 

2 

2 

3 

Number 

2 

1 

2 

1 

1 

Plate spacing, in. 

8 

8 

8 

8 

15 

Plate efficiency (Murphree), % 

Design 

50 

50 

50 

50 

50 

Estimated 

65-70 

65-70 

65-70 

65-70 

65-70 

Operating 

50-55 

35-40 

45-50 

35-40 

50-65 


•Pounds of oxygen per hour. 

tu is vapor velocity, feet per second, and p Is vapor density, pounds per cubic foot. 
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Table 2.4 — Primary-plant Cell-gas Coolers* 


Stage number 

1 

1 

2 

3 

Battery number 

1,8,9,2,6 

3,4,5 

7 

Rows E, F 

Number of coolers per 

battery 

2 

2 

2 

2 

Heat-transfer area, sq ft 

H, 

2512 

308 

2512 

865 

O a 

Heat-transfer coefficients, 

2512 

267 

2512 

865 

Btu/(hr)(sq ft)(°F) 

Ha 

5 

11 

5 


o. 

13 

21 

13 



*A11 coolers are the 4-pass gas and liquid type. 


Table 2.5 — Primary-plant Tower Reboilers 


Stage number 

1 

2 

3 

4 

Number of reboilers required 

3 

1 

1 

1 

Duty, Btu/hr each 

Design 

10,000,000 

3,250,000 

850,000 

250,000 

Operation 

2,250,000 

580,000 

187,000 

18.700 

Maximum boiler pressure, 

lb/sq in. gauge 

10 

10 

10 

10 

Boiling temp, at 10 lb/sq in. 

gauge, °F 

240 

240 

240 

240 

Steam temp., °F 

316 

316 

316 

316 

Minimum temp, difference, °F 

76 

76 

76 

76 

Heat-transfer coefficient. 

Btu/(hr)(sq ft)(°F) 

330 

330 

330 

s an 

Surface, sq ft 

Design 

400 

130 

35 

10 

Supplied 

400 

130 

39 

12 


3. SECONDARY PLANT 

3.1 General Considerations. since the catalytic-exchange process 
involves the equilibrium between H 2 0 and HDO, it was recognized that 
the concentration of HDO to 99.8 per cent D,0 would be highly imprac- 
tical by this method. It was believed that the material from the pri- 
mary plant would be from 0.7 to 3 per cent HDO, and two methods of 
further concentration were considered. The first used rectification of 
the water. As designed, 11 columns were needed, ranging in diameter 

10 ' 5 to 1 ft - ^ the columns were to operate at a head pressure 
of 200 mm Hg absolute and a stUl pressure of 500 mm Hg absolute. 
Such large quantities of steam were required that operation at Trail 
did not appear feasible, and other locations were considered. This 
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Table 2.6 — Primary-plant Tower Condensers 


Stage number 

1 

2 

3 

4 

Number of condensers required 

3 

1 

1 

1 

Duty, Btu/hr each 



j. 

Design 

11,800,000 

3,800,000 

950,000 

240,000 

Operation 

4,240,000 

1,160,000 

216,000 

58,300 

Vapor feed to condenser, lb/hr 





HjO (steam) 





Design 

12,240 

3,950 

990 

250 

Operation 

4,200 

1,170 

22 

57 





Design 

1,360 

440 

110 

28 

Operation 

1,370 

422 

95 

25 

Water condensate, lb/hr 

9,072 

2,393 

594 

188 

Inlet vapor temp, (design), °F 

178 

178 

178 

178 

Outlet vapor temp, (design), °F 

117 

117 

117 

117 

Cooling-water rate, gal/min 

655 

212 

53.3 

13.3 

Cooling-water temp., °F 





Inlet design 

75 

75 

75 

75 

Outlet design 

105 

105 

105 

105 

Minimum temp, difference, °F 

57 

57 

57 

57 

Heat-transfer coefficient, 





Btu/(hr)(sq ft)(°F) 

103 

103 

103 

103 

Surface, sq ft 





Design 

2,000 

650 

160 

40 

Supplied 

1,772 

563 

157 

32 


Table 2.7 — Primary-plant Evaporators 


Stage number 

1 

2 

3 

Number of evaporators required 

1 

2* 

1 

Duty, Btu/hr each 

Design 

5,000,000 

1,400,000 

460,000 

Operation 

4,250,000 

1,020,000 

350,000 

Feed to evaporator, gal/hr 

690 

188 

63 

Feed temp., °F 

80 

80 

80 

Boiler 

Steam pressure, lb/sq in. gauge 

85 

85 

85 

Steam, lb/hr 

5,500 

1,500 

500 

Surface, sq ft 

240 

95 

30 

Condenser 

Cooling-water temp., °F 

65 

65 

65 

Cooling-water rate, gal/min 

110 

30 

10 

Surface, sq ft 

510 

170 

59 

Material of construction 

Steel 

Steel 

Steel 


One spare. 
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method was abandoned when the decision was made to employ the elec¬ 
trolytic method of concentration. 

A batch electrolytic method of concentration had been employed pre¬ 
viously in the small-scale manufacture of deuterium. Consideration 
was given initially to a continuous method in which the hydrogen and 
oxygen from the cell were continuously burned and returned to the cell 
of the preceding stage and the liquid from the cell was continuously fed 
to the cell of the succeeding stage. It was estimated that 15 stages 
would be required. Comparison of the continuous method with a batch 
process revealed that in the batch operation only three or four stages 
would be required, the plant would be more flexible, the occasional ex¬ 
plosions would have considerably less effect on the operation, and the 
problems of electrical insulation would be simplified. Consequently the 
method of batch concentration was selected, and the equipment was 
installed at Trail. 

3.2 Details . The secondary plant is shown schematically in Fig. 
2.3. This batch operation is conducted in three stages. Each stage con¬ 
sists of a causticizing feed tank, electrolytic cell battery, carbonating 
tank, and evaporators. The feed from the primary plant is causticized 
to approximately 2.5 wt. % KOH and fed to the sixth-stage cell battery. 
In the cells the feed is electrolyzed to about one-seventh of its volume. 
The evolved hydrogen and oxygen are burned, and the resulting water 
is fed to the third-stage cells of the primary plant. The liquid remain¬ 
ing in the cell is withdrawn and treated with C0 2 to convert the KOH to 
K 2 COs. The carbonation is at atmospheric pressure with stirring, which 
was found to be more suitable than carbonation under pressure. The 
solution is evaporated, and the condensate is sent to the seventh stage 
for a similar treatment. The water from the eighth-stage evaporation 
is made just acid with 100 per cent H 2 S0 4 to neutralize the nitrogen 
compounds present and to prevent their volatilization and is reevapo¬ 
rated to obtain the 99.8 per cent D 2 0 solution with a pH value of 6 to 
6 . 6 . 

The operating features for the secondary-plant cells are shown in 
Table 2.8. The evaporator and burners for the sixth, seventh, and 
eighth stages were as modified from the primary plant. Explosions oc¬ 
cur occasionally, but they do not break any new connections and are 
used at the end of a rundown to purge the system. 

4. DEVELOPMENT AND DESIGN 

Certain basic information was needed for the design of this plant. It 
was desirable to know the efficiency and life of the exchange catalyst. 
This information was not completely available at the time of design 
and the equipment reflects this deficiency by being overdesigned on 
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Fig. 2.3 — Schematic diagram of the secondary plant. 
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catalyst-bed depth. The poisoning effect of the impurities, such as KOH, 
in the gas was not too well determined, and designs were provided to 
minimize the amount of them. The efficiency of the scrubbing plates 
was originally estimated to be about 50 per cent. Early tests showed it 
to be around 60 to 65 per cent. The fractionation factor of the primary- 
plant electrolytic cells at Trail was of interest and was determined to 


Table 2.8—Secondary-plant Electrolytic Cells* 


Stage number 

6 

7 

8 

Number of cells 

126 

20 

4 

Electrolyte 

KOH 

KOH 

KOH 

Concentration of electrolyte, wt. % 

2.5 

2.5 

2.5 

Cell temp., °C 

23 

23 

23 

Voltage 

2.6 

2.6 

2.6 

Current, amp 

1000 

1000 

1000 

Cell dimensions, ft 

Diameter 

1.33 

1.33 

1.33 

Height 

5 

5 

5 

Cell capacity, cu in. 

Initial 

3482 

3482 

3482 

Final 

365 

365 

365 

Separation factor (av.) 

8 

8 

8 


*AU anodes are of nickel-plated steel; cathodes of steel. 


be about 3.0. A value of 2.5 was used in the design calculations. The 
fractionation factor for the secondary-plant electrolytic cells had to be 
estimated. The experience of the Stuart Oxygen Co. indicated a value of 
about 8.0. This was later found to be approximately correct. As is 
usually the case, large portions of this design represented application 
of well-known scientific and engineering principles. 

It is necessary in setting up the design of the primary plant to make 
an assumption concerning the degree of attainment of, or approach to, 
equilibrium at the top of the exchange towers. The equation for the 
gas-to-liquid exchange is 


HD(gas) + H 2 0(liquid) ^ HDO(liquid) -f H 2 (gas) 
The equilibrium constant K is given by the equation 



This equilibrium constant is related to the 
stant presented in Table 2.1 as follows: 


gas-phase equilibrium con- 
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K = OfK(gas) 

where a is the relative volatility of H 2 0 to HDO (1.026 at atmospheric 
pressure). 

In the region of low deuterium concentration, the expression for the 
equilibrium constant becomes 


y 

where y is the mole fraction HD on the basis of a dry-gas phase. This 
y at the top of a tower cannot be any smaller than Xf/K, where Xf is the 
composition of the liquid fed to the tower. In an actual tower some de¬ 
gree of approach to such an equilibrium will be attained because (1) the 
top y is established with an HDO/H z O ratio somewhat greater than Xf 
and (2) 100 per cent catalytic equilibrium is not necessarily attained. 
Letting the degree or fraction of approach to equilibrium be u 



UXf 

K 


In the design u was assumed to be equal for all the stages at a value of 
0.9. With this assumption and the further assumption that essentially 
all the liquid L entering at the top of a tower is electrolyzed and sub¬ 
sequently passed back through the tower as hydrogen, it can be shown 
that the ratio of the liquid-concentration change over stage 1 is equal 
to the ratio of the liquid fed to stage 1 to the liquid fed to the subse¬ 
quent stage 2. A material balance around the stage is 


L ‘ Xf l + L 2 If Xf 2 = Ll 1? Xf ! + L * Xf 2 


from which 


L lXf, 



or 


*f 2 L i 



The assumptions for this derivation were not completely valid for 
the Trail operation. Two of the nine available electrolytic batteries 
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utilized sodium hydroxide, and the others used potassium. The design 
was made with the assumption that no forward feed would be taken from 
these cells and they would be fed directly with distilled water which 
had not passed through the towers. Some of the feed to the system 
would go to the oxygen scrubber and would not pass through the first- 
stage towers. In addition, the material balance of the above derivation 
does not consider losses. Therefore the above relation is only quali¬ 
tative and indicates that the ratio of concentration change which must 
be obtained in one stage is dependent upon the amount of feed which 
may be sent to the next stage. 

The initial calculation at the top of the first tower requires an esti¬ 
mate of the flow of liquid in and of gas out. The assumption of the de¬ 
gree of approach to equilibrium then establishes the net flow of deute¬ 
rium in the first tower. Allowances for losses and for further additions 
from the direct feed and the scrubbing liquor establish the net flow for 
the second stage. This would be equal to the potential production if 
there were no further losses in the system. 

Next an assumption must be made of the amount of liquid entering 
the second tower. There are several conditions which this assumption 
must meet. First, it will fix the concentration at the base of the first 
stage, and this concentration must not be so great that the height of the 
first-stage towers is excessive or uneconomical. Second, it was de¬ 
cided to take all forward flow from the condensate of the gas coolers 
and thereby avoid additional evaporation of the cell liquor. This sets a 
maximum for the liquid flow to the subsequent stage. Third, the first 
stage should have a large number of electrolytic cells relative to the 
subsequent stages; i.e., its liquid feed should be large relative to the 
second liquid feed since it is easiest to build up concentration in the 
first stage and since it would allow shutdown of subsequent stages with 
no great loss in hydrogen production. Fourth, the arrangement of cells 
at the Trail plant entered into the selection of the forward flow. 

The operation of a battery of cells is not readily split up since new 
coolers and new piping are required. There are nine batteries at Trail. 
If one full battery were used for the second stage, the first stage could 
have seven full batteries and the portion of the remaining battery which 
was not required for the other stages. All the batteries at Trail do not 
have the same number of cells. On the basis of the above considera¬ 
tions, battery 7, having 378 cells, was selected for the second stage. 

Similar considerations entered into the selection of the number of 
cells for the subsequent stages. One section of 94 cells in battery 9 
had been recycling for some time previous to the development of the 
design. It was convenient and sufficient to use this section in the third 
stage. Another section of battery 9 was split, and 24 cells were used in 
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the initial fourth stage and 6 in the fifth stage which was to operate only 
while initially building up the concentration. 

At first an operation using only three stages was considered, but an 
economic survey indicated that four should be used. 

The design of the last stage differs somewhat from that of the pre¬ 
ceding stages. The flow entering the last stage is fixed by the previous 
flows, concentration ratios, and equilibrium considerations as previ¬ 
ously outlined. Similarly the allowable forward flow from the fourth 
stage and the concentration ratio of the stage are determined by the net 
flow of deuterium and the relation between the concentrations of deu¬ 
terium in the flows to and from the secondary plant. This relation de¬ 
pends upon the amount of rundown in the first stage of the secondary 
plant, which is operating in batches. The best concentration ratio to be 
taken in the fourth stage is therefore subject to an economic balance. 
The design as set up indicated from 2.5 to 3 eq. wt. % D z O as the con¬ 
centration in the primary-plant product. 

The calculation methods used in the design of the exchange towers 
were developed by members of the Standard Oil Development company. 
Graphical methods of analysis were worked out at Columbia University. 
These graphical methods are somewhat easier, and the Columbia meth¬ 
od is demonstrated in Sec. 5.1, which deals with the analysis of the 
performance of the Trail plant. 

Pilot-plant information was obtained from two sources. The Standard 
Oil Development company arranged to have a pilot plant set up at the 
Baton Rouge, La., refinery of its associate, Standard Oil Co. of Loui¬ 
siana. The principal information obtained from this unit was (1) the 
liquid-gas exchange reaction did not proceed at a practicable velocity 
for concentration of deuterium, (2) the vapor-phase exchange reaction 
using a platinum catalyst looked most promising, and (3) pure hydrogen 
gas had to be used to prevent poisoning of the catalyst. Columbia Uni¬ 
versity installed a small five-stage glass exchange unit which gave re¬ 
sults indicating good catalyst efficiency and agreement between pre¬ 
dicted and actual behavior of the unit. Additional studies were made 
which resulted in the selection of copper as the primary material of 
construction for the exchange towers. 

The design and construction of the Trail plant was accomplished 
through the combined efforts of the following groups: 

Standard Oil Development Co. This company was responsible for the 
basic design of the entire heavy-water plant, for development of the ex¬ 
change towers, for the detailed design of the tower system and its 
adaptation to the electrolytic hydrogen plant, and for technical consulta¬ 
tion in starting operations. 

E. B. Badger & Sons Co. This group was responsible for the engi¬ 
neering and mechanical design. 
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Stone & Webster Engineering Corp. This group ordered the tower- 
section equipment and superintended its erection. 

The Consolidated Mining and Smelting Company of Canada Limited. 
This organization was responsible for the engineering design and con¬ 
struction of the secondary plant and the operation of the entire process. 
It contributed to the solution of many problems of coordination of the 
new plant with the existing and operating hydrogen and ammonia plants. 
The electrolytic cells of the primary plant were eventually all of the 
Trail type, which had been designed and developed some years pre¬ 
viously by Cominco for the production of hydrogen for ammonia synthe¬ 
sis. 

The groups that assisted the preceding organizations included: 

Columbia University. The Columbia group, under H. C. Urey, was 
active in studying all possible methods of concentrating deuterium and 
provided consultation on miscellaneous problems of design. The nickel- 
chromium exchange catalyst was developed at Columbia. 

Princeton University. The platinum catalyst, which is the basic cata¬ 
lyst used for the operation, was developed under H. S. Taylor. Prince¬ 
ton also supplied an adviser during starting operations. 

Baker & Co. The platinum catalyst was made by this company on an 
industrial scale. 

Universal Oil Products Co. and The Harshaw Chemical Co. These 
two companies were responsible for producing the nickel-chromium 
catalyst on a commercial scale for this operation. 

Stuart Oxygen Co. This organization supplied basic design informa¬ 
tion for the secondary plant from its own experience as a deuterium 
producer. 

University of Minnesota and Northwestern University. Analytical 
methods for deuterium were developed by A. O. C. Nier and M. Dole. 

The individuals closely connected with this work include 

Standard Oil Development Co.: E. V. Murphree, F. T. Barr, and 
E. W. Thiele. 

The Consolidated Mining and Smelting Company of Canada Limited: 
C. H. Wright, D. Dolgoy, J. M. Douglas, E. Mason, A. W. Moore, G. S. 
Ortner, J. H. Salter, B. P. Sutherland, and M. M. Wright. 

E. B. Badger & Sons Co.: E. I. Clapp. 

Princeton University: H. S. Taylor and G. G. Joris. 

Columbia University: H. C. Urey, R. H. Crist, T. B. Drew, and 
H. C. Vernon. 

The principal uncertainty at the time operation was initiated was the 
efficiency and life of the catalyst. It was subsequently found that the 
catalyst maintained its efficiency at a high level over a period of 2 
years. 
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5. OPERATION 

5.1 Data and Analysis of Performance . (a) Explanation of Terms 
The operation for August 1945 is believed to be representative and will 
be analyzed here. Appendix B presents excerpts from the August 1945 
monthly report. The following facts are needed when the data of such 
monthly reports are used for calculation purposes. 

1. The deuterium concentrations of all hydrogen streams, given 
on a dry basis and in terms of the equivalent weight per cent D 2 0. This 
represents the stoichiometric composition of the water-heavy water 
mixture which would result if a dried sample of the gas were burned. 
It will be seen that this does not include the HDO content of the gas 
phase in the system. This can be estimated by assuming that the gas 
and the counterflowing liquid stream are in equilibrium. 

2. The deuterium concentrations of the oxygen stream into and out 
of the oxygen scrubber, given as the equivalent or stoichiometric weight 
per cent D 2 0 in the H 2 0-HD0 portion of the stream. 

3. The deuterium concentrations of all liquid streams, given in terms 

of equivalent weight per cent D 2 0. The actual mole per cent HDO can be 
readily calculated from this. 

4. The meters on the distilled water stream, namely, feed to first- 
stage towers, to battery 1, and to the oxygen scrubber, are calibrated 
for a temperature other than that used. The meter readings, however, 
are reported on the data sheets of the monthly report and hence must 
be multiplied by a factor of 0.976 for the usual distilled-water tem¬ 
perature of 72°C. 

5. The meter reading on the oxygen from the scrubber must be 
multiplied by 0.909. 

6. The water electrolyzed (pounds/day) is estimated from the elec¬ 
tric current used. 

7. The bottoms-liquor composition is that of the liquid on the plate 
immediately below the lowest catalyst bed. 

8. D 2 transfer from tank is the amount of total liquid sent to the 
first-stage feed sump from the tank which receives the bottoms, the 
purge from the first-stage evaporator, and the cooler condensate in 
excess of that which is sent to the evaporators. 

9. Reflux water is the amount of condensate from the condensers of 
the first exchange towers. It is discarded from the operation since it 
has a slightly smaller deuterium concentration than the feed water. 

10. The first-stage condensate, and also the second and third, refers 
to the condensate from the oxygen and hydrogen coolers, but the first- 
stage condensate includes the exit liquor from the oxygen scrubber. 

11. Water plant refers to the pounds of distilled water which were 
produced by evaporation in the Escher Wyss equipment. 
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12. The feed to gas flow ratio which appears in the main body of the 
Trail reports refers to the pounds of liquid feed divided by the pounds 
of water which would yield the dry gas passing up the tower. 

13. The term “gas” has been used exclusively to refer to the H 2 and 
HD, and the term “vapor” has been used for the H 2 0 and HDO in the gas 
phase. 

14. Average barometric pressure is 710 mm Hg. 

15. All gallons mentioned are imperial gallons. 

16. All dry-gas quantities are given in terms of the equivalent 
pounds of water which would have to be electrolyzed to yield the quan¬ 
tity of dry gas flowing. 


(b) Material Balances. The primary-plant balance (see Appendix B) 
presented in each monthly report gives a “water,” or total balance, and 
a “No. 9,” or heavy-water, balance for the month and total for the year 
to date. The “distilled water at 0.0153 per cent (fed to plant)” is the 
sum of the three distilled-water additions to the first stage minus the 
water vapor in the oxygen and hydrogen streams and the discarded 
condensate of the first-stage towers. The pounds of water electrolyzed 
is reported as “off gas.” The pounds of water plus heavy water re¬ 
turned from the secondary plant is reported as “burned gas in.” It will 
be noted that for the month of August this quantity is greater than the 
quantity sent to the secondary plant. This is explained by changes of 
inventory in the secondary plant. 

The secondary-plant balance is self-explanatory. From these tables 
various production and loss figures are obtained. These data show 
that of the total deuterium content of the net distilled water, 41 per cent 
appeared in the final product, about 6 per cent was added to the inven¬ 
tory of the primary and secondary plants, 36 per cent was left in the 
hydrogen product, and 17 per cent was lost in the operation. 

Material balances around the various stages of the primary plant 
cannot be made without data on the spray losses, which are not given in 
the monthly reports. Such data are given in Table 2.9. A flow dia¬ 
gram of a primary plant with quantities and compositions is presented 
in Fig. 2.4. * 

The material balance of the first stage is presented for illustrative 
U^ P 2711*lb Net diStUled Wat6r “ = 17,720 lb at °-° 153 % D 2 0. D 2 0 


The purge from the first-stage evaporator is equal to the bottoms of 
oxygen scrubber plus the actual first-stage condensate minus the liquid 
feed to the second-stage tower. (The first two items are reported 
jointly on the complete monthly reports as “first-stage condensate 
The purge is 3,172,000 - 2,783,000 = 389,000 lb. Th^first st^e re- 

thijd dV aP r r d Spray carried by the 0xy sen from the second 
third, and fourth stages, which are as follows: * 
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Stage 

Total, lb 

D z O, lb 


2 

37,000 

117.7 


3 

16,250 

157.8 


4 

3,005 

72.2 



56,255 

347.7 

The total balance in pounds is therefore 


In: 

Net distilled water 


17,720,000 


Evaporator purge 


389,000 


Vapor from second tower 

81,600 


Oxygen vapor and spray 

56,300 


Total 


18,246,900 

Out: 

Electrolysis 
Condensate produced 

+ scrubbing 

14,990,000 


bottoms 


3,172,000 


Total 


18,162,000 


Unaccounted: Approximately 90,000 lb or 0.5 per cent of total liquid 

input 

The deuterium oxide balance on the basis of equivalent pounds of D 2 0 
is 


In: 

Net distilled water 

2711 


Second-stage HD 

877 


Second-stage HDO 

76 


Oxygen vapor and spray 

348 


Total 

4012 

Out: 

First-stage exit HD 

975 


Second-stage feed liquor 

2588 


Change in cell inventory 

47.5 


Total 

3610.5 

Unaccounted: 

401 


It will be noted that unaccounted quantities of water and D 2 0 are not 
in proportion to each other. This must be explained by the inaccuracies 
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of meter readings and analyses which are especially subject to error 
in the low range of concentration encountered in the first stage. 

(c) Exchange-tower Calculations . The six absorption plates at the 
bottom of the exchange towers may be omitted from any numerical 
evaluation of the operation of the tower. These plates have a number of 
functions. In conjunction with the reboiler they humidify the incoming 
gas and bring it up to temperature. It may be noted that the liquid fed 

Table 2.9 —Miscellaneous Operating Data on Primary Plant 


Stage number 

1 

2 

3 

4 

Cell temp., °C 

61.9 

71.6 

75.4 

74.7 

Oxygen cooler 

Temp., °C 

28.1 

18.3 

21.2 

19.0 

Spray and vapor loss,* lb HjO/month 


37,000 

16,250 

3005 

Spray loss,* lb HjO/month 


13,800 

9,120 

1085 

Hydrogen cooler temp., °C 

29.1 

19.6 

24.6 

29.0 

Cell concentration, wt. % D a O 

Range or limits 

Average 

0.093 

0.318 

0.974-1.01 

0.980 

2.35-2.47 

2.37 

Condensate fed forward, lb/month 


684,600 

226,900 

65,900 

Catalyst used 

Type 

Pt-C 

Pt-C 

Pt-C 

Ni-Cr 

Efficiency (new), % 

95 

95 

95 

95 

Efficiency (present), % 

90-95 

80-85 

90 

85-90 

Space velocity, cu ft, dry gas at 
standard conditions/(hr)(cu ft 

catalyst) 

12,500 

8,700 

8,980 

10,700 

Blower discharge temp., °C 

41 

37 

38 

41.5 


* A mount in gas stream alter passing through a spray separator or trap. 


to the reboilers is set at 25 per cent more than the steam used in the 
reboiler. The latter is set by experience at a value that will maintain 
the desired bottom temperature. In addition, the liquid scrubs out the 
HDO in the entering gas and also any potassium or sodium hydroxide 
spray which may be present. To ensure the attainment of these latter 
purposes, six plates have been provided. It may be assumed that the 
gas entering the bottom catalyst bed is in equilibrium with the liquid on 
the top plate of the six absorption plates. This liquid is the so-called 
“bottoms liquor.” The HDO concentration in the vapor is therefore de¬ 
termined by the absorption-equilibrium line. Similarly, at the top of 
the first-stage towers, there are five absorption plates. It may be as¬ 
sumed that these bring the exit gas into equilibrium with the entering 
liquid. In the subsequent towers there are only two plates above the last 
catalyst bed, and the top product may not be in equilibrium with the 
entering liquid. The error introduced, however, by such an assumption 
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Fig. 2.4—Flow diagram of the primary plant with quantities and compositions. 
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would be small, and a good estimate of the net flow of deuterium as 
specified by top flows and concentrations may be obtained. 

Net flows calculated from the data presented in the complete Trail 
monthly report for August 1945 and collected in Table 2.10 are pre¬ 
sented in Table 2.11. The agreement of the net flows as calculated 
from top conditions and also from bottom conditions is not entirely 
satisfactory for the first and second stages. This indicates error either 
in the analyses or in flow quantities. 

A graphical method of analyzing the performance of the towers may 
be used by employing average conditions of temperature and pressure. 
The method used was introduced by H. C. Carlson and J. O. Maloney, 
but it was augmented somewhat in view of developments at Trail. The 
following nomenclature was used: 

N D = net flow of deuterium as pound atoms 
L = total pound moles of liquid per unit time 
G = total pound moles of gas phase per unit time 
x = mole fraction of HDO in the liquid 
y(HDO) = mole fraction of HDO in the gas phase 
y(HD) = mole fraction of HD in the gas phase 

K = [(HD0)/(H 2 0)][(H 2 )/(HD)], the gas-phase equilibrium con¬ 
stant 

a = H 2 0/H 2 , the humidity 
P = vapor pressure of HDO 
7 r = total pressure 

Assuming that Raoul t's law applies, the equation of the absorption 
equilibrium line is 

y(HDO) = — x 

7T 

The equation for the catalytic equilibrium line is obtained as follows: 

' _ y(HDO) 

a[y(HD)] 

The y(HD) may be eliminated by use of the material-balance equation 
N D = Lx - G[y(HD) + y(HDO)] 

This gives the following relation between the liquid and gas composi¬ 
tions of HDO at catalytic equilibrium 

y(HDO) = Ka 
n ' 1 + Ka [ G Gj 
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It specifies the concentration of HDO which can exist in gas after a per¬ 
fect catalytic contact when the liquid flowing by that catalyst bed has 
the composition x. The data calculated for use in these equations and 
their graphical representation are presented in Table 2.11. A com¬ 
plete calculation of such data is illustrated for the fourth stage in Ap¬ 
pendix C. A statement of the assumptions involved will follow the dis¬ 
cussion of the graphical analysis. 


Table 2.10—Tower Calculation Data 


Stage number 

1 

2 

3 

4 

Liquid feed to towers 

Lb/month 

22,620,000 

2,783,000 

732,100 

226,901 

Eq. wt. % D a O 

0.0153 

0.093 

0.318 

0.980 

Temp., °C 

30-40 

30-40 

30-40 

30-40 

Off gas on dry basis 

Eq. Ib water/month 

17,729,000 

2,739,943 

683,910 

162,973 

Eq. wt. % D,0 

0.0055 

0.032 

0.114 

0.331 

Temp, leaving condenser, °C 

30.1 

22.7 

23.1 

23.8 

Temp, entering condenser, °C 

72 

61 

64 

61 

Top pressure, in. water gauge 

65.9 

3.3 

1.2 

1.6 

Average barometer, mm Hg 

710 

710 

710 

710 

Pressure at base, lb/sq in. gauge 

4.2 

1.7 

1.7 

1.05 

Bottom* temp., °C 

61 

55 

66 

52 

Average preheater inlet temp., °C 

67 

60 

61 

62 

Average preheater outlet temp., °C 

75 

68 

67 

66 

Average catalyst outlet temp., °C 

72 

67 

61 

58 

Average catalyst temp., °C 

73 

67 

64 

62 

Average absorption temp., °C 

69 

64 

61 

60 

Bottom* composition, eq. wt. % D a O 

0.041 

0.159 

0.515 

1.27 

In gas on dry basis, eq. wt. % D 2 0 

0.030 

0.110 

0.320 

0.768 


•Bottom refers to the plate below the lowest catalyst bed. 

The lines representing these equations are shown in Fig. 2.8 for the 
fourth stage. In the pass through the first catalyst bed, a catalyst ef¬ 
ficiency of 90 per cent was used; i.e., the change in HDO concentration 
was taken as 90 per cent of the theoretical maximum change. Through 
the point thus determined an absorption operating line of slope L/G is 
drawn. If the Murphree efficiency of the plates were known or assumed, 
as would be the case in a design determination, an absorption efficiency 
line would be established. Two steps would yield the point representing 
the HDO concentrations of the liquid and gas phase at the top of the two 
absorption plates of the first section. From this point another pass 
through the catalyst would be made with the designated catalyst effi¬ 
ciency. The point representing the HDO concentration just above the 
second catalyst bed and all subsequent points would lie essentially on a 
straight line which has been designated the "catalytic-efficiency line.” 

The points representing the concentrations of HDO at the top of the 
second and subsequent absorption sections lie essentially on a straight 
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Table 2.11 — Graphical-analysis Data for Exchange Towers 


Stage number 

1 

2 

3 

4 

Top pressure, mm Hg 

833 

716 

712 

713 

Bottom pressure, mm Hg 

927 

798 

798 

764 

Net lb moles liquid (down) 

859,000 

150,000 

39,500 

12,320 

Nn. net lb atom D (down) 

Top 

139 

163 

148 

163 

Bottom 

101 

143 

147 

154 

Average 

120 

153 

147 

158 

G, total moles gas flow 

1,320,000 

200,000 

47,900 

11,350 

L/G, where L is total moles liquid 

0.904 

0.99 

1.03 

1.29 

a, moles H a O/moles 

0.341 

0.310 

0.261 

0.253 

K, equilibrium constant 

2.90 

2.97 

3.00 

3.02 

x(HDO)* 

Top 

0.000275 

0.00168 

0.00574 

0.0176 

Bottom 

0.000739 

0.00286 

0.00928 

0.0229 

y(HDO), absorption equilibrium 

Top 

0.0000699 

0.000398 

0.00119 

0.00356 

Bottom 

0.000188 

0.000678 

0.00192 

0.00463 

y(HDO), catalytic equilibrium 

Top 

0.0000786 

0.000433 

0.00125 

0.00383 

Bottom 

0.000281 

0.000993 

0.00286 

0.00681 

y(HD), catalytic equilibrium 

Top 

0.0000794 

0.000470 

0.00160 

0.00494 

Bottom t 

0.000284 

0.00108 

0.00366 

0.00879 

y(HD), actual 

Top 

0.000070 

0.000559 

0.00154 

0.00465 

Bottom! 

0.000449 

0.00168 

0.00435 

0.0113 

Intersection point 

y 

0.000059 

0.000364 

0.00114 

0.00340 

X 

0.000232 

0.00154 

0.00549 

0.0169 

Catalytic efficiency used, % 

First section 

95 

85 

90 

90 

Other sections 

90 

80 

85 

85 

Murphree efficiency, % 

53 

37 

48 

38 


♦All concentrations are in mole fractions. 

t The catalytic equilibrium y(HD) bottom value is the value at the top of the first 

catalyst bed and therefore is not to be compared with the actual value of y(HD) at the 
bottom of the column. 


line which will be called the “line of precatalyst composition points.” It 
is to be noted that the first such point does not fall exactly on the line. 
This line and the catalytic-efficiency line pass through the intersection 
of the catalytic-equilibrium and absorption-equilibrium lines. These 
lines would be readily set up in a design, and the number of sections 
required could be determined graphically as indicated. 

When the absorption efficiency is not known, a trial-and-error pro¬ 
cedure must be used to determine it. The first absorption operating 
line, i.e., for the bottom section, is established. Then a line of pre¬ 
catalyst-composition points is assumed. Next, the catalytic efficiency 
is applied, giving a catalytic-efficiency line. Then the number of cata- 
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lytic absorption sections required for the separation are counted by 
taking vertical steps from the line of precatalyst-composition points to 
the catalytic-efficiency line and by proceeding from this point to the 
former line along a line of slope L/G. Assumptions of the position of 
the line of precatalyst-composition points are made until the number of 
sections counted corresponds to the actual number. A trial-and-error 
placing of the absorption-efficiency lines of the first two sections al¬ 
lows the approximation of the Murphree absorption efficiency. 


Table 2.12 — Illustrative Temperature Variations in Towers, °C 


Tower or stage 

T-1A 

T-1C 

T-2 

T-3 

T-4 

First preheater inlet 

55 

61 

54.5 

63.5 

52 

First preheater outlet 

70 

71 

67 

69.5 

63 

First catalyst outlet 

71 

72 

71.5 

68 

58.5 

Second preheater inlet 

69 

69 

62 

61 

54 

Second preheater outlet 

76 

76.5 

68.5 

69 

64 

Seventh preheater inlet 

69 

70.5 

61 

66.5 

60 

Seventh preheater outlet 

77 

71 

68 

68 

65 

Thirteenth preheater inlet 

71 

72 

64 

67 

66 

Thirteenth preheater outlet 

77 

78 

69 

70.5 

71 

Thirteenth catalyst outlet 

71 

74.5 

66.5 

67.5 

64.5 


A number of assumptions must be made in setting up such a graphi¬ 
cal analysis. These are listed and discussed below. 

1. The reported preheater inlet temperatures and the reported cata¬ 
lyst outlet temperatures were averaged. The average of these two 
averages was used as the average absorption temperature. The spot 
temperatures used in obtaining the averages that are used here and 
presented in Table 2.10 are not identical with those given in the com¬ 
plete Trail monthly report for August 1945 but are those presented in 
Table 2.12, which D. Dolgoy of Cominco thought to be more representa¬ 
tive. 

2. It was assumed that the G, L/G, and a established by the use of 
the average absorption temperature and average pressure would rep¬ 
resent the conditions in the column closely enough for the approximate 
evaluations. If greater precision were required, it might be desirable 
to evaluate these quantities separately at the average preheater inlet 
temperature for use in the catalytic-equilibrium equation. It is to be 
noted that a varies considerably with temperature. For instance, at 
710 mm Hg, a is 0.264 at 60°C and 0.359 at 65°C. Also for these con¬ 
ditions the equation of the absorption-equilibrium line is y = 0.210x and 
y = 0.264x. A variation of 5°C is not uncommon in the towers. Even if 
the temperature were constant, the change in pressure throughout the 
column would introduce error. For instance, in the first stage the top 
pressure is 833 mm Hg and the bottom pressure is 927 mm Hg. At an 
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average absorption temperature of 69°C, the bottom gas concentration 
of HDO is calculated as 0.000188 by use of the average pressure, and it 
is 0.000178 by use of the bottom pressure. Likewise the change of 
pressure will change the a and G entering the catalytic-equilibrium 
equation. It can be seen that in the actual operation there may be con¬ 
siderable deviation from the assumed average values. As a result of 

y HD , MOLE FRACTION OF HD IN GAS 
0.00008 0.00016 0.00024 0.00032 0.00040 0.00048 



x HD0 » MOLE FRACTION OF HDO IN LIQUID 
Fig. 2.5 Graphical analysis of performance of the first-stage towers. 

the application of these average values, the HDO gas concentrations as 
given by the absorption-equilibrium line at the top and the bottom of 
the tower do not necessarily represent the exact concentrations exist¬ 
ing in the tower at these points since the end conditions of temperature, 
pressure, and humidity may differ from the average conditions. 

3. The value of K is taken at the average catalyst temperature. 

4. When net flows of deuterium, as estimated by the top and bottoms, 
do not agree, an average has been assumed. 

5. Data for the first stage were taken as the average of all the first- 
stage towers operating in August 1945. 

The graphical analyses of the exchange towers are presented in 
Figs. 2.5 to 2.8. The equations for the absorption- and catalytic- 
equilibrium lines are given in Table 2.13. The wide variation of deter¬ 
mined Murphree efficiency is no doubt the result of both the inaccuracy 
of the approximations used and the data used. For instance, the L/G of 
the second-stage tower is calculated as 0.99. Since G is derived from 
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y H0 , MOLE FRACTION OF HD IN GAS 



Fig. 2.6 —Graphical analysis of performance of the second-stage tower. 


y H0 , MOLE FRACTION OF HO IN GAS 
O.OOi8 0.0022 0.0026 0.0030 0.0034 0.0038 



Fig. 2.7 — Graphical analysis of performance of the third-stage tower. 



CATALYTIC EXCHANGE-ELECTROLYTIC PROCESS 


41 


UJ ^ 
(T> 
— OJ 


O OJ 
X CD 


< 2 

q: £ 

^ Q 
Ul o 


Q CD 
I CD 
>* O 

§ 


0(50 lJ - 
—U. 


= >" 
3 Ul O 


0-1- 
CE<l±J 
OCC Q- 
COUJO 

GO O_I 

<OC/> 


UJ — 


o o 


m f= 
<.-J 


U. UJ 
UJ 2 


OJ o 
O =z 
O' ^ 


S 1 

§fe 


h- 

2 3 

§ £ 


OJ 

r- 

CD 

CD 

CO 

CO 

^r 

o 

- -“ o 

coo' 

K) 

o 

O 

O 

o 

o 

o 

§ 

O 

o 

O 

o 

§ 

o 

o 

O 

o 


SV9 Nl 00 H dO NOIlOVdd 3"I0W ‘ OOH /( 







42 


PRODUCTION OF HEAVY WATER 


L, such a value must be in error. However, it is thought that the meth¬ 
od of analysis is sufficiently accurate for an approximate evaluation of 
the performance. This is substantiated to a certain extent by a com¬ 
parison of the HD/H 2 ratios as indicated at the designated sections by 
the graphical analysis with a set of these ratios experimentally deter- 


Table 2.13—Equations for Graphical Analysis 


Stage 

Absorption equilibrium 

Catalytic equilibrium 

1 

y = 0.254x 

y = 0.450x - 0.0000452 

2 

y = 0.237x 

y = 0.475x - 0.000366 

3 

y = 0.207x 

y = 0.453x - 0.001350 

4 

y = 0.202x 

y = 0.560x - 0.00603 


Table 2.14—Comparison of Graphical and Experimental HD/H 2 Ratios 



Experimental 

Graphical 

Section 

Eq. wt. % D 2 0 

hd/h 2 

HD/Hj 

1 

0.661 

0.01208 

0.0114 

2 

0.589 

0.01072 

0.0105 

7 

0.381 

0.00691 

0.00774 

13 

0.332 

0.00601 

0.00625 


mined for the fourth-stage tower. Table 2.14 presents the comparison. 
Although the agreement is not complete, it can be seen that the values 
given by the graphical analysis roughly follow those given by the ex¬ 
perimental data. 

Figure 2.9 presents a composite diagram of the equilibrium lines 
for the exchange towers of the primary plant on a log-log graph. On 
such a graph the horizontal or vertical distance between two concen¬ 
trations is equal to the log of the ratio of the two concentrations. The 
diagram shows that the ratio of change of concentration over the towers 
becomes successively smaller from the first stage to the fourth. 

Selection of the optimum temperature for the operation of the towers 
is contingent on two major considerations. First, the greater the 
spread between the catalytic- and absorption-equilibrium lines the 
greater the potential concentration by the operation. Second, the lower 
the humidity the higher the quantity of HD relative to HDO in an equi¬ 
librium mixture as determined by the law of mass action. Low tem¬ 
perature favors the spread of the equilibrium lines but lowers the hu¬ 
midity. High temperature not only decreases the spread between the 
equilibrium lines but also shifts the intersection of the lines toward the 
composition of the incoming feed. Optimum operating temperatures, as 
established by testing the columns, are used in the Trail plant. 
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Fig. 2.9—Composite diagram of equilibrium lines for the primary plant. □, absorp¬ 
tion equilibrium line, o, catalytic equilibrium line. 


The Trail monthly reports give the feed to gas concentration ratio as 

a basis for judging performance. This is equal to the equivalent weight 

per cent of D 2 0 in the feed over the equivalent weight per cent of D 2 0 

in the dry gas. This ratio is roughly equal to K if the catalyst beds are 

performing suitably. Such a conclusion is arrived at as follows. For 
the gas phase 



HDO 

h 2 

h 2 o 

HD 


At the top of the column the mole ratio of HD0/H 2 0 in the vapor is es¬ 
sentially equal to that in the entering feed and is approximately 0.018 
times the equivalent weight per cent D 2 0. Likewise the mole ratio of 
HD/H 2 is approximately 0.018 times the equivalent weight per cent D 2 0 
in the off gas. Therefore comparison of the concentration ratio with K 
gives an idea of the approach to both absorption and catalytic equi¬ 
libriums at the top of the tower. Changes in the value of the ratio 
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would indicate a change of catalyst efficiency if operating variables 
were constant. The catalyst of the idle tower in the first stage is read¬ 
ily reactivated by drying and aerating. The catalyst in this stage has 
been changed and reactivated. 

It is to be noted that the maximum possible recovery would occur 
when absorption and catalytic equilibriums were reached at the top of 
the first-stage towers. For this condition the per cent recovery based 
only on the electrolyzed water would be equal to (100)(K - 1)/K or 66 
per cent at 70°C. 



Fig. 2.10—Graphical analysis of performance of the oxygen scrubber. 


(d) Calculation on Oxygen Scrubber . The scrubber receives all the 
oxygen from the primary plant, 492,000 moles for August. In addition, 
it receives dry oxygen from a source outside the electrolytic plant. The 
amount is given on the data sheet as 41.0 tons/day, which is 79,300 
moles/month. The total oxygen flow is therefore 571,000 moles. This 
is 2.3 per cent less than the corrected meter reading. Data are not 
available on the spray content of the oxygen from the first-stage cool 
ers. It will be assumed that the electrolytic oxygen stream is saturated 
at the compressor inlet conditions, about 30°C and 710 mm Hg. The 
material balance on water in pounds is: 



CATALYTIC EXCHANGE-ELECTROLYTIC PROCESS 


45 


In: Feed 856,000 

Vapor 416,000 

Total 1,272,000 

Out: Top vapor 690,000 

Bottom liquor 580,000 

Total 1,270,000 


The graphical analysis is presented in Fig. 2.10. The operating line 
was plotted by use of the end compositions, which were determined 
from the compositions, temperatures, and pressures in the complete 
Trail monthly report for August 1945. The concentration in the gas 
phase was determined by assuming the operating temperature constant 
at 43.6°C, which is the temperature at the top of the scrubber where 
the separation is most critical. A check using the average tempera¬ 
ture, 55.9°C, indicated essentially the same absorption efficiency. The 
equilibrium line has the equation 

y(HDO) - « x 

7 T 


y(HDO) = x 

QT7T 

The volatility of H 2 0 relative to HDO, a, was taken at its atmospheric- 
pressure value of 1.026. If a were taken equal to 1, the over-all effi¬ 
ciency realized would be about 75 per cent. The actual over-all plate 
efficiency was evaluated as 64 per cent; however, a slight error in the 
composition might change the result considerably. For instance, a 
change of the vapor analysis from 0.0173 eq. wt. % D 2 0 to 0.018 would 
give the dashed operating line shown in Fig. 2.10 and an over-all effi¬ 
ciency of 52 per cent. Therefore the over-all plate efficiency can be 
said to lie between 50 and 65 per cent. Even this range of values is 
open to question since the analysis does not take cognizance of the 
change of L/G throughout the tower. 

(e) Secondary •plant Rundowns . Table 2.15 presents TraU data on 
the sixth, seventh, and eighth stages and the over-all a values (frac¬ 
tionation factors) calculated for the runs. The a values are consider¬ 
ably higher than those realized in the primary plant. This results from 
at least two causes, (1) the temperature is maintained at a lower level, 
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i.e., 22 to 23°C, by the use of 15°C cooling water and (2) the electrodes 
are kept cleaner. Concerning the first, In a = Q/RT. Since the heat of 
reaction, Q, is essentially independent of the temperature, T, lower 
temperature means higher a. The secondary plant was designed for 
the high resistance encountered at low temperatures, but the previously 
built primary plant was not. 

Appendix D illustrates the use of the data of Table 2.15 in determin¬ 
ing the a of the runs. The equivalent weight per cents D 2 0 are on a 

Table 2.15 — Secondary-plant Rundowns 


Original 




Volume, 






Run¬ 

D: 



eq. lb. 

Eq. % 

Specific 

% 

% 


down 

retained, 


Date 

water 

D,0 

gravity 

KOH 

KjCOj 

a 

ratio 

% 

Sixth stage 










Initial 

9/1/45 

6325 

2.59 

1.021 

2.02 

0.35 




Final 

9/8/45 

1017 

12.3 

1.143 

10.78 

3.26 

6.9 

6.3 

75 

Initial 

9/8/45 

6332 

2.63 

1.025 

2.39 

0.27 




Final 

9/14/45 

1004 

13.2 

1.153 

13.35 

1.55 

8.0 

6.4 

78 

Seventh stage 










Initial 

11/8/44 

2531 

13.1 

1.034 

1.61 

0.80 




Final 

11/15/44 

376 

64.6 

1.207 

9.42 

4.69 

9.7 

6.5 

76 

Initial 

9/10/45 

2630 

14.1 

1.040 

2.14 

0.93 




Final 

9/16/45 

406 

64.8 

1.238 

10.81 

5.35 

8.7 

6.3 

73 

Eighth stage 










Initial 

12/29/44 

523 

71.5 

1.100 

0.92 

1.51 




Final 

1/3/45 

156 

99.88 

1.187 

2.30 

3.63 

8.0 

3.2 

44 


KOH- and K 2 C0 3 -free basis. The high a value allows the retention of 75 
to 78 per cent of the deuterium in the sixth stage while electrolyzing 84 
per cent of the charge. 

(f) Utility Consumption. The tower condensers receive cooling water 
at about 16.7°C, and the water temperature increases about 30°F. The 
approximate imperial gallons per minute in stages 1, 2, 3, and 4, re¬ 
spectively, are 655, 212, 53.3, and 13.3. The tower reboilers utilize 
available by-product steam at 125 to 140 lb/sq in. gauge of unknown 
quality after reducing its pressure to 60 lb/sq in. gauge. The complete 
monthly reports give the pressure and the quantity of steam used in the 
column preheaters. The evaporators utilize the by-product steam at 
60 lb/sq in. gauge. The evaporator condensers receive cooling water 
at about 17°C and at the following approximate rates: first stage, 110 
gal/min; second stage, 30 gal/min; and third stage, 10 gal/min. The 
water used for the individual coolers is not determined but is estimated 
as 100 imperial gal/min each for second-stage oxygen and hydrogen 
coolers and 30 gal/min for each third- and fourth-stage cooler. The 
water is supplied at a temperature ranging from 3 to 18°C, with an 
average temperature of 12 to 13°C. The hydrogen scrubber receives 
about 80 gal/min and has a temperature rise of about 9°C. Consumption 
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of water to cool the cells is 3200 gal/min ± 25 per cent. No breakdown 
of cooling-water consumption for the secondary plant is available since 
there is a plentiful supply and therefore no close regulation. The total 
cooling water is 10,800,000 imperial gal/month. 

Excess oxygen is fed to the burners to keep nitrogen out. The rates 
are 6 liters/min for the sixth stage, 2 liters/min for the seventh, and 
1 liter/min for the eighth. It may be noted that the burners operate 
with gas fed at 5 to 6.5 in. Hg gauge pressure. 

The consumption of ammonia purge gas (70 per cent H 2 , 30 per cent 
N 2 ) for the secondary evaporators is reported in the complete monthly 
reports. 

5.2 Comparison with Design. The operation of this plant has been 
very close to the design. The design was for a production of 1200 lb/ 
month. The plant output has been steadily increasing and has reached 
a value of 1100 lb/month. Achievement of full production has been slow 
partly because of the removal of deuterium from the process before 
equilibrium has been obtained and partly because of losses from the 
primary cells. The concentrations in the primary plant are still in¬ 
creasing slowly, and the design production will probably be achieved by 
the end of 1945. The equipment has all been operated within about 10 
per cent of the design. The recovery of D 2 0 is approximately 30 per 
cent based on the total water feed and 43 per cent based on the net feed 
into the operation. (Net feed represents the difference between the sum 
of the inflowing water, namely, feed to first tower, direct feed to first 
battery, and feed to oxygen scrubber, and the sum of the outflowing 
water, namely, the condensate from the first-stage towers and the va¬ 
por in the oxygen and hydrogen streams.) From all appearances this 

plant represents an example of good design, estimating, engineering, 
and operation. 

5.3 Operating Difficulties . This plant has been relatively free from 
any major operating difficulties. The principal studies have involved 
methods for reducing the losses from the primary-plant cells and lines. 
These cells were not designed for conserving water vapor, and modifi¬ 
cations have been made continually to decrease the vapor losses. No 
difficulty has been experienced with catalysts. Conversions of 80 to 95 
per cent of equilibrium have been consistently obtained for the last 2 
years. The small amount of deactivation which occurred is believed to 
be caused by traces of KOH entering the lower catalyst beds. The cata¬ 
lyst in the first-stage towers has been reactivated, and some of the 
catalysts in the subsequent stages have been replaced. Some difficulty 
occurred in the secondary plant with flashbacks from theHj-O* burners. 
Drying of these gases, together with improved burner design and cell 

maintenance, has resulted in reduction of flashbacks from 20 to 30 a 
day to 1 or 2. 



48 


PRODUCTION OF HEAVY WATER 


6. COST OF PLANT AND OPERATION 

6.1 Development Costs. The initial development work done on this 
project was conducted through the Office of Scientific Research and 
Development. However, the development costs shown below include the 
amounts spent by both the Office of Scientific Research and Development 
and the U. S. Engineer Office. 


Standard Oil Development Co.: 

Construction and operation of pilot plant $125,000 

Development of catalyst 45,300 

Other development and design 21,100 

Cominco: 

Preliminary work on large-scale plant 55,000 

Columbia University: 

Research on catalyst 14,400 

Methods of production 200,000 

Northwestern University: 

Development of analytical apparatus 5,400 

University of Minnesota: 

Development and manufacture of analytical 

apparatus 6,000 

Total $472,200 


6.2 Construction and Materials Cost. The total construction and 
materials cost for this plant was $2,349,000. The estimate was 
$2,482,000. 

6.3 Operating Costs. The operating cost, exclusive of fixed charges, 
from the start of the operation in June 1943 to Sept. 1, 1945, has been 
about $800,000. The total production has been 17,300 oz. The average 
cost per ounce is $4.70. The cost per ounce for the last year is about 
$1.80. The monthly operating cost, exclusive of fixed charges, for the 
last year is about $30,000. The operating costs are distributed ap¬ 
proximately as follows: 


Labor 

Power: 

Steam 

Electricity 

Overhead and miscellaneous 
Maintenance and repairs 
Materials (process) 


43% 

20 

10 

15 

10 

2 

100% 
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In considering the fixed charges it was decided to use a rate of 20 per 
cent per year. Items considered as investment were 


Plant 

Research and development 
Operating cost during time 
to come to equilibrium, 

6 months at $ 30,000/month 

Total 


$2,349,000 

472,200 

180,000 

$3,001,200 


Monthly fixed charges = $3,001,200/12 x 0.20 = $50,000 


7. IMPROVEMENTS IN PROCESS OR FUTURE PLANTS 

Experimental studies should be conducted to improve the fractiona¬ 
tion factor of the primary cells and decrease their holdup. Such studies 

would be quite inexpensive and worth while. The staff at Trail is well 
suited to carry out such work. 

If the installation of a new plant using this process should ever be 

contemplated, certain improvements can be made. It is possible, during 

installation of a new primary plant, to take precautions to ensure that 

losses of heavy water as water vapor could be kept to a minimum. It 

may be that the primary plant could be more economically designed for 

the recovery of heavy water by redistribution of cells in the stages and 

variations in the catalyst depth and the number of trays per catalyst bed. 

Primary cells can be modified to decrease the holdup and give a higher 
fractionation factor. 

In the event that any large plants for electrolyzing water are con¬ 
templated for installation in the United States, the value of being able 

to add deuterium stripping operations to them should be considered in 
analyzing their economic feasibility. 


8. ADVANTAGES AND DISADVANTAGES OF PROCESS 

The principal advantage of this process is the cheap cost of produc¬ 
ing deuterium which results from the fact that the operation is merely 
an addition to a plant already manufacturing electrolytic hydrogen. The 

equipment requirements are relatively inexpensive, and the plant is 
simple to operate. 

The principal disadvantage of this process is the small amount of 
euterium that can be obtained since the production of electrolytic 
hydrogen in quantities sufficient to justify a deuterium extraction is 
limited to the Trail plant. It is questionable whether any electrolytic 
p w.ts could be set up in this country to compare economically with the 
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WATER-DISTILLATION PROCESS FOR THE ISOLATION 
OF HEAVY WATER AS EMPLOYED BY E. I. DU PONT DE 
NEMOURS & CO., INC., AT MORGANTOWN, W. VA. 

1. INTRODUCTION 

The isolation of deuterium oxide to 99.8 mole % purity from water 
at the E. I. du Pont de Nemours & Co., Inc., plants is carried out in a 
primary and a secondary plant. The primary plant, which uses distil¬ 
lation of water, is composed of a series of eight stages of decreasing 
size operating continuously. The principal features of each stage are 
the distillation columns, the reboilers, and the condensers. The deu¬ 
terium concentration is taken from 0.0143 eq. mole % D z O to 88 to 92 
mole % in the primary plant. The water-distillation method is based on 
the fact that HDO and DjO have slightly lower vapor pressures than H 2 0 
and consequently can be separated from H 2 0 by distillation using a 
stripping operation. The separation factor is higher the lower the pres¬ 
sure, and operations are conducted at column head pressures ranging 
from 50 to 130 mm Hg absolute. 

There are three primary plants at the following locations: Morgan¬ 
town Ordnance Works, Morgantown, W. Va. (MOW); Alabama Ordnance 
Works, Childersburg, Ala. (AOW); and Wabash River Ordnance Works, 
Newport, Ind. (WROW). These plants have the following design and pro¬ 
duction capacities: 



H 2 0 processed 

Plant 

lb/hr 

MOW 

177,000 

AOW 

387,000 

WROW 

536,000 


D^ capacity, tons/month 
Design Production 

0.4 0.28 

0.8 0.26 

1.2 0.66 


The average recovery of D 2 0 from the water feed is 1.94 per cent. The 

water processed per hour for deuterium is shown in the above tabula¬ 
tion. 
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The secondary plant, which uses electrolysis to obtain the final con¬ 
centration from 88-92 to 99.8 mole % D z O, is composed of a single 
stage. The principal feature of this stage is the electrolytic cell. In 
contrast to the primary plant, which is a continuous operation, the sec¬ 
ondary plant is operated in batches. The electrolytic method of concen¬ 
tration is based on the fact that, if water containing deuterium is par¬ 
tially electrolyzed, the water remaining in the cells will have a higher 
deuterium concentration than the initial water. 

There is only one secondary plant, and it is located at Morgantown, 
W. Va. This unit treats all the production from the three primary 
plants. 

The distillation method was the second and last procedure selected 
for commercial development. It appeared to be considerably surer than 
the hydrogen-distillation method under consideration at the time. The 
equipment required was of standard design, the time of construction 
was shorter, and not as much critical material was required. Although 
the operating costs were higher than for the hydrogen-distillation 
process, this was considered of only secondary importance. 

The organizations involved in this work included Columbia Univer¬ 
sity, New York, N. Y.; E. I. du Pont de Nemours & Co., Inc., Wilming¬ 
ton, Del.; and the U. S. War Department, U. S. Engineer Office, Man¬ 
hattan District. The work at Columbia University, directed by H. C. 
Urey, involved a study of the various methods of deuterium isolation. 
The Du Pont company was responsible for the selection of the most 
feasible separation process and for the design, engineering, construc¬ 
tion, and operation of the plants. The U. S. Government was repre¬ 
sented in the project by the U. S. Engineer Office. During the course of 
the development of water distillation, E. W. Thiele of Standard Oil De¬ 
velopment Co., W. K. Lewis of Massachusetts Institute of Technology, 
and B. F. Dodge of Yale University served as consultants. 

The chief decisions made during the development of this process in¬ 
cluded (1) the decision to employ the water-distillation method of con¬ 
centration, (2) the decision to locate the plants at the ordnance works 
where either partially completed or adequate steam-generating capac¬ 
ity was available, and (3) the decision to employ a secondary plant using 
batch electrolysis for the final concentration. 

Active consideration of this method was initiated in November 1942; 
the decision to build the plants was made in December 1942; and con¬ 
struction was started in January and February 1943. Portions of the 
plant were in operation by June 1943, and all construction work was 
completed by November 1943. Equilibrium concentration levels were 
established by May 1944. 
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The objectives of this program had not been completely achieved when 
the plants were shut down and placed in stand-by condition in October 
1945. The average production was about 50 per cent of design capacity 
or 1.2 tons/month. 

The approximate expenditures in money and effort on this project are 
listed below. The values for operation are exclusive of fixed charges. 


Research and development $ 63,000 

Plant construction 14,500,000 

Operation, per month 421,000 


125 man-months 
13,750 man months 
200 man-months 


A bibliography of the more important reports on this process is given 
at the end of this chapter. 


The following conclusions are made: 

1. These plants were operated over a 2-year period and were pro¬ 
ducing about 2400 lb of 99.8 per cent D z O per month when shut down. 
The total production of 99.8 per cent D 2 0 at the time of shutdown in 
October 1945 was 22.8 tons. 


2. The plants cost $14,500,000; the estimated cost was $28,000,000. 

3. The plants produced at about 50 per cent of design capacity be¬ 
cause of plate leakage. 

4. Experimental studies have shown that the large distillation col¬ 
umns can be modified to minimize plate leakage and increase capacity. 
An expenditure estimated at $2,200,000 would probably result in pro¬ 
duction at the design capacity of 2.4 tons/month. 

5. The operating cost per month, exclusive of fixed charges, is about 

$421,000. The operating cost per month, inclusive of fixed charges is 
$685,000. ’ 

6. There do not appear to be any major uncertainties in the opera¬ 
tion of this process. 

7. Since the system has a large holdup, a long time elapses before 
equilibrium is reached or before the system responds to any modifica¬ 
tions in operation. 


8. The system requires very close control of the boilup and net flow 
between the stages for satisfactory operation. 

9. The present and estimated costs, respectively, of DjO per ounce 

at the existing sites are: exclusive of fixed charges, $10.90 and $5 50 

and inclusive of fixed charges, $17.80 and $9.40. The potential cost is 

based on design capacity which might be reached by improvements at 

these sites. Further reduction in unit cost to about $2.90, exclusive of 

fixed charges, might be obtained by locating the plants near inexpensive 
natural-eras source 
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10. The potential production of heavy water by this method is unlim¬ 
ited. 

The following recommendations are made: 

1. The major operating cost for this process is steam. If this method 
is contemplated for productive purposes again, serious consideration 
should be given to locating the plants near sources of low-cost fuel. The 
use of natural gas in Kansas and Texas affords an excellent opportunity 
for savings in the operating costs conservatively estimated at $200,000 
per month, based on the present expenditure. Location in such a region 
could also have certain strategic advantages. 

2. If these plants are ever considered for production again, the 
plates should be modified to prevent leakage. The increased production 
would justify the cost of this change. 

2. GENERAL DESCRIPTION 

The process of separating heavy water from ordinary water used at 
the Du Pont plants employs two methods, water distillation and elec¬ 
trolysis. The water-distillation units located at MOW, AOW, and WROW 
are known as the primary plants. The natural water containing 0.0143 
eq. mole % D z O is concentrated to 88 to 92 mole % D z O in these plants. 
The electrolysis unit located at MOW is known as the secondary plant. 
It increases the concentration of heavy water from the three primary 
plants to 99.8 mole % D z O. 

The distillation operation effects the separation of heavy water and 
light water because the latter is slightly more volatile than the former. 
At low concentrations the amount of heavy water present is very small 
relative to the amount of HDO present. The separation in the low ranges 
of concentration is therefore between H z O and HDO. At higher concen¬ 
trations the separation is between these two and also D 2 0, but at still 
higher concentrations the separation is chiefly between HDO and D 2 0. 
The vapor pressure of HDO is equal to the geometric mean of the vapor 
pressures of H 2 0 and D 2 0; therefore the separation of H 2 0 from HDO is 
more difficult than that of H z O and D 2 0. Figure 3.1 is a graph of the 
relative volatility of light water to HDO versus temperature. Figure 3.2 
is a graph of the relative volatility versus the pressure. These values 
of relative volatility have been obtained theoretically and checked ex¬ 
perimentally. 

Since the concentration of deuterium in the feed is so low, it is ad¬ 
visable to reduce the size of the equipment progressively as the con¬ 
centration of the deuterium increases. This reduces the cost of the 
equipment and the holdup of the deuterium. These distillation units have 
been designed in stages of decreasing size. There are eight distillation 
stages. 
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The steam condensate from the calandrias of the first stage is uti¬ 
lized as the feed. It enters the top of the first-stage distillation units. 
The first-stage distillation units are arranged in groups of five separa- 



TEMPERATURE,°C 

Fig. 3.1 Relative volatility of H 2 0 to HDO versus temperature. 



Fig. 3.2—Relative volatility of H,0 to HDO versus pressure. 


tion columns operating in parallel. At MOW there is one such first- 
stage group, at AOW there are two, and at WROW there are three. Each 
separation column consists of two towers operating in series. The first 
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tower receives the feed and is provided with a barometric condenser 
and a steam ejector to maintain a pressure from 50 to 90 mm Hg at the 
head of the column. Product from the first stage is withdrawn from the 
bottom of the five columns. Four of these units do not receive reflux 
(condensate) from the second stage. All the condensate from the second 
stage is entered four plates from the bottom of the other first-stage 
unit where the concentrations match. This column is designated as the 
“circulating” unit. The others are designated as “straightaway” units. 
The material from the bottom of the straightaway units is combined 
with the bottoms of the circulating unit and sent to the top of the second 
stage. 

For each group of five parallel towers in the first stage, the second 
stage has a separation column consisting of two towers in series. The 
impurities have been concentrated to such an extent in the product of 
the second stage that it is sent to an evaporator. The condensate from 
the evaporator is the feed to the third stage. The third and succeeding 
stages are single columns of decreasing size, each receiving bottoms 
from the preceding stage at the top and distillate from the succeeding 
stage near the bottom. 

The product is drawn intermittently as scheduled from the bottom of 
the eighth stage. The remainder of the system, however, operates con¬ 
tinuously. The final product is evaporated before it is sent to the sec¬ 
ondary plant. 

The final concentration in the secondary plant is a batch process. 
Treatment of the material from the primary plant with KMn0 4 oxidizes 
organic impurities. The water is then distilled. The electrolyte K 2 C0 3 
is added to the distillate in vertical agitated tanks. This forms the 
charge to the cells, which is electrolyzed until the desired concentra¬ 
tion is reached. The cell residue is distilled, and the distillate is taken 
as the final product. The residual liquor containing K 2 CO 3 is reused in 
subsequent electrolysis batches. The hydrogen and oxygen from the 
cells are burned, and the condensate is electrolyzed successively until 
it has been separated into a fraction containing 5 per cent or less of 
D 2 0 and one containing 90 per cent. 

3. PRIMARY PLANT 

3.1 General Considerations. The distillation of water gives an un¬ 
limited source of deuterium. Unfortunately, the separation factor or 
relative volatility of H 2 0 to HDO is very small; therefore the major 
portion of the deuterium fed to the system is lost in the discarded vapor 
leaving the first stage of this stripping operation. The per cent recov¬ 
ery, for example, is only 2.8 per cent at MOW (see Table 3.3). It is ap 
parent that large volumes of water must be handled since the mole ra¬ 
tio of D z O to H 2 0 is 1 to 7000 initially. On the basis of the above fig- 
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Table 3.1—Summary of Equipment Sizes in the Primary Plants 


WROW AOW MOW 


Stage 

No. 

Description 

No. 

Description 

Towers 

No. 

Description 

I 

IS 

15 ft dla. x 80 plates 

10 

15 ft dla. x 60 plates 

5 

15 ft dla. x 80 plates 


15 

12 ft dla. x 90 plates 

10 

12 ft dla. x 90 plates 

5 

12 ft dla. x 90 plates 

2 

3 

10 ft 6 In. dla. x 72 plates 

2 

19 ft 6 in. dla. x 72 plates 

1 

10 ft 6 In. dla. x 72 plates 


3 

8 ft dla. x 83 plates 

2 

8 ft dla. x 83 plates 

1 

8 ft dla. x 83 plates 

3 

I 

5 ft 6 In. dla. x 72 plates 

1 

4 ft 6 In. dia. x 72 plates 

1 

3 ft 4 in. dla. x 72 plates 

4 

1 

2 ft 6 In. dla. x 72 plates 

1 

2 ft dla. x 72 plates 

1 

18 In. dla. x 72 plates* 

5 

1 

16 In. dla. x 72 plates* 

1 

16 In. dia. x 72 plates* 

1 

10 In. dla. x 72 plates* 

6 

1 

18 In. dla. x 72 plates* 

1 

16 In. dla. x 72 plates* 

1 

10 In. dia. x 72 plates* 

7 

1 

18 In. dla. x 72 plates * 

1 

16 In. dla. x 72 plates* 

1 

10 In. dla. x 72 plates * 

8 

1 

18 In. dla. x 72 plates • 

1 

16 In. dia. x 72 plates* 

Calandrlas 

1 

10 In. dla. x 72 plates * 

1 

15 

1500 sq ft 

10 

1500 sqft 

4 

1 

1500 sq ft 

2200 sq ft 

2 

3 

750 sq ft 

2 

750 sq ft 

1 

750 sq ft 

3 

1 

200 sq ft 

1 

132 sq ft 

1 

75 sq ft 

4 

1 

50 sq ft 

1 

33 sq ft 

1 

20 sq ft 

5 

1 

20 sq ft 

1 

14 sq ft 

1 

8 sq ft 

6 

1 

20 sqft 

1 

14 sq ft 

1 

8 sq ft 

7 

1 

20 sq ft 

1 

14 sqft 

1 

8 sq ft 

6 

1 

20 sq ft 

1 

14 sq ft 

Condensers 

1 

8 sq ft 

1 

15 

Jets 

10 

Jets 

5 

Jets 

2 

3 

6000 sq ft 

2 

6000 sq ft 

1 

6000 sq ft 

3 

1 

1600 sq ft 

1 

1070 sq ft 

1 

600 sq ft 

4 

I 

400 sq ft 

1 

264 sq ft 

1 

140 sq ft 

5 

1 

160 sq ft 

1 

112 sqft 

1 

60 sq ft 

6 

1 

160 sq ft 

1 

112 sq ft 

1 

60 sq ft 

7 

1 

180 sq ft 

1 

112 sq ft 

1 

60 sq ft 

B 

1 

160 sq ft 

1 

112 sq ft 

1 

60 sq ft 


•Packed. 


ures, 250,000 moles of water must be fed to the first stage to recover 1 
mole of deuterium. Essentially all the water entering must be vaporized 
at least once. Therefore steam consumption is high. 

The relative volatility increases rapidly as the pressure decreases, 
as shown in Fig. 3.2, and consequently the separation is more readily 
effected at low pressures. This, however, makes the equipment large. 
The complete advantage of the low-pressure operation cannot be real¬ 
ized because of the pressure drop through the column. The first-stage 
columns operate at 50 to 90 mm Hg at the top. 

The use of only one column in five first-stage columns as a circu¬ 
lating unit is dictated by greater ease of operation. All five could re¬ 
ceive condensate from the second stage and could send equal quantities 
of bottoms to the second stage, but precise splitting of the second-stage 
condensate would be required, otherwise the deuterium would accumu¬ 
late in one or more columns and be lost out the top of these columns. 

3.2 Details . Table 3.1 presents a summary of equipment sizes in 
the primary plants at all sites; dimensions and features of the towers 
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are collected in Table 3.2. Figure 3.3 is a schematic diagram of the 
MOW primary plant. 

The first stage utilized 15-ft-diameter columns in series with 12- 
ft-diameter columns. The 15-ft tower used 80 tunnel-cap plates. The 


Table 3.2—Dimensions and Features of the Towers of the MOW Primary Plant* 


Stage number 

1 - A 

1-B 

2-A 

2-B 

3 

4 

5 

6 

7 

8 

Number of towers 

5 

5 

1 

1 

1 

1 

1 

1 

10 in. 

1 

10 in. 

1 

10 in. 

Diameter 

15 ft 

12 ft 

10.5 ft 

8 ft 

40 In. 

18 in. 

10 in. 

Total height, ft 

Gas flow, Ib/hr 

100 

107 

82 

93 

77 

77.5 

77.5 

77.5 

77.5 

77.5 

Design for each 

38,800 

38,800 

19,000 

19,000 

1920 

390 

120 

120 

120 

120 

tower 









Normal operation 

38,000 

38,000 

21,200 

21,200 

3050 

725 

190 

185 

200 

200 

for each tower 










Number of bubble 

79 

89 

71 

82 

71 






plates (♦! without 
weir) 











F factor,t uVp 











Design, at 

0.8 

0.8 

0.8 

0.8 

0.8 

0.8 

0.8 

0.8 

0.8 

0.8 

100 mm Hg 
Operation, at 

1.0 

1.0 

1.0 

1.0 

1.0 

1.0 

1.0 

1.0 

1.0 

1.0 

65 mm Hg 











Caps or tunnels 

Tunnels 

Bubble 

Bubble 

Bubble 

Bubble 

Packed 

Packed 

Packed 

Packed 

Packed 

Number 

27 

384! 

544 

299 

48 






Outside diameter 

2H in. x 

4 In. 

3 in. 

3 In. 

3 In. 






or width 

10 ft 3 in. 










Slot width, in. 

Hi 

H 


Hi 

Hi 






Slot height, In. 

1 

1 

"Ht 

"Hi 

"Hi 






Submergence, top 

0 

H 

H 

H 

H 






of slot to top of 
weir, In. 











Down pipes 











Number 

3 

4 

4 

3 

2 






Diameter, in. 

9% 

8 

6 

6 

3 






Plate spacing, ft 

Plate efficiency. 

1 

1 

1 

1 

1 






Murphree, % 
Design 

80 

80 

80 

80 

80 






Estimated 

50 

50 

70-75 

70-75 

75 






operating 











Column packing^ 











Height, ft 






72 

72 

72 

72 

72 

H.E.T.P., in. 










19 


•See Table 3.4 for head pressure and pressure drop, 
tu = feet per second; p= pounds per cubic foot. 
tOriginally 504. 

•The column packing In stages 4 to 8 Is %-in. Raschlg rings. 

top plate is used only as an entrainment eliminator. The 12-ft tower has 
90 bubble-cap plates. The smaller diameter is permissible since the 
pressure is higher. The plates were designed to provide a large slot 
area per plate to keep down the pressure drop per plate since the rela¬ 
tive volatility is more favorable at low pressure. The large number of 
bubble caps, however, defeated the purpose by creating too large a hy¬ 
draulic gradient across the plate. Every third cap of the original design 
was subsequently removed. 

Vapor passes from the 12-ft tower to the 15-ft tower through a 30- 
in. line. The liquid is pumped from the base of the 15-ft columns to the 
12-ft towers at fixed rates. The level of liquid at the base of the 15-ft 
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Fig. 3.3—Schematic diagram of water-distillation unit of the MOW primary plant. 
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columns is used to control the amount of calandria condensate which is 
used as feed. 

The vapor from the top of the 15-ft tower passes to a direct-contact 
barometric condenser. At MOW the condensate is used as make-up 
cooling water. A steam-jet ejector removes noncondensable gases 
Pressure control is obtained at this point by means of a Stabilog pres¬ 
sure controller, which adjusts the amount of air bled into the unit vent 
line. 

One calandria of the first stage at Morgantown uses waste steam at 6 
to 7 lb/sq in. gauge. All other calandrias receive 150 lb/sq in. gauge 
steam in an amount automatically controlled by the liquid level in the 
base of the 12-ft tower. The calandrias are conventional shell-and-tube 
types, and each has an area of 1500 sq ft. 

All pumps are in duplicate to ensure operating continuity. At the 
Wabash plant the calandria condensate is lifted by the pressure of the 
steam in the calandria. 

Drip type coolers lower the temperature of the steam condensate to 
the boiling point at the pressure prevailing at the point of feed entry. At 
the Alabama and Wabash River plants the barometric-condenser dis¬ 
charge is used for the initial cooling. Fresh plant-cooling water is used 
for final cooling at these plants and for all cooling at the Morgantown 
plant. 

For each group of five first-stage towers, the second stage has two 
towers in series and about 10 per cent as much cross section. The first 
tower is 10.5 ft in diameter and contains 72 bubble-cap plates with the 
top plate used as an entrainment eliminator. The second tower is 8 ft 
in diameter with 83 bubble-cap plates. Further details are given in 
Table 3.2. 

The condensers are a conventional shell-and-tube design of the “fall- 
ing-film” type that uses cooling water flowing down the inside surfaces 
of vertical open tubes. The condenser area is 6000 sq ft. An over-all 
coefficient of 400 Btu/(hr)(sq ft)(°F) was used in this design. 

A two-stage steam-jet vacuum pump with an intercondenser main¬ 
tains the desired operating pressure of the second-stage tower. The 
line to this vacuum pump contains three ammonia-cooled condensers to 
reduce vapor losses. The first consists of a coil in a tank maintained 
just above 0°C. The other two are ammonia-jacketed sections at about 
-20 to —30°C arranged in parallel and operated alternately. The sec¬ 
ond-stage calandria has an area of 750 sq ft. 

The product from the second stage is sent to evaporators to remove 
solid material. Four parallel units are provided at WROW, three at 
AOW, and two at MOW. One evaporator is a stand-by at each plant. 
Each Morgantown unit consists of a conventional 200-sq ft calandria, 
two separators in series, and a 280-sq ft condenser. The Alabama and 
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Wabash River condensers are ordinary water-cooled condensers, but 
those at Morgantown are the falling-film type. A single set of refrig¬ 
erated vent condensers is provided at the evaporator condensers at all 
sites. An automatic level control is used on the evaporator-heads tank 
with its motor valve in the steam line which supplies the evaporators 
with steam. 

The third-stage tower at MOW is 40 in. in diameter, at AOW 54 in., 
and at WROW 66 in. There are 71 active plates and an entrainment 
separator at the top of each of these towers. The plates are provided 
with normal bubble caps. Further tower details are presented in Table 
3.2. 

Sizes of towers, calandrias, and condensers for this and subsequent 
stages are presented in Table 3.1. The fifth-, sixth-, seventh-, and 
eighth-stage towers at all sites are less than 2 ft in diameter and are 
packed columns using 5 / 8 - by 5 / 8 ~in. ceramic rings. These packed 
columns have packing supports and redistributor plates halfway up. 
The 16- and 18-in. columns are fed through a four-point “crow’s-foot” 
sparger and the 10-in. columns, through a single central nozzle. The 
condensate from the succeeding stage is fed through a single sparger 
extending to the center of the column near the bottom of the packing. 

The impurities in the condensate from the evaporation after the sec¬ 
ond stage are considerably concentrated in the eighth-stage product. In 
fact, organic impurities are present to the extent of 0.5 to 1 per cent in 
the 90 per cent D 2 0 product. Also there are dissolved solids. Porcelain 
dust bound by an amine tar tends to plug the equipment. Consequently 
an evaporation is carried out in a Patterson steam-jacketed kettle which 
has scraping blades and a flush-bottom valve for the removal of solids. 

The volatile organic material is removed in the secondary plant as dis¬ 
cussed below. 

The refrigeration for the vent condensers throughout the entire sys¬ 
tem is handled by four self-contained York ammonia-compression units 
at WROW and AOW and by three at MOW. Two of these units are used 

on the primary vent condensers and one on the secondary vent con¬ 
densers. 


4. SECONDARY PLANT 

4.1 General Considerations . Although initial design calculations 
indicated the eighth-stage primary plant would yield 99.94 per cent 
D 2 0, an electrolytic secondary plant was also installed. Actually the 
eighth stage delivers 88 to 92 per cent D 2 0 and at total reflux estab¬ 
lishes a 99.7 per cent bottoms concentration. It appears that further 
separation could be effected by use of additional distillation stages. 
The electrolytic plant, provided as a safety measure, is now used in 
normal operation. It accomplishes the final concentration of the 90 per 
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Cent ^ 2 ° c = rimary " plant product > usin s a single-batch rundown in which 
roughly 55 per cent of the charge is electrolyzed. 

4.2 Details. Figure 3.4 gives a schematic diagram of the secondary 
plant. To oxidize the organic material, the primary-plant product is 
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Fig. 3.4 — Schematic diagram of MOW secondary plant. 


treated with a 3 to 3.5 per cent neutral solution of KMn0 4 in a 30-in.- 
diameter by 24-in.-high straight-sided steam-jacketed Dopp kettle 
equipped with a two-bladed agitator which has six spring-loaded scrap¬ 
ers. The bottom and sides of the kettle are heated with 150 lb/sq in. 
gauge steam. A 4-in. flush-bottom valve in the original installation 
has been replaced with a 4-in. blank flange. An 11-sq ft condenser 
handles the 35 to 50 lb/hr boilup. Total reflux is used for 1 to 1% hr 
before the material is distilled out. 
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Potassium carbonate is added to the distillate to make a 7.5 per cent 
solution by leaching. This is accomplished in an agitated tank. A monel 
metal screen retains large foreign particles. 

Four electrolytic batteries having 9, 13,16, and 16 cells are used. 
The first two are used for the electrolysis of material having less than 
80 eq. wt. % D 2 0. One bank of 16 cells is used for material 80 per cent 
or better. The fourth bank of 16 cells is operated on filtered water 
since there is a minimum capacity at which the equipment supplying 
direct current can be operated. 

By observation of the level in a Saran sight glass, 100 lb of solution 
is charged to each of the electrolytic cells, which have a height of 5 ft, 
a diameter of 16 in., and a capacity of 17 gal. Cooling water at 25°C 
maintains the cell temperature at 40°C. The anode is of steel, plated 
first with copper and then with sufficient nickel to avoid peeling. The 
cathode is mild steel. Before use the anodes are washed thoroughly 
with carbon tetrachloride and water to remove any oil or dirt. The 
cathodes are treated by passing sulfuric acid through the cell (anodes 
removed) for 12 hr. The solution is 5 per cent acid and has 2 per cent 
wall size as a corrosion inhibitor. The cells are washed with caustic 
solution and filled with water under an atmosphere of nitrogen. A cur¬ 
rent of 1000 amp passes through the cells, which are connected in series 
with braided copper wire. This current electrolyzes 0.74 lb of water 
per hour per cell. The voltage may range from 2.6 to 3.4 volts, but, if 
over 3.5 volts is used, the electrodes tend to decompose. A six-tube 
ignitron type rectifier converts alternating current to direct current 
and also reduces the voltage from 2300 to 90 volts. 

The mixture of oxygen and hydrogen passing through a center hole in 
the top of the anode is collected in a common header, which is heated to 
prevent condensation of vapor by approximately 20 ft of %-in. copper 
tubing. The gases next pass through a 17-in. separator made from 
10-in. steel pipe. The removal of vapor from the relatively less rich 
hydrogen stream is accomplished in a 6-ft ammonia cooler. The am¬ 
monia side of the cooler is held at approximately 44°F to avoid freezing 
D 2 0 at 40°F. The cooler is constructed from two concentric pipes of 6- 
and 3V 2 -in. schedule-40 steel. Two pipe coils are constructed from 
/ 2 -in.-O.D. stainless-steel tubing, 18 gauge, and each coil has 34 turns 
with 2-in. pitch on a 5-in. pipe diameter. Ammonia is used as a re¬ 
frigerant and flows through the inside of the pipe coils. Process gas 
flows downward through the opening between the two pipes in contact 
with the outside surface of the coils. The water condensed is separated 
from the gas stream in a separator, similar in construction to the sep¬ 
arator in the process line, just prior to entering the ammonia cooler 
Liquid from the separators before and after the refrigeration cooler is 
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collected in a holdup tank. At the termination of a run the liquid in the 

holdup tank is drained to the cell-header drainage tank, from which it 
can then be blown to any desired place. 

The gas from the separators passes to the burners. Sections of the 
burner and condenser in direct contact with the process material are 
made of 18-8 stainless steel. Burner orifices are about Z / A in. in length 
and vary in diameter from V 16 to 3 / 32 in. Twin alternate igniters of 
chromel wire are provided. 

The operation and design of the orifices were arrived at by experi¬ 
ment. A spitting flame results if a Reynolds number more than 20,000 
is used. Single port orifices larger than V 4 in. in diameter are unsatis¬ 
factory, and the length of run in the orifice should not be less than 3 / 4 in. 
The gas must travel faster than the hydrogen-oxygen flame wave which 
has a velocity of 21.7 ft/sec. A velocity of 125 ft/sec was used as a 
minimum. Nonfluctuating pressures of 2 to 4 in. Hg were used. Burning 
is started by admitting a combustible gas to which oxygen has been 
added so that hydrogen concentration is less than 15 per cent, which is 
the explosive limit of hydrogen-oxygen mixtures. Flashbacks or explo¬ 
sions occur several times a month from electrical shorts in the cell, 
current pulsations, gas-stream impurities, or pressure fluctuations. 

A slight excess of oxygen is used in the hydrogen-oxygen mixture as 
a purge. This prevents nitrogen from flowing back into the system by 
maintaining the burner pressure. The nitrogen present forms NO, 
which forms acid and then nitrates. These recirculate in the evaporator 
drawoff and are electrolyzed, giving ammonia, which passes through the 
dephlegmator of the evaporator. 

Two systems of headers, coolers, and burners are provided so that 
electrolysis may proceed simultaneously on solutions of different con¬ 
centrations. The condensed burned gas is sent to one of a series of 
tanks which has the same concentration range. 

The cell residue liquid is carbonated by bubbling C0 2 under pressure 
through the liquid prior to distillation. The latter operation is effected 
in a 24- by 24-in. straight-sided steam-jacketed Dopp kettle. Steam at 
150 lb/sq in. gauge is used. Operation is at atmospheric pressure. A 
two-bladed agitator equipped with six spring-loaded scrapers is pro¬ 
vided. Condensation and cooling of vapors from the kettle occur in a 
backward-return condenser and after-cooler. 

The final liquid product is aerated by nitrogen, filtered through cotton 
batting supported on stainless-steel screen, and loaded in a dry nitrogen 
atmosphere. The specifications for the product were a minimum of 
99.7 per cent D 2 Oj pH, 6.0 to 6.6; conductivity, 5 x 10" 5 mole; clear; 
and odorless. At Morgantown it was decided that the permanganate de¬ 
mand of the finished product should not exceed 1.4 x 10“ 5 lb of KMn0 4 
per pound of D 2 0. 
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5. DEVELOPMENT AND DESIGN 

The design of the distillation units required a knowledge of the rela¬ 
tive volatility of HDO to H z O and of the plate efficiency. The relative 
volatility was theoretically calculated by assuming (1) that the vapor 
pressure of HDO is the geometric mean of the vapor pressures of H 2 0 
and D 2 0 and (2) that HDO follows Raoult’s law in water. Subsequent ex¬ 
perimental results supported these assumptions. The relative volatility 
is presented in Figs. 3.1 and 3.2. 

The plate efficiency was assumed to be 80 per cent. J. A. Monier 
confirmed the feasibility of such an efficiency by tests on a 72-in. col¬ 
umn at the Du Pont works at Belle, W. Va., which gave efficiencies of 
about 86 per cent. 

For design of the secondary or electrolytic plant, it was assumed 
that a separation factor of 7 would be realized. 

5.1 Calculation of Plates. The Du Pont personnel used the following 
method in calculating the design, where 

(1 — X) = equivalent weight fraction D 2 0 in the liquid 

(1 — Y) = equivalent weight fraction D 2 0 in the vapor 
F = feed, pounds per hour 
O = liquid stream, pounds per hour 
V = vapor, pounds per hour 
P = product, pounds per hour 
cl = relative volatility of H 2 0 to HDO 

The subscripts f, p, and m + 1 refer to feed, product, and plate above 
plate m, respectively. 

A material balance on D 2 O gives 

a - Y m ) =(°) (i - x m+I ) -(I)a - x p ) 

In the first and second stages P is small compared to O, and there¬ 
fore O/V is essentially equal to 1. Also (1 - X p ) is essentially equal 
to 1. Then 


(1 “ Y m ) = (1 — X m+ i) — — 

which is a straight operating line. In the first and second stages, since 
(1 — X) and (1 - Y) are small, 
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In the use of these equations the change of pressure in the column 
must be recognized. As shown in Fig. 3.2 the relative volatility varies 
considerably with pressure. Then, too, the efficiency of the plates 
varies inversely as the F factor, which varies inversely as the square 
root of the pressure. The “Operating Manual of the Primary Plant" 
gives a graph of F versus plate efficiencies from 88 to 78 per cent and 
also a graph of F versus the pressure drop per plate as determined at 
the Du Pont Experimental Station. The trial-and-error solution, utiliz¬ 
ing the McCabe-Thiele diagram and such data in a design estimation, 
consists in setting up an effective equilibrium line by assuming (1) the 
change of pressure for several plates, which gives a log average alpha 
and an efficiency, and (2) the concentration of the liquid after several 
plates. The concentration as determined by stepping down the selected 
number of plates must check with the assumed concentration. 

When the concentration of deuterium becomes appreciable, the ap¬ 
proximations used above must be omitted. But additional assumptions 
entered into the calculation. First, it was assumed that the effective 
fractionation factor between D z O and H 2 0 remains equal to that of HDO 
and H z O. Since the relative volatility of H z O to D 2 0 is greater than that 
of H z O to HDO, this seems a conservative assumption. At higher con¬ 
centrations the separation is chiefly between HDO and D 2 0, and the 
relative volatility for this pair is the same as that of H 2 0 to HDO. Sec¬ 
ond, it was assumed that the rate of formation of H z O and D 2 0 from 
HDO is so rapid that the plate efficiency would not be decreased by hav¬ 
ing a large portion of the deuterium as HDO. In Fig. 3.5 is shown the 
relative equilibrium concentrations of H 2 0, HDO, and D 2 0 in solutions 
containing various equivalent concentrations of D 2 0. 

In view of such uncertainties in the design, it was decided to provide 
a secondary electrolytic plant for the final concentration. 

5.2 Maximum Per Cent Recovery. The amount of steam required 
for a given production of D 2 0 is inversely proportional to the per cent 
recovery of deuterium attained in the operation. The maximum pos¬ 
sible recovery would be obtained if the operating line intersected the 
equilibrium line at the top of the stripping unit, i.e., at the point of feed 
entry. For the present case where the fraction of HDO at the top of the 
stripping unit is very small and where V/O is essentially equal to unity, 
it can be shown that 


Maximum % recovery = 



( 100 ) 


It can be seen that the larger the value of alpha is, the larger the pos¬ 
sible per cent recovery will be. Therefore low pressure with a rela¬ 
tively larger alpha (relative volatility) tends to favor the recovery, i.e., 
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gives a larger ratio of production to steam consumed. At 100 mm Hg, 
a = 1.0519, and the maximum per cent recovery is 4.94. 

The possibility exists, however, that the rapid increase of pressure 
in the column from the top down may cause the equilibrium line to bend 
toward the x = y line in the top of the column where alpha changes 



MOLE OF MIXTURE 

Fig. 3.5 Equilibrium distribution of deuterium between EDO and D a O. 

rapidly. In such a case the maximum recovery would be that deter¬ 
mined by the operating line touching the equilibrium line at some point 
along its convex downward curvature. 

5.3 Total Reflux. The evaluation of the number of plates at total 
reflux is essentially independent of the assumption used in obtaining 
the average relative volatility. For instance, for the separation in the 
first stage from 0.0143 eq. mole % of D 2 0 to 0.20 per cent with the top 
pressure at 100 mm Hg and bottom at 494, use of (1) arithmetic average 
alpha gives 43 theoretical plates, (2) geometrical average alpha gives 
43 theoretical plates, and (3) alpha at top of column (38) and alpha at 
bottom (50) gives an average of 44 theoretical plates. 

5.4 Minimum Reflux. If the operating and equilibrium lines inter¬ 
sect at the top of the column, this is readily determined. If the equi- 
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librium line has a convex curvature from the change of alpha with 
pressure, trial-and-error plate calculations are necessary. 

5.5 Operating Per Cent Recovery. Operation will take place at 
some reflux greater than the minimum value. If the equilibrium line is 
normal and not convex downward, the following expression for the op¬ 
erating per cent recovery can be written 


% recovery = 


maximum % recovery 

1 + (a%)/(100) 


where (a%) is the per cent by which the actual O/P is greater than the 
minimum O/P. In the design the per cent recovery should be kept at a 
relatively high value by using a large number of theoretical plates, 
which will allow the operating line to approach the equilibrium line. Of 
course, there is an economic balance between the fixed charges on the 
column investment and the cost of steam. 


5.6 Size Reduction of Stages. The separation could be effected in 
a single column having a sufficient number of plates. All the heat would 
be supplied at the bottom of the single unit. This, however, would result 
in increased cost of equipment and a prohibitive time for the column to 
come to equilibrium. By use of a suitable cascade the liquor and vapor 
streams may be allowed to decrease as the concentration of deuterium 
increases. 

As a basis for the discussion of such a design, it might be assumed 
that the liquid to vapor ratio (Z/v) of the individual component HDO is 
the critical factor and must be maintained at a value equal to, or greater 
than, the value at the point of feed entry. Since the net flow is fixed, 
this means that Z and v would not be allowed to become lower than their 
values at the top of the separation. If there is a 14-fold change of deu¬ 
terium concentration over the first stage, the net flow of deuterium 
down can be theoretically obtained by passing liquid to the next stage to 
the extent of one-fourteenth of the original feed. The total diameter of 
the second stage could be one-fourteenth that of the first stage. 

A possible x-y diagram for a constant-pressure operation which has 
the same Z/v at the top of each column and which has no backward flow 
is given in Fig. 3.6. All operating lines intersect at the same point on 

the x = y line. 

The complexity of the design, even with a constant minimum Z/v at 
the top of each stage and no backward flow, is readily perceived. With 
an assumed enrichment over the first-stage columns, the height would 
be calculated. Enrichment ratios would likewise have to be assumed 
for all the subsequent stages. This would give an infinite number of 
combinations for each enrichment ratio assumed for the first stage. 



WATER-DISTILLATION PROCESS 


71 


However, it can be anticipated that an enrichment ratio requiring col¬ 
umns of more than about 100 to 120 ft in height would probably be un¬ 
economical since total column cost increases rapidly beyond this 
height. On the other hand, if the columns are small, there is not a 
great saving since the total column height for the over-all separation 
would have to be roughly the same. Short columns would mean low en¬ 
richment ratios per column, and, since condensers are required above 



Fig. 3.6—Diagram for a constant-pressure operation. 

each stage to obtain proper column control, the use of a low enrich¬ 
ment ratio would increase the heat load in the next stage. It follows 
that, at least in the first stages where the heating load would be high, 
the use of short columns should be avoided. Of course, the use of tall 
towers results in a higher pressure of operation at their base, and this 
means a lower relative volatility; but the change of relative volatility 
with pressure is not great at the higher pressures. 

To avoid confusion, it was stated that l/v might be taken at the top 
of each stage at the value for the top of the first stage. This is not 
necessary. The l/v at the top would have been selected at as high a 
value as possible from consideration of the per cent recovery and 
number of plates required. At the top of any subsequent stage, the only 
advantage in having l/v large would be that the volume of flow in the 
equipment could be smaller. It can be seen that this advantage would 
become rather insignificant in a third or subsequent stage. Therefore 
a smaller value of l/v might be used since this would allow the operat¬ 
ing line to lie nearer the x = y line. 

The design and construction were accomplished through the com¬ 
bined efforts of the following groups: E. I. du Pont de Nemours & Co., 
Inc., was responsible for the design and construction of the plants The 
Columbia University group, under H. C. Urey, was active in studying 
all possible methods of isolating deuterium. Standard Oil Develop¬ 
ment Co. was consulted concerning the feasibility of the Du Pont de¬ 
sign. The Massachusetts Institute of Technology provided W. K. Lewis 
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who acted as a consultant. Stuart Oxygen Co. and Consolidated Mining 
& Smelting Company of Canada Limited advised on the design and oper¬ 
ation of the electrolytic plant. The University of Minnesota and North¬ 
western University supplied analytical methods for determining deute¬ 
rium concentration, which were developed by A. O. C. Nier and M. Dole. 

The individuals closely connected with this work included: J. A. 
Monier, V. Thayer, D. Babcock, W. P. Bebbington, and M. G. Amick 
of E. L du Pont de Nemours & Co., Inc.; and H. C. Urey, H. C. Vernon, 
and J. R. Huffman of Columbia University. 


6. OPERATION 

6.1 Data and Analysis of Performance. Table 3.3 presents the pro¬ 
duction data on the recovery of heavy water at the three plants. The 
per cent recoveries, 2.8 at MOW, 1.4 at AOW, and 2.1 at WROW, are 
very low as compared with the respective theoretical maximum values 

Table 3.3 — Recovery of Heavy Water* 



MOW 

AOW 

WROW 

Estimated capacity, lb/month 

800 

1600 

2400 

Maximum capacity attained, lb/month 

576 

640 

1320 

% original estimate 

72 

40 

55 

Average feed for above, million lb/month 

133 

288 

400 

Recovery, lb/million lb of feed 

4.3 

2.2 

3.3 

% recovery 

2.8 

1.4 

2.1 


•From J. A. Monier, E. I. du Pont de Nemours 6 Co., Inc. 


of 5.5, 5.1, and 5.4 determined at the average head pressures of 67, 88, 
and 70 mm Hg. It is of interest to note that at Morgantown no differ¬ 
ence in recovery has been determined for operations at head pressures 
ranging from 40 to 120 mm Hg. This seems to indicate that the position 
of the operating line in the first tower of the first stage is determined 
by a convex downward curvature of the equilibrium line at some point 
down the column. 

The operating conditions of the Morgantown primary plant are given 
in Table 3.4. This table shows the high pressure drops over the col¬ 
umns. For instance, tower 1-C has a 66-mm Hg head pressure and a 
607-mm Hg bottom pressure. 

The actual over-all plate efficiencies have been determined as fol¬ 
lows: Experimental data allow a graph of pressure versus plate num¬ 
ber. The pressure drop per plate varies; for instance, in one first- 
stage column the pressures are 4.5 mm Hg at the top of the 15—ft tower, 
3.0 at the bottom, and 2.3 at the bottom of the 12-ft tower. An over-all 
efficiency is assumed, which is equivalent to estimating the number of 
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theoretical plates in the column. An estimate of the pressure at any 
theoretical plate can be readily made, and a graph of alpha versus the 
theoretical plate number can be made. Calculation can utilize the sim¬ 
plified equations given in Sec. 5. The number of theoretical plates cal¬ 
culated must check the original guess of efficiency. 

Table 3.4—MOW Primary-plant Operating Conditions 



Corrected 

Head pressure. 

Pressure drop, 

itage 

steam flow 

mm Hg 

mm Hg 

A 

31,300 

53 

128* 

228t 

B 

35,000 

88 

156* 

315t 

C 

38,800 

66 

217* 

324t 

D 

36,900 

63 

173* 

307t 

E 

35,000 

63 

183* 

264t 

2 

21,200 

129 

211* 

3056 

3 

3,050 

124 

219 

4 

725 

127 

313 

5 

190 

127 

213 

6 

185 

124 

204 

7 

200 

124 

209 

8 

200 

127 

181 

*For 15-ft tower. 
tFor 12-ft tower. 
tFor 10-ft 6-in. tower. 
fiFor 8-ft tower. 




Data for such a calculation on the 2-C tower of the first stage at 
Morgantown are as follows: 

Head concentration = 0.029 eq. mole % D 2 0 
Base concentration = 0.132 eq. mole % DjO 
Drawoff = 180 lb/hr 
Boilup = 35,000 lb steam 


Pressure (mm Hg) data 

versus plate 

number 

579.1 

Base 

313.5 

10 

479.5 

60 

295.0 

5 

415.5 

40 

277.5 

0 

348.5 

20 




This calculation gives 71 per cent over-all efficiency. This is the col 
twin in which the plates had been rebuilt. 
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When the concentration of deuterium reaches a value such that the 

simplified equation should not be used, the following calculation pro¬ 
cedure can be employed: 

y(H 2 Q) = V(H 2 Q) _ L(H 2 0) 

y(HDO) V(HDO) “ L(HDO) 

or 

L(HDO) _ V(HDO) 

L(H 2 o) “ v(H 2 o) ' q 

Since the total liquid flow L is known 

L(HDO) = ^-5- (L) 

1 + q 

Amounts in the vapor V of the next plate are readily evaluated, and 
calculation proceeds as above. Inasmuch as alpha is very small, a cal¬ 
culator must be used in the above operations. 

As mentioned in Sec. 5 the calculations on the basis of two compo¬ 
nents when applied to the columns having the three components H 2 0, 
HDO, and D z O may not be reliable. Calculations ignoring the pres¬ 
ence of three molecular species and using the H 2 0 to HDO or HDO to 
D z O alpha indicated a 19-in. height of an elemental theoretical plate 
(H.E.T.P.) for the eighth stage. 

Table 3.5 gives the plate efficiencies of the columns at the various 
plants. The efficiencies are low. Of course, at the top of the first- 
stage column a small change or error in pressure, for example, 2 or 
3 mm Hg, can throw the calculation off because alpha changes so 
rapidly. However, the trouble lies not in the calculation but in the fact 
that the plates were not correctly constructed. Excessive leakage 
probably accounts for the low efficiencies. This condition has been 
corrected in one of the Morgantown first-stage columns, raising its 
efficiency from 50 to 75 per cent. This change raised the output of 
MOW from 65 to 72 per cent of the original estimated capacity. 

The plate leakage at AOW is so great that a rate of 45,000 lb/hr 
must be maintained to get a plate seal. In comparison, the rates at 
MOW are from 32,000 to 38,000 lb/hr. 

Because of these low efficiencies it has been necessary to cut down 
on production, that is, operate nearer total reflux to get a higher per 
cent purity of the product. J. A. Monier considers that the increase 
of efficiency obtained by correcting the one Morgantown column indi¬ 
cates that correction in the other first- and second-stage columns 
would bring the plants up to their rated capacity. 

The separation factor realized in the secondary plant is given for 
several cases in Table 3.6. This factor is adversely affected by a 
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carry-over of unremoved vapor resulting from vaporization, entrain¬ 
ment, or foaming. It also depends on the temperature of operation and 
the anode and cathode conditions. It will be noted that a final rundown 
requires electrolysis of about 55 per cent of the charge. The Du Pont 

Table 3.5—Plate Efficiencies of Columns* 


Stage 

MOW 

AOW 

WROW 

1 

50t 

35-40 

45 

2 

70-75 

40 

60-65 

3 

75 

75 

75 

4 


75 

75 


*From J. A. Monier, E. I. du Pont 
de Nemours & Co., Inc. 

tThis is the efficiency of four of the 
first-stage units. The plates of the fifth 
unit have been improved, and this column 
has an efficiency of 75 per cent. 


Table 3.6 — MOW Secondary-plant Rundowns 



Lb charge* 

Eq. wt. % of D 2 0 

%K a CO, 

Alpha 

Initial 

1097.5 

89.01 

6.2 


Final 

448.1 

99.81 

13.8 

7.5 

Initial 

724 

36.04 

9.47 


Final 

302 

79.0 

13.74 

8.2 

Initial 

706 

10.6 

6.74 


Final 

270 

23.0 

16.44 

6.0 


*The pound charge is on a KjCOj-free basis. 


personnel found that because of oxygen isotopes no density method of 
analysis worked, and therefore they have not followed the course of 
the rundowns by means of a float. Curves presented in Figs. 3.7 and 
3.8 have been calculated on the basis of an average alpha of 7. These 
give parameters for various compositions of cell charge with the over¬ 
head composition plotted versus the per cent electrolyzed. With these 

curves it is possible to predict rather accurately when a rundown will 
be completed. 

The loss in the secondary plant is kept at a low level. The monthly 
percentages from January through July 1945 run as follows* 4.0 4 1 
3.5, 3.5, 1.7, 2.4, and 2.0. * ' * 

Utility Consumption . The tower steam consumptions are roughly 
equal to the gas flow which is presented in Table 3.2. Steam saturated 
at 150 lb/sq in. gauge is utilized at 40 lb/sq in. gauge. The tower con- 



76 


PRODUCTION OF HEAVY WATER 


densers at Morgantown receive cooling water at 70 to 80°F, and this 
water leaves at about 100 to 110°F. Each of the five barometric con¬ 
densers on the first-stage towers receives about 3000 gal/min. 

The cooling water for the secondary plant enters at 78 to 80°F and 
is used at an over-all rate of 300 gal/min. The cells are thereby main- 



Fig. 3.7—Secondary-plant rundown curves. Equivalent weight per cent D a O in 
cell charge as indicated on each curve, a = 7. 

tained at 40°C. The secondary-evaporator cooling water rises to 82.5°F. 

The electrical consumption is 40,000 to 45,000 kw-hr per month. 

6.2 Comparison with Design. As stated above, the plate leakage 
with resulting low efficiency (Table 3.5) has cut down considerably on 
the rated output (based on 80 per cent efficiency) as seen in Table 3.3. 
The concentration levels being maintained in the systems are not at all 
in agreement with the design levels as presented in Table 3.7. This 
was anticipated, and the secondary plant was installed. As mentioned 
previously, correction of the plate leakage might bring the performance 
considerably nearer to the design. 

The Morgantown columns were designed on the basis of F = 0.8 at 
100 mm Hg and are operating at comparable values, such as F = 1.0 at 
65 mm Hg. Comparison of the design and operating gas flows in Table 
3.2 indicates that the columns of the third and subsequent stages are 
operating at rates considerably in excess of the design values. The in¬ 
crease in boilup in these columns allows more drawoff at the desired 
concentration level than would otherwise be possible. 
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Fig. 3.8 Secondary-plant rundown curves. Equivalent weight per cent ElO in cell 
charge as indicated on each curve, a ° 7. 

Table 3.7 reveals an unexplained peculiarity at all the sites, i.e., the 

fifth-stage tower does not change the concentration to any considerable 
extent. 

In view of the uncertainty of the concentration which would be de¬ 
livered by the primary plant, the secondary plant was overdesigned 
with the result that one battery of cells is operated on distilled water! 

6.3 Operating Difficulties. The chief difficulty in the operation is 
the maintenance of steady flows. This has dictated the use of four out 
. of five first-stage towers as straightaway units and only one as a cir- 
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culating unit. A steady split of the backward flow would be difficult to 
maintain; therefore a heavy-water concentration would tend to build up 
in one or more of the columns, and it would be pushed out the top of 
that column. Then, too, if the liquid level in the base of a tower be¬ 
comes lower, the product is thrown out of the system by dilution. 
Therefore controllers must give precise and quick rectification of de- 

Table 3.7 — Water-distillation Design and Operating Concentrations* 




MOW 


Operating 


Stage 

Design 

total reflux 

MOW 

AOW 

WROW 

1 

0.18 

Feed 

0.130 

0.10 

0.114 

2 

3.5 

1.5 

1.15 

0.40 

0.83 

3 

16.0 

8.0 

4.2 

2.1 

3.5 

4 

55.0 

21.2 

11.0 

4.0 

7.3 

5 

86.0 

45.0 

12.5 

7.5 

8.0 

6 

97.6 

77.0 

23 

26 

16 

7 

99.65 

95.0 

59 

62 

48 

8 

99.94 

99.5 

90 

90 

88 


*Equivalent weight per cent of D a O. 


viation from the desired operating conditions. Initially the plates of the 
first-stage 12-ft columns had too many bubble caps. The large hydrau¬ 
lic gradient across the plates accentuated the customary ebb and flow of 
material in the column. In addition the down pipes were not of the 
proper length, and 0.75 in. was added to ensure a seal and to smooth 
out the operation. 

The relatively large holdup presents another difficulty in operation. 
If a change in operating conditions is thought to be advisable, it takes 
about 3 months from the time the valve is turned until the new equilib¬ 
rium is reached. It is therefore necessary to guide operation by trying 
to watch the trends instituted by any changes in the conditions. 

Another difficulty arises if an emergency shutdown takes place. The 
plates drain, and it takes 2 to 3 weeks to get back to equilibrium. 


7. COST OF PLANT AND OPERATION 

7.1 Development Costs. Columbia University received $50,000 for 
the development of methods of producing and analyzing heavy water, and 
Northwestern University received $2857 for the development of analyti¬ 
cal apparatus. The Du Pont company received $10,150 for heavy water - 
distillation studies. The total development cost was $63,000. 

7.2 Construction and Material Costs. The actual and estimated 
construction and material costs at the three sites are as follows: 
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Site 

Actual 

Estimated 

MOW 

$ 3,473,000 

$ 6,034,000 

AOW 

3,466,000 

8,285,000 

WROW 

7,520,000 

13,665,000 

Total 

$14,459,000 

$27,984,000 


7.3 Operating Costs, The operating costs, exclusive of fixed charges, 
for the month of August 1945 are given for the three sites in Table 3.8. 
The total for this month is $421,900, which amounts to $10.90 per 
ounce, exclusive of fixed charges. This amount is to be compared with 

Table 3.8—Water-distillation Operating Costs for the Three Sites 



MOW 

AOW 

WROW 

Total 

Per cent 

of total 

Labor 

$10,100 

$ 9,300 

$ 9,500 

$ 28,900 

6.9 

Steam 

35,000 

125,000 

135,000 

295,000 

70.0 

Water 

5,300 

5,000 

32,000 

42,300 

10.1 

Electrical power 

1,500 

300 

1,700 

3,500 

0.8 

Overhead 

15,900 

8,400 

14,900 

39,200 

9.1 

Maintenance 

5,000 

4,000 

4,000 

13,000 

3.1 

Total 

$72,800 

$152,000 

$197,100 

$421,900 

100.0 


the average operating cost to the time of shutdown in October 1945, 
which was $13.10 per ounce since the total operating cost exclusive of 
fixed charges was $9,536,000 for a total production of 22.8 tons. The 
percentages of the total contributed by the various elements are as 
follows: 


Labor 

6.9% 

Steam 

70.0 

Water 

10.1 

Electrical power 

0.8 

Overhead 

9.1 

Maintenance 

3.1 

Total 

100.0% 


Fixed charges may be taken as 20 per cent of the following costs: 


Construction and material cost 
Research and development 
Operating costs for 90 days 
to come to equilibrium 

Total 


$14,459,000 

63,000 

1,263,000 

$15,785,000 
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On this basis the fixed charges are $263,000 per month, making a 
total operating cost per month of $685,000 or $17.80 per ounce. 

8. IMPROVEMENTS IN PROCESS OR FUTURE PLANTS 

As mentioned in Sec. 6.1 the plate leakage in the first-stage towers 
has resulted in a very low plate efficiency. Better construction will 
improve this as in the case of the one revised tower at Morgantown. 

The number of bubble caps per tray is too great in the columns, ex¬ 
cept in those of the first-stage 12 —ft tower where the number has been 
cut down but the distribution is not normal. A new design could de¬ 
crease the number of bubble caps and thereby avoid a hydraulic grad¬ 
ient which may make part of a plate ineffective. 

Since the separation can be effected much more readily at low pres¬ 
sure than at high, it would seem advisable if new construction is con¬ 
templated to investigate the use of sieve trays. These would give a 
considerably smaller pressure drop per plate and, if designed and op¬ 
erated properly, might have a suitable efficiency. Only experiment 
would be able to show if they were applicable for this difficult separa¬ 
tion. 

In the design of a new secondary plant, it would no doubt be most 
economical to provide direct-current generating capacity to meet a 
variable demand. Also better cooling in the cells would no doubt im¬ 
prove the separation factor. 

The cost of the operation could be lowered by locating any future 
plant in a region of low-cost fuel. 

9. ADVANTAGES AND DISADVANTAGES OF PROCESS 

The most favorable aspect of this process is that it provides an un¬ 
limited source of deuterium. In addition the equipment is not novel. 

On the other hand, the per cent recovery is very low, and large quan¬ 
tities of vapor must be handled. The equipment is large, and the in¬ 
vestment is high. The large heat consumption results in high operating 
costs. 
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Chapter 4 


HYDROGEN-DISTILLATION PROCESS FOR THE 
ISOLATION OF HEAVY WATER 


The separation of deuterium from hydrogen by fractional distillation 
has been studied as a method of obtaining heavy water. This process 
would be carried out in a primary and a secondary plant. The principal 
features of the primary plant are the distillation column, the heat ex¬ 
changers, and the compressors. In this plant the mixture of hydrogen 
and deuterium would be liquefied and separated by fractional distilla¬ 
tion. The deuterium concentration would be taken from 0.0143 eq. mole 
% deuterium to 45 mole % deuterium. This separation method is based 
on the fact that the deuterium which is present as HD has an appreci¬ 
ably lower vapor pressure than H 2 and consequently can be separated 
by distillation. The separation factor is 1.68 at atmospheric pressure 
and 1.52 at 2 atm absolute. Successively more detailed features of the 
primary plant are shown in Figs. 4.2 and 4.3. The average recovery of 
deuterium by this process would be over 90 per cent. 

No plants using this method were ever constructed, although some 
pilot-plant studies were made. 

The secondary plant would employ the usual electrolytic method of 
concentrating the deuterium from 45 to 99.8 mole %. This auxiliary 
method is required because it is possible to obtain only HD from the 
distillation column and not D 2 . This secondary plant would be essen¬ 
tially the same as that installed by the E. I. du Pont de Nemours & Co., 
Inc., at Morgantown, W. Va. It would have, in addition, a preliminary 

burner for converting the HD to HDO. 

The hydrogen-distillation method was never selected for commercial 
development for several reasons. At the time when a decision had to be 
made on the commercial method to be used, the water-distillation 
method appeared much more attractive. Very little experience was 
available on the behavior of large-scale apparatus operating at 20 to 
25°K. Considerable concern was expressed about the solidification of 
nitrogen on the exchanger surfaces. Such solidification could result in 
making the system inoperable. Extensive compressor capacity was re- 
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quired which would have been difficult to obtain at that time. The loca¬ 
tions considered were the Du Pont plants at Morgantown and Belle, W. 
Va. It was discovered that the Morgantown and Belle gas was consider¬ 
ably deficient in deuterium (25 per cent at Morgantown). The fact that 
the investment and operating costs per unit of production for this proc¬ 
ess were less than other processes was considered of minor impor¬ 
tance. 

The organizations involved in this work included: U. S. National 
Bureau of Standards, Washington D. C.; Columbia University, New York, 
N. Y.; E. I. du Pont de Nemours & Co., Inc., Wilmington, Del.; Ohio 
State University, Columbus, Ohio; Standard Oil Development Co., New 
York, N. Y.; and U. S. War Department, U. S. Engineer Office, Man¬ 
hattan District. 

The work at Columbia University, directed by H. C. Urey, involved 
experimental study of the separation of deuterium and hydrogen on a 
small scale by this method. The work of the U. S. National Bureau of 
Standards included determination of the heat-transfer coefficients for 
boiling hydrogen and the solubility of H 2 in N 2 . H. L. Johnston of Ohio 
State determined the physical properties of materials of construction 
and set up a small hydrogen liquefaction unit. E. W. Thiele of Standard 
Oil Development company described the possibilities of hydrogen distil¬ 
lation. The Du Pont company prepared a preliminary design and cost 
estimate for a plant which would separate the deuterium from a 3H 2 -N 2 
mixture. The U. S. Government was represented by the U. S. Engineer 
Office in this project. 

The major decisions made during the study of this process included 
the decision to abstract the deuterium from a 3H 2 -N 2 mixture, the de¬ 
cision to use no moving equipment operating below 60°K, and the de¬ 
cision to use water distillation. 

Thiele presented a preliminary consideration of the design in April 
1942. Active consideration of this method for plant development began 
in October 1942 and essentially ceased in February 1943. 

The uncertainties of this process have never been thoroughly inves¬ 
tigated. All available information, however, indicated that the method 
could be used. 

The expenditures in money and effort on this program were approxi¬ 
mately as follows: 

Research and Development $30,000 

Plant construction 0 

Operation 0 


A bibliography of the more important reports on this process is found 
at the end of this chapter. 
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The following conclusions are made: 

1. This method of preparing deuterium looks promising from both an 
economic and a supply standpoint. 

2. Experimental studies at an estimated cost of $300,000 would have 
to be conducted before a final statement could be made on the feasibility 
of the process. 

3. The estimated cost of a plant which would prepare 1 ton of D 2 0 per 
month is $5,000,000. 

4. The estimated operating cost per month of the plant, exclusive of 
fixed charges, is $46,000 per ton. The operating cost per month, in¬ 
clusive of fixed charges, is estimated as $132,000 per ton. 

5. The system has a small holdup and will come to equilibrium in a 
few hours. 

6. Hydrogen which contains essentially no nitrogen should be used 
rather than the 3H 2 -N 2 mixture proposed in the design. Ammonia plants 
are now in existence which use a very pure hydrogen obtained from the 
reaction between hydrocarbons and steam. It is believed that this gas 
could be readily processed to recover the deuterium. 

7. The production of heavy water by this method is probably limited 
by the production of pure hydrogen for ammonia synthesis. This pro¬ 
duction is estimated to be between 5 and 10 tons of D 2 0 a month. 

8. The estimated cost of D 2 0 per ounce by this method is (1) ex¬ 
clusive of fixed charges, $1.44, and (2) inclusive of fixed charges, 
$4.12. 

9. There are hazards in working with hydrogen gas and at low tem¬ 
peratures which would require study. 

As a result of this work the following recommendations are made: 

1. Experimental engineering studies should be initiated in the near 
future to determine the feasibility of fractionating hydrogen and deu¬ 
terium industrially. Specifically, studies should be made to deter¬ 
mine the heat-transfer coefficients for condensing hydrogen and for gas 
films at temperatures in the region of 20°K. Studies should be made of 
the effect of impurities in the hydrogen on the operation of the heat- 
exchange equipment. The use of expansion engines, commonly used in 
Europe, could well be studied for this operation. The design and opera¬ 
tion of the Joule-Thomson nozzles to obtain the final temperature would 
undoubtedly require investigation. Insulation and materials of con¬ 
struction for this temperature range would have to be studied. 

2. If additional production is desired, this process should be given 
serious consideration. 

3. This process should be combined with ammonia plants which ob¬ 
tain hydrogen from the reaction of steam and hydrocarbons. Attempts 
to process a nitrogen-hydrogen mixture should be made as a last re¬ 
sort. 
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4. The availability of ammonia compressors in idle ordnance works 
should be considered in any future design and cost estimates on this 
method of separation. 


1. SOURCE OF HYDROGEN 

Any plant producing hydrogen is a potential source of deuterium for 
recovery by distillation. For instance, a plant producing 150 tons of 
NH 3 per day handles deuterium in an amount equivalent to 1.13 tons of 
D 2 0 per month. Hydrogen is obtained from water gas, producer gas, 
and coke-oven gas by the removal of nonhydrogen constituents. It is 
also manufactured by the action of steam on natural gas or oil refinery 
gases, thermal decomposition of natural gas, steam on iron, and elec¬ 
trolysis of water. It is also a by-product in the manufacture of caustic 
soda by electrolysis and in the manufacture of several other chemicals 
by fermentation. 

Hydrogen distillation is conducted at such a low temperature that all 
gases but helium would condense or solidify during the cooling of the 
hydrogen. The purer the original hydrogen the less complex the puri¬ 
fication operating previous to, or during, the cooling of the hydrogen. 

When water gas is used for ammonia manufacture, it is mixed with 
producer gas to give the proper ratio of hydrogen to nitrogen. This is 
done before any processing or purifying takes place. The hydrogen 
must be handled with a large amount of nitrogen present, or the water 
gas must be given separate purification before mixing with the pro¬ 
ducer gas. Therefore, as a source of hydrogen for processing at low 
temperature, the plants manufacturing ammonia by use of water gas 
present a difficult operating problem. 

Some hydrogen as such is manufactured from water gas and steam by 
passing them over a catalyst at 450°C to convert CO to COj. The car¬ 
bon dioxide is scrubbed out with water. This is objectionable because 
isotopic exchange occurs with deuterium passing from the gas to the 
water. It would be possible to scrub out the carbon dioxide with an 
ethanolamine. A typical gas composition is 


H 2 

92-94% 

CO 

2-4% 

n 2 

1-4 

COj 

Small 

CH4 

0.5 

h 2 o 

Small 


If such hydrogen were to be used for low-temperature distillation, it 
can be seen that much purification would be needed. In addition to the 
above there are probably some sulfur compounds present. Assuming 
that the CO could be entirely removed by scrubbing and that the small 
amount of methane from a well-burned coke could be removed by an- 
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other scrubbing, there is still the nitrogen impurity to contend with. 
This would have to be separated at low temperature by solidification. 

Water gas is processed with the liquefaction of CO in the Linde- 
Frank-Caro process, which uses liquid air evaporating at a few milli¬ 
meters Hg absolute pressure for the final cooling. This would be ex¬ 
pensive, and it would leave the nitrogen impurity. Coke-oven gas is 
treated likewise but is not used extensively as a source of hydrogen in 
this country. 

The action of steam on iron requires an excess of steam. The prac¬ 
tice is to scrub out the steam. Isotopic exchange would leave the re¬ 
sulting hydrogen deficient in deuterium unless the water was recycled 
and the boiler was fed with this water containing unconverted steam. 
But in this process it is necessary to revivify the hot iron by use of 
water gas, after which the system is purged with steam. If the steam 
used for purging came from the same boiler used when the system is 
on stream, there would be a loss of deuterium in the purged gases in 
excess of the normal amount present, and as a result the final hydrogen 
would be somewhat deficient in deuterium. It is to be noted that the 
hydrogen obtained from such an operation is reportedly 99.94 per cent 
pure. The process is expensive and limited to small-scale production. 

Hydrogen may be obtained from the electrolysis of water with 1 kw- 
hr yielding 7.5 cu ft of H 2 and 3.8 cu ft of 0 2 . E. R. Riegel (“Industrial 
Chemistry,” 4th ed., Reinhold Publishing Corporation, New York, 1942) 
states that with favorable conditions for the procurement of suitable 
coke and coal the continuous catalytic water-gas process can produce 
hydrogen at 45 cents per 1000 cu ft. It would require electricity at 0.34 
cent per kilowatt-hour to equal this cost if the oxygen were of no value. 

Thermal decomposition of natural gas utilizes a cycle to heat up the 
checkerwork. Therefore it seems some nitrogen would be present. 

Production of hydrogen from the reaction of steam with natural gas 
is a two-step process. The first step produces CO and H 2 by utilizing 
aluminum oxide catalyst at 800 or 1000°C. The second step converts 
the CO to C0 2 over an iron-base catalyst at 450 to 500°C. Waste heat 
is used for one-half the steam. The final product contains 79 per cent 
H 2 , 20 per cent C0 2 , and 1 per cent unconverted and miscellaneous ma¬ 
terial. Scrubbing with ethanolamine to remove C0 2 and with a gas oil 
to remove the unconverted materials leaves a hydrogen of very high 
purity. The Fischer-Tropsch process utilizes the CO-H 2 mixture as 
obtained in the first step. Therefore operation in such a plant would 
require separation of CO before the low-temperature distillation of 
hydrogen and the subsequent reuniting for use in the plant. 

In some ammonia plants which utilize natural gas and steam as the 
source of hydrogen, air is fed into the reaction so that oxidation of 
some of the natural gas and CO provides heat for the endothermic re- 
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action of the steam and natural gas. Such hydrogen would introduce the 
same problem of nitrogen removal as is presented in the utilization of 
the hydrogen in an ammonia plant using water gas and producer gas. 

The hydrogen produced as a by-product in the electrolysis of NaCl 
would appear to be a potential source of rather pure hydrogen. How¬ 
ever, there is a question as to the deuterium content which might be 
expected. One-half the hydrogen in the original water entered into the 
cell leaves in NaOH. Since in the electrolysis of water the deuterium 
oxide is left behind, the possibility exists that the hydrogen produced 
would be deficient in deuterium. 

It is evident that an operation in the United States would utilize water 
or steam on natural gas. A nitrogen impurity would be encountered in 
both. This impurity may be small in a hydrogen stream from steam on 
natural gas, but it would nevertheless remain in the system and solidify 
at low temperature. 

In selecting a source of hydrogen to be processed, it is necessary to 
make an analysis of the hydrogen stream to ensure that the deuterium 
content of the stream has not been lowered by some operation in the 
processing. 

2. DESCRIPTION OF PROCESS 

2.1 General . This process is based on the fact that H 2 is more 
volatile than HD. The vapor pressures of H 2 and D 2 are presented in 
Table 4.1. The vapor pressure of HD is equal to the geometric mean 
of these. The relative volatility as calculated from the vapor pressures 
by assuming Raoult's and Dalton's laws is presented in Fig. 4.1. The 
separation appears to be easily effected at 20.4°K and 1 atm. In the de¬ 
sign on which costs were estimated, the 3H 2 -N 2 mixture used by am¬ 
monia plants was to be processed by distillation at 1 atm. In a later 
modification, for which there are no cost estimates, the pressure is 2 
atm. This modification will be discussed in Sec. 5. 

At the low temperature involved, any impurities will have been re¬ 
moved either by liquefaction or solidification. The latter will tend to 
block the equipment. Therefore all heat exchangers on the impure hy¬ 
drogen stream were to be provided in duplicate, and, before reaching 
the expansion equipment and the column, the temperature must be low¬ 
ered to such a point that the nitrogen content of the gas is negligible. 

In the design the heat-exchange operation has been kept as nearly 
reversible as possible by utilizing cold gas to remove heat from in¬ 
coming gas at the lowest possible temperature. 

2.2 Details . The flow sheet for estimating cost on a plant produc¬ 
ing 2.4 tons of D 2 0 per month is presented in Fig. 4.2. The hydrogen- 
nitrogen gas mixture enters at 30 atm. It flows countercurrent to the 
cold processed gas through exchangers. A 60-ton Carrier unit operat- 
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Table 4.1 — Vapor Pressures and Relative Volatility 


Temp., 

Vapor pressures, mm Hg 

Relative volatility* 

°K 

Normal H* 

Normal D 2 t 

HDt 

a(H*-HD) 

a (H 2 -D 2 ) 

20.33 

749.8 

252.0 

429.2 

1.75 

2.98 

19.97 

672.0 

218.5 

378.8 

1.78 

3.07 

19.33 

550.0 

168.5 

300.1 

1.83 

3.26 

19.17 

521.7 

157.1 

282.5 

1.85 

3.32 

18.95 

486.0 

143.2 

259.6 

1.87 

3.39 

17.48 

287.0 

65.5 

140.4 

2.04 

4.38 


’Calculated from the vapor pressures assuming that Dalton’s and 
Raoult’s laws apply. Note 

log a(H 2 -HD) = -0.3863 + 10.5204/T + 0.00544T 

tR. B. Scott and F. G. Brickwedde, Phys. Rev., 48: 483 (1935). 

H 2 : log P = 4.6633 - 44.7291/T + 0.02023T 
D 2 : log P = 4.7459 - 58.5951/T + 0.02650T 

tF. G. Brickwedde and R. B. Scott, Phys. Rev., 55: 672 (1939). 

HD: log P = 5.04964 - 55.2495/T + 0.01479T 



Fig. 4.1—Relative volatility of H 2 to HD versus temperature. 

ing at 180°K aids in removing heat from the entering stream. Auxiliary 
hydrogen refrigeration is used from 108 to 98°K. Liquid nitrogen sepa¬ 
rates in the region of 63°K and is bled back into the exit-gas line. Rel¬ 
atively large quantities of solid nitrogen will form on the surfaces be¬ 
tween 63 and 45°K; a heat-exchange surface several times that required 
for ordinary heat transfer has been provided. The gas at 40°K is further 
cooled to 37°K by auxiliary hydrogen refrigeration equipment, which 
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has a capacity sufficient to handle any necessary or accidental varia¬ 
tions of the refrigeration load. It is then expanded to 2 atm through a 
Joule-Thomson nozzle, and partial liquefaction (about 20 per cent) oc¬ 
curs. Complete liquefaction is obtained by heat interchange with liquid 
from the 1-atm distillation column. 

The distillation column has 60 plates and is 8 ft in diameter. The 
reflux ratio is 1.5. Reflux is obtained by the following series of op¬ 
erations in this preliminary arrangement: The top vapor at 20.4°K is 
heated by exchange to 63°K, which corresponds to the lowest tempera¬ 
ture used in industrial mechanical equipment. It is then compressed to 
2 atm, cooled from 93 to 71°K by an auxiliary hydrogen cycle, cooled by 
exchange with the initial top vapor to 28°K, and condensed at 2 atm and 
23°K by exchange with bottoms liquid at 22.1°K. The heat input to the 
reboiler comes from the condensation of the reflux and of part of the 
feed. Boosters are provided to remove the processed vapor through the 
exchangers. 

The auxiliary refrigeration, other than the Carrier unit, utilizes 
purified hydrogen. It was chosen because the thermodynamic proper¬ 
ties are suitable, the compressors present no new problem of design 
and are interchangeable with those used on the process stream, and the 
processed gas can be used as make-up. Two 450-hp expansion engines 
are used in the auxiliary refrigeration cycle. The auxiliary refrigera¬ 
tion requires nine 2700-hp compressors, and the process stream re¬ 
quires four. The compressor inlet temperature of 290°K is attained by 
exchange of the used low-pressure recycle gas with the high-pressure 
recycle gas. 

The 45 eq. mole % D 2 product will be burned. The secondary elec¬ 
trolysis will concentrate the material to 99.8 per cent D 2 0. The cost 
for this electrolytic operation has not been included. 

3. DEVELOPMENT AND DESIGN 

It was assumed that the natural abundance of deuterium of 1 mole in 
7000 moles of hydrogen would be encountered. It was also assumed that 

the feed would be a 3H 2 -N 2 mixture. 

There are abundant data in the literature on the liquefaction of hy¬ 
drogen. The Leiden temperature-entropy diagram is suitable for or¬ 
dinary operation, but one of greater range was prepared by J. R. Huff¬ 
man from data by F. G. Brickwedde of the Bureau of Standards for use 
in the evaluation of refrigeration cycles. The vapor pressure data 
needed to determine the separation factor of the hydrogen and deute¬ 
rium have been presented by R. B. Scott, F. G. Brickwedde, H. C. 

Urey, and Wahl. . 

The handling of the nitrogen in the feed stream made it necessary to 

have data on its properties and behavior. It is known to be extreme y 
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hard and erosive in the solid state. The group at Ohio State University 
under H. L. Johnston was to investigate these properties and the effects 
of the solid nitrogen and the efficiency of its removal at low tempera¬ 
tures, but the work was canceled before the results were obtained. E. 
W. Thiele of Standard Oil Development company suggested removing 
the nitrogen by scrubbing with CO. This, however, would require a 
complex low-temperature operation, and it was decided to remove the 
nitrogen by liquefaction followed by solidification. 

Table 4.2— Heat-transfer Coefficients for 

Boiling Hydrogen* 


Temp. 

difference, 

Heat-transfer coefficients, 

Btu/(hr) (sq ft)(°F) 

°F 

Hydrogen 

Oxygen 

0.9 

250 

210 

1.8 

350 

210 

2.7 

590 

250 

3.6 

950 

260 

4.0 

1110 

400 

7.2 


330 

*Data by 

F. G. Brickwedde, 

U. S. Na- 


tional Bureau of Standards. 


Insulation presents a considerable problem since even air must be 
excluded from around the column. It was thought that, if the column had 
a jacket filled with glass wool or cork and helium, it would be satisfac¬ 
tory. The estimated heat leak for the column is 12,000 Btu/hr and for 
the system 150,000 Btu/hr. 

The ortho-para transformation of hydrogen proceeds at a rate of 
about 0.5 per cent per hour in liquid, with the evolution of 300 Btu/lb 
which must be removed by the refrigeration system. Calculation of 
this small effect was omitted in the plant design. If the materials of 
construction catalyze this reaction, the heat evolution might become 
significant. 

3.1 Design of Heat Exchanger . Heat-transfer coefficients were de¬ 
termined at the National Bureau of Standards by Brickwedde. The ex¬ 
perimental results on the coefficient for boiling hydrogen are reported 
in Table 4.2, in which coefficients for boiling oxygen also are presented 
as a check on the method used. From the results of work on the coef¬ 
ficients for gaseous hydrogen, it was concluded that the standard meth¬ 
ods of calculation should give an accuracy within ±10 per cent. Just 
before the time the consideration of hydrogen distillation was canceled, 
Brickwedde had been requested to conduct experiments on the heat- 
transfer coefficient for condensing hydrogen. Recuperative heat ex- 
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changers were considered, but they were not used because the feed to 
the column would have been diluted by processed gas and, also, some of 
the processed gas would have been lost in the exit gas. Consideration 
was also given to the Hampson type of heat exchanger as modified by 
Giauque at the University of California, in which a large number of very 
narrow spiraling tubes were used. These tubes were discarded in favor 
of standard tube-and-shell exchangers. In the design the high-pressure 

Table 4.3 — Nitrogen-Hydrogen Equilibrium Data* 


?mp., 

Mole fraction of hydrogen t 

Fraction of mixture 

°K 

In liquid 

In vapor 

Liquid 

Vapor 

90 

0.0625 

0.811 

0.0834 

0.9116 

88 

0.0610 

0.841 

0.1186 

0.8814 

85 

0.0595 

0.874 

0.1533 

0.8467 

78 

0.0550 

0.920 

0.2047 

0.7953 

75 

0.0540 

0.945 

0.2204 

0.7796 

68 

0.0510 

0.977 

0.2412 

0.7588 

63 

0.0490 

0.987 

0.2530 

0.7470 


•Data from T. T. H. Verschoyle, Trans. Roy. Soc. London, 
230A: 189 (1931). 

tPressure, 30 atm; dew point, 93.6°K. 


impure gas is placed outside the tubes since the tubes would be more 
likely to be plugged by deposition of solid than the baffled shell portion. 
In the production of 1 ton per month, i.e., processing 84.2 lb of hydrogen 
per minute, the solid-nitrogen deposition will be at the rate of about 15 
lb/min. This is readily determined from hydrogen-nitrogen equilibrium 
data of T. T. H. Verschoyle [Trans. Roy. Soc. London, 230A: 189 (1931)] 
at 30 atm and 63°K (see Table 4.3). 

The Du Pont design was based on an over-all heat-transfer coeffi¬ 
cient of about 20 Btu/(sq ft)(hr)(°F) and a factor of safety of 1.25. As 
mentioned previously, the exchangers are provided in duplicate so that 
solids can be removed periodically. For producing 2.4 tons/month, 
150,000 sq ft of heat-transfer surface was to be provided at $7 per 
square foot. 

3.2 Refrigeration. The auxiliary refrigeration utilizing hydrogen 
is a gas cycle with no liquefaction of the refrigerant. The expanded gas 
exchanges sensible heat with the compressed gas. In such a process it 
makes little difference in the refrigerating effect at what temperature 
level the expansion takes place. Therefore the auxiliary refrigeration 
can be applied at the lowest possible temperature that would allow a 
large heat-transfer temperature difference to exist between new feed 
and cold processed feed down to this point. 
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The use of a Joule-Thomson expansion technique was decided upon 
because of the following uncertainties in operating an expansion engine 
at such low temperatures: (1) Industrial engines have not operated be¬ 
low 55 °K, and methods of lubrication are in question. (2) Erosion and 
plugging by solid nitrogen may take place. (3) Special design with ve¬ 
locities approaching the velocity of sound is required. The expansion 
engine would be more desirable for starting up and for its greater ef¬ 
ficiency. 

In view of the desirability of using expansion engines, operating tests 
were made with carbon-bakelite (Sythan) bearings at 20°K by the Na¬ 
tional Bureau of Standards. The results were not conclusive, but it was 
proved that the material still maintains bearing characteristics at this 
low temperature. 

3.3 Distillation. It was assumed that the bottom product would con¬ 
tain 45 mole % deuterium. This corresponds to 90 per cent HD and 10 
per cent H 2 . In view of the following equilibrium 

H 2 + D 2 — 2 HD 

the selection of this composition warrants explanation. The equilib¬ 
rium constant of this reaction in the gaseous state is 3.26 at 298°K and 
0.151 at 20.4°K. These values have been calculated by use of spectro¬ 
scopic data as discussed by Farkas (“Light and Heavy Hydrogen,” 
Cambridge University Press, London, 1935). 

Assuming that the feed has a D/H mole ratio of 1 to 7000 and is an 
equilibrium mixture at 298°K, it is calculated that only 0.0175 per cent 
of the deuterium present is in the D 2 form. Essentially aU the deute¬ 
rium is present as HD. As the temperature decreases and the concen¬ 
tration of deuterium increases in the column, it might be thought that 
the HD would yield D 2 , but the rate of the reaction must be considered. 
It is apparently very slow. This conclusion is based on the following 
statement of Farkas (“Light and Heavy Hydrogen," p. 189) and the sub¬ 
sequent data. “These two reactions [H(ortho) — H(para) and H 2 + D 2 
2HD] always show parallel behaviour when the temperature and the 
pressure are varied, the former being about three times faster." Kee- 
som, Bijl, and van der Horst [Proc. Koninkl. Akad. Wetenschap. Am¬ 
sterdam, 34: 1223 (1931)] observed that H 2 (para) increased 0.5 percent 
per hour in liquid hydrogen. On the average it would take 5 hr for any 
atom of deuterium to move through the distillation column. It can be 
seen then that the conversion of HD to D 2 in the column would be some¬ 
thing in the region of 1 per cent and can be neglected. In the cooling of 
the feed before it reaches the column, the high percentage of H 2 and the 
low contact time indicate only slight conversion in spite of greater rate 
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at higher temperature. It is assumed then that all deuterium is present 
as HD in the distillation bottoms. The use of a bottoms composition of 
90 per cent HD and 10 per cent H 2 is to make the separation easier 
R is of interest to note that an equilibrium mixture containing 45 
mole % deuterium at 20.4°K would contain 47 per cent H 2 , 16 per cent 
HD, and 37 per cent D 2 . It might be advisable to look for a column 

Table 4.4 — Column Calculation Results Vs. Pressure 


Pressure, atmospheres absolute 

1 

1.3 

2.0 

Average relative volatility, 

1.68 

1.62 

1.52 

Bottoms temp., °K 

22.1 

23.05 

25.2 

Minimum reflux 

1.11 

1.26 

1.51 

Minimum no. of plates 

24.5 

25 

28 

Reflux ratio 

1.5 

1.5 

2.0 

No. of theoretical plates 

32.5 

41.5 

43.0 


packing which would catalyze the conversion of HD to D 2 and H 2 . Use of 
such a packing in the bottom section of the separation would make the 
separation of hydrogen and deuterium easier by forming D 2 , which is 
less volatile than HD. It would also allow a bottoms of higher deute¬ 
rium concentration, therefore eliminating a part of the subsequent con¬ 
centration. 

The recovery has been taken at the conservative value of 90 per cent. 

As a result the top section is required to produce only a 10-fold change 
in concentration. 

The relative volatility of H 2 to HD versus pressure is presented in 
Table 4.1 and Fig. 4.1. Calculations are the normal two-component 
type. The results of calculations at 1, 1.3, and 2.0 atm are presented 
in Table 4.4. Although the relative volatility goes up with decrease of 
pressure and the separation becomes easier, requiring a shorter col¬ 
umn and less reflux, it was decided that the danger of air leaking into 
the apparatus at less than 1 atm was too great. To determine the col¬ 
umn height from the number of theoretical plates, it was necessary to 
assume a plate efficiency. Liquid hydrogen has a density about one- 
fourteenth that of water and a viscosity of one-seventieth of a centi- 
poise, but it boils normally without foaming, and it seemed that a nor¬ 
mal plate efficiency might be expected. The plate efficiency was taken 
as 67 per cent. 


4. COST OF PLANT AND OPERATION 

4.1 Development. The following costs are based on consideration of 
the primary plant alone. Research and development expenditures on 
this process to date are estimated as about $30,000. About $300,000 
would be required to complete a research and development program. 
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4.2 Construction and Material . The estimate for material and con¬ 
struction, exclusive of electrical facilities, of a plant to produce the 
equivalent of 2.4 tons of D 2 0 per month from 1,333,000 cu ft/hr of the 
hydrogen-nitrogen mixture is $12,650,000. Since the cycle can be im¬ 
proved, this figure can be rounded off at $12,000,000. This amounts to 
$5,000,000 per ton of D 2 0 per month. These costs were based on an 
expenditure of $325,000 for a 2700-hp compressor installed. This may 
have been excessive. At the present time a large number of compres¬ 
sors are available in the ammonia plants of idle ordnance works. The 
Du Pont estimates indicate that approximately one-third of the con¬ 
struction and material cost is the cost of compressors. A saving of ap¬ 
proximately 25 per cent of the investment might be expected by using 
these compressors. 

4.3 Operating Costs. The operating costs, exclusive of fixed charges, 
are estimated as follows: 


Steam at 30 cents/1000 lb $ 7,600 
Electricity at 0.5 cent/kw-hr 73,700 
Labor 30,000 

Total $111,300 


This is $46,000 per equivalent ton of D 2 0. 

Fixed charges at the rate of 20 per cent a year add $205,000 per 2.4 
tons to the operating costs, giving a total of $316,000. The total operat¬ 
ing costs per ton are $132,000. 

A secondary plant for 1 ton of D 2 0 per month would cost about 

$400,000, and operating costs would be relatively low, about $15 000 
per ton. * 


5. IMPROVEMENTS IN THE PROCESS 


As mentioned previously, the design on which the costs were based 
was altered considerably before the project was terminated. It was 
however, thought that the alterations would not greatly change the in¬ 
vestment or operating cost. A schematic diagram of the revised proc¬ 
ess is presented in Fig. 4.3. 

A pressure of 2 atm is used for the distillation since this allows the 
elimination of the heat-producing boosters in the return line. The sav¬ 
ing of heat by elimination of the boosters offsets the increased reflux 
refrigeration requirement. 


As pointed out by Thiele, the lower portion of the separation could be 
accomplishsd with considerably less overflow than is required in tSe 
eed re S lon - ** the new design the separation is effected in two col- 
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Fig. 4.3 — Revised flow diagram of hydrogen distillation. 





































HYDROGEN-DISTILLATION PROCESS 


97 


limns. The first has an 8 —ft diameter. It receives the feed consisting 
of 10 per cent liquid and yields a bottoms containing 2 mole % HD. 
There are 25 theoretical plates above the feed point and 23 below. It 
has its own calandria, which receives heat from the returning reflux. 
The small column is a stripping unit with 19 theoretical plates. Its 
overhead vapor returns to the large column. The small column has a 
30-sq ft calandria, which receives heat from a portion of the incoming 
feed before the feed reaches the Joule-Thomson nozzle. The use of two 
columns reduces the estimated time to come to equilibrium to 5 hr, and 
special storage facilities need not be provided for shutdowns. 

The heat-exchange and refrigeration arrangements have been al¬ 
tered. The Carrier unit is eliminated. The low-pressure gas cannot 
take up all the heat in the high-pressure gas, and the latter stream is 
split at two points. One portion gives up heat to the low-pressure gas; 
the other gives up heat to an auxiliary refrigeration system. One of 
these splits occurs at 150°K with 14.7 per cent of the incoming gas be¬ 
ing cooled to 92°K, and the second occurs at 61°K with 41.4 per cent 
being cooled to 46°K. In addition, a combination cycle is used. The 
vapor from the top of the column is split into two portions, one of which 
is the reflux. It passes countercurrent to a portion of the feed and com¬ 
pressed reflux and is mixed with the recycle gas of the refrigeration 
system. A portion of the compressed refrigeration gas after heat ex¬ 
change and expansion is sent back to the column as reflux. 

In the new design the feed is cooled to 46°K before expansion, as con¬ 
trasted with 37°K in the original plan. The lower temperature may be 
required to decrease the amount of solid nitrogen formed. Expansion 
engines have been placed in the auxiliary refrigeration cycle. This 
would allow less work or greater capacity. The engines might supply 
some of the energy for the compression. 

At the time the project was terminated, higher pressures in the re¬ 
frigeration cycle were under consideration. 

6. ADVANTAGES AND DISADVANTAGES 

The major advantage is the low operating costs of $46,000 per ton 
per month without fixed charges and $130,000 with fixed charges. An- 
oUier advantage is that a large amount of hydrogen is produced and 
could be processed for its deuterium. Furthermore, a recovery greater 
than 90 per cent might be obtained. This compares with a 43 per cent 
recovery at Trail, B. C. In addition, the time to come to equilibrium is 
only 5 hr. Still another advantage rests in the fact that the unused com¬ 
pressors in the ammonia plants of ordnance works could be applied in 
the process. ^ 111 

™. e almost “evitable presence of nitrogen in the feed and its solidi¬ 
fication introduce design and operating problems. Another major disad- 
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vantage is the necessity of avoiding isotopic exchange or its effect in 
the preparation of the feed. The maintenance of large-scale apparatus 
at such a low temperature may also be considered a disadvantage. 
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Chapter 5 


MISCELLANEOUS PROCESSES FOR THE ISOLATION OF 

HEAVY WATER 

1. SEPARATING-AGENT PROCESSES 

Consideration of the use of liquid-liquid extraction, extractive distil¬ 
lation, and azeotropic distillation for separating deuterium from water 
was initiated in February 1943. As a preliminary step, about 25 or¬ 
ganic liquids, including representatives of most of the classes of or¬ 
ganic and substituted organic compounds, were tested for their solu¬ 
bility in H 2 0 and D z O. Only triethylamine showed a marked difference. 
It appears as though it could be used for azeotropic distillation or sol¬ 
vent extraction. The ratios of the molar solubilities of H 2 0 and D 2 0 in 
triethylamine were 1.42 at 25°C and 1.35 at 40°C. Since this difference 
in solubility opposes the natural difference in volatility of the sub¬ 
stances, azeotropic distillation seemed less attractive than solvent ex¬ 
traction. Batch extraction tests, however, revealed that the separation 
factor with water containing 1.8 per cent D 2 0 was 1.007 at 20°C and 
1.004 at 35°C. Meanwhile a semiworks unit had been built which sub¬ 
sequently confirmed these tests by showing that no appreciable separa¬ 
tion was obtained by solvent extraction. The following organizations 
were involved in this work: University of Delaware, A. P. Colburn, 
consultant; Columbia University, solubility data and analyses were run 
by the Columbia group, directed by H. C. Urey and R. H. Crist; Massa¬ 
chusetts Institute of Technology, this group, under G. Scatchard, de¬ 
termined solubility data; and E. I. du Pont de Nemours & Co., Inc., 
H. C. Carlson determined the liquid-liquid distribution. A semiworks 
unit was built and operated at Belle, W. Va., under the direction of 
V. R. Thayer, R. J. Christl, and W. P. Bebbington. 

Triethylamine solvent in azeotropic distillation might give a separa¬ 
tion somewhat easier than water distillation, but the additional opera¬ 
tions of solvent recovery make this economically unattractive. Although 
an exhausting search might reveal a more suitable separating agent 
than triethylamine, the probability of finding a really good substance is 


99 



100 


PRODUCTION OF HEAVY WATER 


not great enough to warrant a research program. The program was 
discontinued in September 1943. 

1.1 Description. The semiworks unit designed and operated by the 
Du Pont company to test the feasibility of solvent extraction receives 
filtered water, cooled to 20°C in an ammonia-jacketed exchanger. This 
water is fed to the top of an extraction column 6 in. in diameter con¬ 
taining 10 sieve plates with V 8 -in. perforations on 5 / 1G -in. centers! The 
triethylamine, cooled to 20°C in an ammonia-cooled exchanger, is fed 
to the base of the column. The extract or amine phase, which was ex¬ 
pected to contain less deuterium than the feed, leaves the top of the 
column and is heated to 75°C. At this temperature it separates into two 
layers. These two layers are separated by decanting, and the aqueous 
layer passes to the top of an 18-ft column which has a 4-in. diameter 
and is packed with V 2 -in. Raschig rings. The vapor from this column 
containing the amine is condensed and returned to the decanter. The 
amine-free bottom product is discarded. The amine layer from the de¬ 
canter is fed to the top of an 18-ft stripping tower which has a 6-in. 
diameter and is packed with V 2 -in. rings. The overhead is condensed 
and is passed to the decanter. The anhydrous amine from the base is 
cooled and pumped to the bottom of the extraction column. The raffi¬ 
nate is continuously redissolved in this returning anhydrous amine in a 
cooler and is returned to the base of the column. If a separation of 
deuterium were obtained, the raffinate would be more concentrated than 
the water feed. 

1.2 Data for Design. As mentioned previously, 25 organic liquids 
were investigated. The solubilities of H 2 0 and D 2 0 in these were de¬ 
termined. If the activity coefficients of both components did not change 
with composition, the separation factor of the H 2 0-D 2 0 separation could 
be obtained from such solubility data. This separation factor would not 
apply to the actual separation, which is between H 2 0 and HDO. If an 
analogy with relative volatility exists, the separation factor, even with 
no change of activity coefficients, would be equal to the square root of 
the ratios of molar solubilities of H 2 0 and D 2 0, giving 1.18 at 25°C and 
1.16 at 40°C for triethylamine. Carlsons actual separation factor of 
1.007 at 25°C and the Columbia value of 1.04 indicate that the activity 
coefficients do change with composition. 

A relative volatility of 1.08 was obtained in equilibrium still tests 
for triethylamine. This is large compared with the 1.026 value obtained 
without the solvent, but the solubilities of H 2 0 and D 2 0 are so low that 
large amounts of triethylamine would have to be handled. 

2. AMMONIA-HYDROGEN-WATER EXCHANGE PROCESS 

Two catalytic-exchange processes employing ammonia were con¬ 
sidered as means for concentrating deuterium. They may be designated 
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Fig. 5.1—Schematic flow sheet for NH a -H a -H a O exchange process. 

as the NH s -H 2 -H 2 0 process and the NH 3 -H 2 process. The NH S -H 2 -H 2 0 
process will be treated here. This process, shown in Fig. 5.1, utilizes 
three exchange mechanisms to strip the deuterium from water. In 
principle the water is partly stripped of its deuterium by the catalytic- 
exchange reaction 

HDCXgas) + H 2 (gas) ^ H 2 0(gas) + HD(gas) 

This is accomplished by passing hydrogen countercurrent to a deu¬ 
terium-rich water stream in a tower. The hydrogen stream leaving 
this tower is then passed countercurrent to an ammonia stream, which 
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strips the deuterium from the hydrogen and concentrates it in the NH 
as NH 2 D. This ammonia is then sent countercurrent to water contain¬ 
ing a natural abundance of deuterium. The deuterium is concentrated 
in the water, and a portion of it is withdrawn as concentrated material 
to be used as feed for the succeeding stages. Suitable NH 3 stripping 
and rectifying equipment is an integral part of this equipment. Three 
main towers are used plus an auxiliary scrubbing tower. The water- 
hydrogen tower uses catalytic exchange and absorption similar to those 
used at Trail, B. C. In the hydrogen-ammonia tower catalytic exchange 
and absorption are also combined. In the water-ammonia tower non- 
catalytic exchange is responsible for the concentration. It was esti¬ 
mated that 30 to 40 per cent recovery of the D 2 0 was possible with this 
process. It was proposed that the entire system would operate at about 
40 atm pressure and at temperatures from 50 to 213°C. The process 
was studied by H. C. Vernon, J. Spevack, G. F. Quinn, and others work¬ 
ing under H. C. Urey at Columbia University. This system appeared 
uneconomical and was tabled in December 1942 in order to allow con¬ 
centration on more attractive processes. 

2.1 Description of Process. A detailed diagram of the design for 
the first stage is presented in Fig. 5.2. The entering feed is natural 
water, which exchanges with ammonia rich in NH 2 D in an ordinary 
bubble-plate column. The isotopic exchange portion of this column 
takes 97 theoretical plates for a fivefold concentration increase per 
stage. The top of this column is a 13-theoretical-plate ammonia-en¬ 
riching distillation section, and the bottom is a 13-theoretical-plate 
water-stripping section. The total height is 350 ft, and the diameter is 
10 ft. The enriched water is tapped for product drawoff, and the re¬ 
mainder goes to a water-hydrogen isotopic exchange tower, which 
strips the deuterium from the water stream at 213°C and 40 atm. This 
separation would require 30 sections, each consisting of one catalyst 
bed (platinum or nickel-chromium) and six plates of 50 per cent effi¬ 
ciency. The over-all height is 400 ft, and the diameter is 22 ft. It re¬ 
ceives humidified recycle hydrogen. The enriched hydrogen passes 
through a dehumidifier to the ammonia-hydrogen exchange tower, which 
operates at about 50°C and 40 atm and has 45 sections, each consisting 
of one nickel-chromium oxide catalyst bed and six plates of 50 per 
cent efficiency. The over-all height is 600 ft, and the diameter is 20 ft. 
The top hydrogen stream goes to a scrubber at 60°C, which removes 
ammonia before the hydrogen is recycled. The scrubber height is 45 ft, 
and the diameter is 16 ft. The water fed to the system is used for 
scrubbing. The liquid ammonia from the bottom of the ammonia-hy¬ 
drogen tower passes to the ammonia-water exchange tower and is 
vaporized. It is condensed at the top of this tower and is cycled to the 
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Fig. 5.2—Detailed £low sheet for NH s -H a -H 2 0 exchange process 
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top of the ammonia-hydrogen column. The total heating surface was 
estimated as 488,000 sq ft. 

2.2 Development and Design . The data for the water-hydrogen ex¬ 
change have been presented in Chap. 2, Table 2.1. Theoretical calcula¬ 
tions for the reaction 

NH 3 (gas) + HD(gas) ^ NH 2 D(gas) + H 2 (gas) 

give the equilibrium constants and the separation factors which are 
presented in Table 5.1. They were checked by experiments. From 
these the factors for the reaction 


NH 3 (liquid) + HD(gas) NH 2 D(liquid) + H 2 (gas) 


were obtained and are presented in Table 5.2. Data on the equilibrium 
constant of the isotopic exchange 

H 2 0(liquid) + NH 2 D(gas) HDO(liquid) + NH 3 (gas) 


are presented in Table 5.3. Data on the absorption-plate and catalyst 
efficiencies were not available. It was assumed that enough catalyst 
would be provided to give 100 per cent conversion. A plate efficiency 
of 50 per cent was assumed, and six plates were used for every cata¬ 
lyst pass. 

Ammonia-water equilibrium data were obtained by extrapolation of 
data of B. H. Jennings and F. P. Shannon (Refrig. Eng., May 1938). 
Enthalpy data can be obtained from J. H. Keenan and F. G. Keyes’s 
steam tables and J. H. Perry’s “Chemical Engineers’ Handbook.” The 
thesis of I. Kirshenbaum gives the relative volatility of NH 2 D to NH 3 . 
The relative volatility of HDO to H 2 0 was obtained from J. R. Bates, 
J. O. Halford, and L. C. Anderson [J. Chem. Phys., 3: 531 (1935)]. 
Negligible solubility of hydrogen in water and ammonia was assumed. 

The theoretical maximum percentage of recovery for the system is 


Maximum % recovery = 



KiKiA 
K III ' 


100 


where K = equilibrium constant 

I = exchange from liquid water to hydrogen 
II = exchange from ammonia to water 
IH = exchange from hydrogen to ammonia 

This expression can be derived if the assumption is made that the 
liquid and vapor are in equilibrium at the feed cross section, at the 
of the ammonia-hydrogen exchange tower, and at the waste outlet. e 
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Table 5.1 — Equilibrium Constant of the Reaction 
NHj(gas) + HD(gas) == NH 2 D{gas) + H 2 (gas) 


Temp., 

°C 

K 

Alpha 

0 

6.85 

4.37 

25 

5.83 

3.89 

100 

4.10 

2.73 


•Alpha (a), the separation factor, is the deu¬ 
terium to hydrogen ratio in the liquid phase di¬ 
vided by the deuterium to hydrogen ratio in the 
gas phase. 


Table 5.2—Equilibrium Constant of the Reaction 
NHj(liquid) + HD(gas) — NH 2 D(liquid) + H 2 (gas) 


Temp. 


°C 

K 

Alpha 

0 

7.01 

4.67 

25 

5.90 

3.93 

100 

4.05 

2.70 


•Alpha (or), the separation factor, is the deu¬ 
terium to hydrogen ratio in the liquid phase di¬ 
vided by the deuterium to hydrogen ratio in the 
gas phase. 


Table 5.3 — Equilibrium Constant of the Reaction 


H 2 0<liquid) + NH 2 D(gas) 

Temp., 

°C 

0 

25 

50 

100 

150 

200 

250 

300 

350 

400 

500 


HDO(liquid) + NHj(gas) 


K 

1.64 

1.61 

1.59 

1.56 

1.54 

1.52 

1.51 

1.50 

1.49 

1.49 

1.49 


* From the data of W. Stockmayer 
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actual recovery in the design calculation was assumed to be 32 per 
cent. Economic balances on this and other factors were not made. The 
values given below were selected on the basis of “reasonableness.” 

A fivefold concentration increase per stage was assumed. Only the 
first stage was calculated. Efficient catalyst operation in the NH 3 -H 2 
exchange tower required a temperature not less than 50°C. Various 
pressures were tried; operation at a humidity of 1 to 1 is obtained at 
40 atm. Forty-five sections are required, and these conditions appear 
most reasonable. Calculation of the number of sections required can 
be carried out graphically by a method exactly like that for the water- 
hydrogen exchange as explained in Chap. 2 with NH 3 in place of H 2 0 and 
NH 2 D for HDO. The 40-atm pressure determined for this tower is also 
the pressure of the other two towers in the stage. 

The ammonia-water exchange tower presents an unusual calculation. 
The exchange section lies between the stripping and rectification sec¬ 
tions. The ammonia-water separation is readily obtained, and there¬ 
fore the entire exchange section, in effect, is at a minimum reflux pitch 
with respect to the ammonia-water separation, i.e., the exchange takes 
place at a point on the ammonia-water equilibrium line. This point may 
be shifted by design. It was found that, at 30 per cent ammonia con¬ 
centration in the liquid, the number of theoretical plates for the ex¬ 
change section of this tower was at a minimum value of 97. 

The number of sections required for the H 2 -H 2 0 exchange was calcu¬ 
lated as 30 by the graphical method of H. C. Carlson and J. O. Maloney. 
Since the hydrogen is stripping the water, the absorption-equilibrium 
line lies above the catalytic-equilibrium line. Again a humidity of 1 to 
1 appeared to be reasonable since lower humidities increase the num¬ 
ber of sections and higher humidities cause increases in tower diame¬ 
ter and in heating and condenser requirements. No development work 
was done. 


3. AMMONIA-HYDROGEN EXCHANGE PROCESS 

This process was considered for concentration of water from 2 eq. 
mole % D 2 0 to 90 per cent. The HDO solution is exchanged in a tower 
with ammonia. The liquid ammonia enters the top of a catalytic ex¬ 
change tower and flows countercurrent to a hydrogen and nitrogen 
stream. Some of the enriched ammonia from the base of the tower is 
decomposed, thereby providing hydrogen and nitrogen gas for the ex¬ 
change reaction in addition to that coming from the succeeding stages. 
The undecomposed liquid ammonia passes to the top of the tower of the 
next stage. The design called for three stages. The pressure of the 
NH 3 -H 2 exchange operation is 90 atm. This results in a large equip¬ 
ment expenditure which, together with the cost of the ammonia con¬ 
sumed, makes the process uneconomical. 
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Description and Design. An incomplete consideration of the process 
by the Columbia group assumed infinite stripping between the catalyst 
beds and used equations for the design of cascades for the concentra¬ 
tion of deuterium which were developed by I. Kaplan and K. Cohen. The 
nickel -chromium oxide catalyst requires a temperature of 75°C for 
the operation. This fixes the pressure at 90 atm. The recovery was 
set as 50 per cent. The theoretical calculations indicated use of a ratio 
of NH 3 /H 2 of about 3 to 2 and three cascades of about six sections each. 
The initial water-ammonia exchange would take place at 125°C and 22 
atm in a tower having 28 transfer units. 


4. MERCAPTAN PROCESS 

The mercaptans were investigated, and isopropyl mercaptan was 
found to be suitable as an exchange agent with water. It is chemically 


Table 5.4—Fractionation Factor, Alpha, for 
Isopropyl Mercaptan and Water Exchange 


Temp., 

°K 

Alpha 

273.1 

2.19 

300.0 

2.02 

318.1 

2.00 

333.5 

1.82 

343.1 

1.82 

353.5 

1.75 

368.3 

1.77 


♦Alpha (a) is the deuterium to hydrogen 
ratio in the liquid phase divided by the deu¬ 
terium to hydrogen ratio in the gas phase. 


stable, and its chemical and physical properties are such that conven¬ 
tional equipment may be used. The separation factor is suitable, as 
shown in Table 5.4. Use of an alkali solution of the mercaptan was 
contemplated to avoid corrosion. This would introduce either a con¬ 
siderable expenditure for make-up alkali or for its recovery. 

Other mercaptans were considered, but, with the exception of thio- 
phenol, the exchanges with water are too slow for application. In the 
case of thiophenol the value of the equilibrium constant is too small for 
application. 


5. CYCLOHEXANE-BENZENE-HYDROGEN PROCESS 

Hydrocarbons undergo isotopic exchange. Cyclohexane in the pres¬ 
ence of platinized platinum foil shows half periods from 51 hr to 9 min 
between 15 and 98°C. The reaction 
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CgHg + 3H 2 — CgH 12 

changes from hydrogenation to dehydrogenation over the interval 100 to 
300°C. The proposed process was to consist of an exchange reaction, 
at 100 to 200°C, of cyclohexane with a hydrogen source in an exchange- 
absorption tower, with the deuterium concentrating in the cyclohexane. 
This would be followed by a catalytic dehydrogenation of the cyclohex¬ 
ane at 300 to 350°C, which should yield hydrogen having a deuterium 
concentration in excess of normal. The benzene produced by dehydro¬ 
genation would be used to make cyclohexane for the exchange reaction. 

Experiments by the Princeton group, directed by H. S. Taylor, indi¬ 
cated a separation factor of 2.32 at 184°C, i.e., the ratio of D/H in the 
hydrocarbon divided by D/H in the hydrogen. The catalyst seemed to 
be poisoned with time by the cyclohexane. The fractionation-factor 
ratio D/H of hydrogen divided by that of benzene for the cyclohexane 
dehydrogenation was found to be 1.35 to 1.30 at 300 to 350°C. A nickel 
catalyst is not suitable for this reaction because side reactions produce 
methane, propane, and carbon. No suitable catalyst was found in the 
incomplete search. 

A preliminary analysis of the principal characteristics of a plant for 
this process was made by J. H. Chapin and coworkers, directed by 
H. C. Urey, at Columbia. 

The remainder of this discussion is a direct quotation from J. H. 
Chapin in SAM Report A-501, Jan. 5, 1943. 

The following assumptions were made: 

1. The source of deuterium is pure hydrogen of concentration H/D = 7000. 

2. There are three stages, each producing a 5.1-fold concentration (133-fold 
over-all). Total production is to be 5 tons of D 2 Oper month as 2 percent solution. 

3. Operating pressure is to be approximately 15 atm, the temperature, 150 
and 300°C for the cold and hot exchanges. 

4. A suitable fixed catalyst can be developed for the hydrogenation of benzene 
at 150°C. 

5. A suitable fixed catalyst which will not form methylcyclopentane, methane, 
etc., can be developed for the high-temperature exchange and dehydrogenation. 

6. For the high-temperature exchange and dehydrogenation three gas-phase 
contactors will be used in series with appropriate heat exchangers. 

The following summary of material flows and approximate amount of heat- 
exchange surface required indicates the order of magnitude of the plant. No 
nickel, copper, or aluminum is required unless in the catalysts, the amount of 
which to be used is unknown at present. Figures given are totals for all three 
stages (concentration factor, 133; output concentration, 1.9 mole % deuterium): 


Hydrogen to be treated, cu ft/hr 3.7 x 10 6 

Benzene circulating, lb/hr 330,000 

Process steam (150 lb/sq in.), lb/hr 130,000 

Heat exchange, sq ft 250,000 
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A means of supplying the heat of dehydrogenation of the cyclohexane at 300°C 
is required. It was assumed that a Dowtherm boiler operating at 135 lb/sq in. 
gauge would be used. About 1,700,000 lb/hr of Dowtherm will be vaporized and 
condensed. 

Considerably more investigation of catalysts and possible operating conditions 
is required before an accurate evaluation of this process can be made. Because 
of the relatively large hydrogen supply required, the uncertain validity of the 
several necessary assumptions made, the necessity of using large Dowtherm or 
mercury boilers, and the comparative complexity of the process, we conclude 
that it does not warrant further investigation at the present time. 


6. ELECTROLYTIC PROCESS 

Use of the electrolytic process for the entire concentration would be 
economical only if the power cost were very low. Electrolytic opera¬ 
tion has been discussed in Chaps. 2 and 3 since it is used for secondary 
concentration at Trail, B. C., and Morgantown, W. Va. The fractiona¬ 
tion factors of 7 and 8 obtained in the secondary plants at Morgantown 
and Trail were obtained with cells having no diaphragms. Such cells 
would not be suitable for the first-stage production of hydrogen. Until 
further experience is available, it is necessary to assume use of dia¬ 
phragm cells in the first stage with a fractionation factor of 3. Two 
additional continuous countercurrent stages having fractionation factors 
of 8 would be required to produce a solution of the concentration ob¬ 
tained from the primary plant at Trail. The deuterium would have to 
pay for the electrical consumption of the second and third stages. This 
will be high compared to the consumption of the secondary plant. It ap¬ 
pears that the process would be uneconomical in the United States un¬ 
less cells of the first stage can operate with a considerably higher 
fractionation factor. 
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Chapter 6 


INTRODUCTION TO PART H 
By Harold C. Urey 


In the selection of methods for the investigation of hydrogen-isotope 
separation, certain general conclusions could be drawn from past ex¬ 
perience with the problem of isotope separation as it had developed 
during the previous twenty-five years. In one way or another five gen¬ 
eral methods for the separation of isotopes have been developed; these 
are the diffusion of gases through porous membranes, thermal diffusion, 
the high-speed centrifuge, electrolytic methods, and chemical methods. 
The latter includes simple methods, such as distillation, as well as the 
more complex chemical-exchange methods. When work on the problem 
was begun, the electromagnetic method was not considered because all 
evidence at that time indicated that the ion currents that could be ob¬ 
tained were entirely too small to make this method attractive in any 
case. Even after the Manhattan Project had developed the electromag¬ 
netic method for the separation of U 235 , it still seemed probable that this 
method could not possibly be adapted to the separation of the hydrogen 
isotopes in competition with other methods. The diffusion of gases, ther¬ 
mal diffusion, and centrifugal methods all require substantial amounts 
of power for their operation and, compared with the chemical methods, 
are more difficult to operate. Early in the work the decision was 
reached (and in the light of subsequent experience there seems to be no 
reason to change it) that the chemical and electrolytic methods for the 
separation of the hydrogen isotopes are so much more effective that no 
consideration need be given to the other methods. 

The size of apparatus required to transport a given amount of an iso¬ 
tope in a cascade apparatus is approximately inversely proportional to 
the natural concentration of the isotope. In the case of deuterium this 
natural concentration is approximately 1 in 7000. This makes the pro¬ 
duction of heavy hydrogen in large quantities an expensive matter com¬ 
pared with the separation of other substances having equal fractionation 
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factors for the simple elementary processes used. It is inevitable that 
the concentration of such a rare substance will be relatively expensive. 

Fractionation factors for the chemical separation of deuterium vary 
from values that are close to 1 to values in the neighborhood of 4. Sim¬ 
ple processes, such as the distillation of ordinary substances containing 
deuterium, show fractionation factors of as much as 1.1 in the most 
favorable cases. In the case of water this fractionation factor is about 
1.025 at the boiling point. Only in the case of liquid hydrogen do we find 
fractionation factors that are quite large. Nevertheless, the simplicity 
and convenience of distilling ordinary substances in the neighborhood of 
ordinary temperatures is so great that it is not possible to exclude such 
distillation methods at the very beginning. Accordingly the distillation 
of water was soon considered as a possible method of separating these 
isotopes. In estimating the effectiveness of the distillation of liquid 
hydrogen, one is faced with the important difficulty of carrying out this 
distillation at very low temperatures. Hydrogen must be liquefied and 
distilled in a carefully insulated apparatus, and it is necessary to use 
efficient heat exchangers to avoid large production costs. It was not 
possible at the beginning to conclude that this was not a good method. 

Exchange methods are known in which the difference in equilibrium 
constants is depended upon for exchange reactions in which a deuterium 
atom and a hydrogen atom exchange their positions between two chemi¬ 
cal compounds and for which the equilibrium constants are very favor¬ 
able. In the case of such reactions it is necessary to obtain a rapid ex¬ 
change of the deuterium between the two chemical compounds. There 
must be a favorable equilibrium constant for the exchange reaction, and, 
in order to set up an apparatus similar to a distillation apparatus, an 
exchange reaction is needed in which one compound is predominantly in 
the liquid phase and the other predominantly in the gaseous phase. Fi¬ 
nally, it is necessary to have convenient methods for converting one 
chemical compound to the other at that end of the cascade apparatus at 
which the desired isotope is concentrated. In the case of the exchange 
of deuterium and hydrogen between hydrogen gas and water, the deute¬ 
rium is concentrated in the liquid phase, and hence reflux must be ob¬ 
tained by converting water quantitatively to hydrogen gas. Any method 
for converting water to hydrogen conveniently and without loss will be 
satisfactory. Since the exchange reaction is very slow, it is necessary 
to use catalysts to promote this exchange. The fractionation constant is 
favorable, varying from 4.19 at 0°C to 2.63 at 100°C. 

In early considerations of these methods the exchange between hydro¬ 
gen and water was regarded as being of first importance. It was hoped 
that use could be made of commercial methods of producing hydrogen 
from water for this work. In this case it would be necessary only to 
supply a cascade system into which feed water would flow and, after 
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contact with hydrogen, would be fed to the production units in which hy¬ 
drogen would be produced. The hydrogen so produced would be fed back 
to the countercurrent contacting apparatus, where it would make suit¬ 
able contact with the inflowing water. The industrial methods used for 
producing hydrogen would themselves furnish the reflux mechanism; 
therefore the construction and operation of the reflux process would not 
add to the cost of heavy water. In the beginning various processes in 
which water is converted to hydrogen were considered, e.g., the gen¬ 
eration of hydrogen from coke and water and the production of hydrogen 
by electrolytic means. The latter method was not considered enthusias¬ 
tically at first because electrolytic cells, as they exist in industry, con¬ 
tain very substantial amounts of water, and hence the total amount of 
working material in the separation system would be very large. This 
would make it necessary to use long periods of time to bring the con¬ 
centration of deuterium to large values because of the necessity of con¬ 
centrating all the water in the working system before any material could 
be withdrawn. 

Further studies showed the catalysts that were developed to be poi¬ 
soned by very small traces of carbon monoxide and carbon dioxide. 
This made the use of coke hydrogen impractical since it is not possible 
to remove the last traces of these gases without great difficulty. Also, 
modification of existing plants for use in the production of deuterium 
would have been troublesome and fairly extensive owing to the fact that 
the water used to cool the gases coming from the converters exchanged 
with the hydrogen produced in those converters, and hence valuable deu¬ 
terium was washed away and lost from the system. The hydrogen pro¬ 
duced from our commercial water-gas converters contains less than the 
normal amount of deuterium by a substantial amount; thus a very seri¬ 
ous loss in production would have been encountered. In view of this the 
hydrogen-water exchange plant for the production of deuterium made 
use of electrolytic hydrogen even though the starting-up time was very 
long and seriously interfered with the use of heavy water in the war 
effort. The Consolidated Mining and Smelting Company of Canada Lim¬ 
ited (Cominco), at Trail, B. C., was selected since it has the largest 
source of electrolytic hydrogen in North America. 


The first efforts toward the use of the hydrogen-water exchange were 
directed to a countercurrent system in which liquid water flowed over 
the surface of a catalyst and gaseous hydrogen flowed countercurrent to 
it The rate of exchange was found to be slow, and the experimental data 
indicated that it was diffusion controlled. It would have been necessary 
to have used hydrogen under high pressure to obtain an adequate rate of 
exchange if, indeed, that had been possible. At this time H. S. Tavlor 
iscovered that the rate of exchange between hydrogen gas and water 
vapor was very much more rapid than the exchange between hyd^gen 
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gas and liquid water. Frank T. Barr, of the Standard Oil Development 
Co., invented a countercurrent system in which a hydrogen-water vapor 
mixture was brought to equilibrium with liquid water with respect to the 
deuterium content in the water and was then passed over a catalyst in 
which the water vapor and hydrogen were brought to equilibrium with 
respect to their deuterium content. This mixture was again equilibrated 
with water, and the process was repeated. The water flowed counter- 
current to the hydrogen-water vapor stream, and all the effects of a 
countercurrent system were obtained. It was this method that was used 
in the production of heavy water at the Cominco plant. 

Because of the need for speed in obtaining quantities of heavy water, 
E. I. du Pont de Nemours & Co., Inc., built plants for the fractional dis¬ 
tillation of water. This method had been investigated earlier by T. H. 
Chilton, of Du Pont, and the cost figures were not favorable compared 
with those of the exchange method; however, the method did make pos¬ 
sible the production of heavy water in substantial quantities with a mini¬ 
mum of development effort. 


The distillation of liquid hydrogen was later investigated by the Du 
Pont company and by H. L. Johnston, of Ohio State University, but in¬ 
sufficient data prevented the building of large-scale plants. 

The electrolytic method had been used almost exclusively for the 
commercial production of heavy water previous to this work. It is 
easily shown that the method is not attractive for large-scale produc¬ 
tion when natural water is used as the starting material. All previous 
production of heavy water, at least in this country, used water that had 
been previously concentrated by electrolytic cells in the course of pro¬ 
ducing hydrogen as a source of raw material for further concentration 
of deuterium in special electrolytic cells operated for this purpose. 
This method was used to produce the final concentrated heavy water 
from lower concentrates produced by other methods. Since, as stated 
before, the size of apparatus required to produce a fixed amount of 
product at a certain desired concentration is inversely proportional to 
the concentration in the feed, it is easily seen that a relatively expen¬ 
sive method maybe used for the final concentration even though it would 
be prohibitively costly for the initial concentrations. 

The exchange reaction which was given the most attention was that 
between hydrogen and water. It is undoubtedly true that there are other 
exchange reactions that were not considered and that might be feasible. 
Somewhere in the entire chemistry of hydrogen and deuterium com¬ 
pounds more favorable exchange reactions may yet be found. 

There are many points at which further studies could be made and at 
which a reconsideration of these studies would be desirable. If high- 
pressure sources of hydrogen are available, the liquid water—gaseous 
hydrogen exchange should be reconsidered, and further experimental 
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work should be done on the catalysts that might be used in such a 
process. 

In the study of the distillation of water, A. P. Colburn suggested that 
the distillation of mixtures of water with organic liquids might result in 
increased fractionation factors over that for the distillation of pure 
water. The data which have been presented show that this results in a 
decreased fractionation of hydrogen and deuterium in all cases. In 
every case the addition of an organic liquid had the effect of making the 
deuterium-containing water relatively more volatile than it is from pure 
water. The change in volatility was in some cases fairly large, but it 
was never large enough to make the use of any system more advanta¬ 
geous than the use of the distillation of water itself. It may be, however, 
that there is a water solution or a water-containing complex in which 
the fractionation factor is substantially larger than it is in water. This 
would present a more favorable method of concentration than any stud¬ 
ied so far. 



Chapter 7 


DISTILLATION OF WATER 
By Maxwell L. Eidinoff 

1. INTRODUCTION 

The general difficulty in separating by ordinary distillation mixtures 
of liquids boiling only a few degrees apart has resulted in the develop¬ 
ment of a modified method of separation. It has been found that the 
separation of two or more liquids can sometimes be greatly facilitated 
by the use of an additional component, the separating agent. The great 
success achieved in the industrial application of this method to various 
liquid mixtures led to the suggestion by A. P. Colburn and H. C. Carl¬ 
son that a suitable separating agent might be found that would increase 
the relative volatility in the H 2 0-HD0 system. The use of a suitable 
separating agent, compared with the use of ordinary distillation, would 
be expected to result in increased deuterium recovery and in decreased 
plant costs. 

The possibility of finding a suitable agent was considered fair be¬ 
cause considerable differences in the solubility of D 2 0 and H 2 0 in such 
organic solvents as n-butyric acid, isobutyric acid, phenol, triethyl- 
amine, and picoline had been reported in the literature. 1 Some of the 
solvents named are not suitable because they contain exchangeable hy¬ 
drogen atoms. It was pointed out by Colburn 2 that the vapor-pressure 
ratios of H z O and HDO in the presence of organic liquids may be pre¬ 
dicted from measurements of the ratios of the solubility of H 2 0 and 
HDO in these liquids. Solubility data were accordingly obtained on a 
large number of organic solvents which do not have exchangeable hy¬ 
drogens. A more extensive study was made of the triethylamine-water 
system, including vapor-liquid equilibriums using H z O and D 2 0 and ex¬ 
ploratory liquid-liquid deuterium-distribution ratios. 

A satisfactory separating agent was not found. 

The principles involved in the utilization of a separating agent have 
been considered by Colburn, 2 and it is essentially his treatment that is 
summarized in the following section. 
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The experimental work, dealing principally with solubility measure¬ 
ments, was performed at Columbia University and at the Massachusetts 
Institute of Technology under the supervision of G. Scatchard, C. A. 
Hutchison, and A. M. Lyon. The experimental work at Columbia Uni¬ 
versity was performed by C. A. Hutchison and A. M. Lyon with the as¬ 
sistance of H. Wettingfeld, Jr., C. A. Judson, W. C. Zmachinsky, and 
R. K. Eberts. The experimental work at the Massachusetts Institute of 
Technology was done by R. M. Bridgforth, Jr., and E. L. Sheffield. 
R. H. Crist, A. P. Colburn, I. Kirshenbaum, and P. W. Schutz helped 
plan the work and set up research programs. 

The context of this chapter is based upon the reports listed in the 
reference section and, in addition, upon private communications from 
A. M. Lyon and I. Kirshenbaum. 


2. GENERAL PRINCIPLES 


2.1 Introduction. There are three principal methods of employing 
separating agents. 2 All the methods have a feature in common, namely, 
the utilization of one of the phases as a liquid in which the separating 
agent is the concentrated component. These methods are as follows: 

1. Countercurrent contacting between two liquid phases. This proce¬ 
dure is commonly called “extraction.” 

2. Countercurrent contacting between vapor and liquid with the sepa¬ 
rating agent having a boiling point considerably above that of the liquid 
mixture. The separating agent leaves the column in the bottom stream. 
This method is usually called “extractive distillation.” 

3. Countercurrent contacting between vapor and liquid with the sepa¬ 
rating agent having a boiling point below that of the liquid mixture. The 
separating agent leaves the column in the vapor stream. This method 
is commonly referred to as “azeotropic distillation.” 

The application of these three methods to the separation of HDO and 
H 2 0 has been considered in detail by Colburn. 2 


2.2 Countercurrent Contacting between Two Liquid Phases (Liquid- 
Liquid Extraction). There are two possible arrangements for a unit 
using liquid-liquid extraction, depending upon whether the HDO or the 
H 2 0 has the greater partial vapor pressure above the separating-agent 
layer. Flow sheets for both cases are shown in Figs. 7.1 and 7.2. These 
have been drawn for the case in which the separating agent is heavier 
than water. The only change needed when the agent is lighter than water 
is the inversion of the extraction tower. 


In Fig. 7.1 the separating agent enters at the top of the tower and be¬ 
comes saturated with product, thereby greatly reducing, the amount of 
product leaving the top of the tower over the amount that passes up the 
tower. The small-capacity distillation column at the right removes the 
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PROOUCT AND 



WASTE PRODUCT 


Fig. 7.1 —Liquid-liquid extraction unit (HDO more volatile out of agent). 

dissolved separating agent from the product stream. The large-ca¬ 
pacity distillation column removes the waste liquid from the agent 
stream. In Fig. 7.2 the feed is at the top instead of at the bottom of the 
extraction column and is advantageously mixed with the separating 
agent to saturate it before entering the tower. In this system the prod¬ 
uct is refluxed to the extraction column. 

The size of the extraction apparatus is largely dependent upon the 
value of the relative distribution factor, /3, defined in Sec. 2.5. The 
methods of calculating the number of stages, reflux ratio, and ratio of 
separating agent to feed are illustrated by Varteressian and Fenske 
and by Maloney and Schubert. 4 The size and heat loads in the distilla¬ 
tion columns are not great inasmuch as the relative volatility is always 
high for the miscible region of systems showing partial miscibility. 
For this reason the boiling point of the agent is relatively unimportant 
in this process and can be lower or higher than the boiling point o 

water. 

2.3 Extractive Distillation. The two arrangements (HDO as the 
more volatile and as the less volatile component) of a unit using the 
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WASTE AND 



PRODUCT WASTE 


Fig. 7.2 — Liquid-liquid extraction unit (HjO more volatile out of agent). 

principle of extractive distillation are shown in Figs. 7.3 and 7.4. When 
HDO is the more volatile component (Fig. 7.3), the extractive-distilla¬ 
tion column is only an enriching column, there being no need to strip 
HDO out of the waste because of the availability of the feed. The latter 
maybe introduced directly as a vapor feed without requiring a reboiler. 
If the agent is added several plates down from the top of the column, 
these plates will serve to remove the agent from the overhead vapor 
stream, and the product can be removed directly from below the con¬ 
denser. 

If, on the other hand, H 2 0 is the more volatile component, the feed is 
liquid and enters the extractive-distillation column at the top (Fig. 7.4). 
Thus this column is essentially only a stripping column. Since the feed 
contains a much smaller amount of HDO as compared to H z O, the prod¬ 
uct-stripping column has a relatively light load. 

The design of the extractive-distillation column is made essentially 
in a manner similar to that for binary mixtures, basing the composi¬ 
tions on an “agent-free” basis and using the relative volatility, a, as 
defined in Sec. 2.5. Near the bottom of the column the temperature 
rises rapidly, and plate-to-plate calculations are probably necessary. 
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Fig. 7.3—Extractive distillation (HDO more volatile out of agent). 



Fig. 7.4 —Extractive distillation (H a O more volatile out of agent). 
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2.4 Azeotropic Distillation. In the case of azeotropic distillation 
the low-boiling liquid agent can pass down the tower only if it exists in 
equilibrium with the vapors passing upward. Such a condition exists if 
the liquid is at the limit of miscibility and if the vapor is of the “het- 
eroazeotropic” composition. Then the condensate overhead will sepa¬ 
rate into two layers and will permit the use of a decanter. This greatly 
simplifies the operation. 

As the separating-agent layer passes down the column, the dissolved 
component changes gradually to the less volatile constituent. Near the 
bottom of the column the temperature of the system rises rapidly, and 
the separating agent is driven into the vapor. The addition of some of 
the less volatile constituent may be required at this point in order to 
change the bulk composition to the other side of the azeotrope. If this 
is not done, the constituent, instead of the agent, will be driven off. 
Flow sheets for this process are given in Figs. 7.5 and 7.6. The de¬ 
canter has been changed in Fig. 7.6 to become a countercurrent liquid 
contactor so that the agent returning to the column need not contain any 
of the waste but can be saturated with fresh feed. The design of an 
azeotropic-distillation unit is quite complicated, and in the past, when 
a particular agent has looked suitable, semiworks tests rather than 
theoretical calculations have been made. 


2.5 Theoretical Considerations . As in the case of simple distilla¬ 
tion, the most convenient measure of the difficulty of separation of HDO 
and H 2 0 in the presence of a separating agent is the relative volatility. 
The latter refers, in general, to the ratio of the relative distribution of 
two components in one phase to their relative distribution in a second 
phase. For vapor-liquid systems the relative volatility is represented 
by a 


- fri/ft) 
(xi/x 2 ) 



where y, and y 2 are the mole fractions of H 2 0 and HDO, respectively, 
in the vapor and x t and x 2 are the mole fractions of H 2 0 and HDO, re¬ 
spectively, in the liquid. 

For a liquid-liquid system a corresponding factor may be repre¬ 
sented by 0 


r - 

(xj/x 2 ) 



where x t and x 2 are the mole fractions of H 2 0 and HDO in one liquid 

phase and xj and x 2 are the mole fractions in the other phase, i.e. the 
separating agent. *’ 

The magnitude of a in the presence of a separating agent may be de¬ 
termined directly by distillation experiments in any of the usual recir- 
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CONDENSER 



Fig. 7.5 — Azeotropic distillation (HDO more volatile out of agent). 


CONDENSER 



Fig. 7.6 — Azeotropic distillation (HjO more volatile out of agent). 


culation types of equilibrium stills. Owing to the difficulties invariably 
encountered in such distillation experiments, especially the difficulty of 
measuring small concentration changes precisely, this method of de¬ 
termining of is not readily applied. The value of a for H z O and HDO 
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may, however, be determined from measurements of the mutual solu¬ 
bilities of various agents and of the pure components, H z O and D 2 0. If 
R is the ratio of the solubilities of H 2 0 and D 2 0 in the separating agent 
and Ph 2 o and Phdo are the va P° r pressures of H z O and HDO, respec¬ 
tively, then the approximate expression 


1 Ph,0 

a Phdo 



relates a to R and the vapor pressures. 

Consider the binary system H z O and separating agent A; H 2 0 and A 
are immiscible but show some mutual solubility. If x, and y, are the 
mole fraction and activity coefficient of water dissolved in A and x t and 
y t are the mole fraction and the activity coefficient of the water in the 
aqueous layer, then at equilibrium 


2l = Xl 
7t x, 

If the mutual solubilities are very low, y x - 1, and 



Similarly, for the binary system D z O and A at equilibrium 





where x 3 and y 3 are the mole fraction and activity coefficient of D 2 0 
dissolved in A and x 3 is the mole fraction of D z O in the D z O layer. Since 

the solubility of the organic separating agent A is small in both H z O 
and D 2 0, it may be assumed that 



Hence 


2i _x 3 

73 - x t (7) 

In considering the ratio of the vapor pressures of H 2 0 and HDO, the 
following useful assumption has frequently been made: 

_ /Ph 2 o\* 

Phdo \Pdp/ 


( 8 ) 
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A similar assumption is made here for the ratio of the activity coeffi¬ 
cients 


Zi = / Zi V /2 

^2 W 

where y 2 is the activity coefficient of HDO dissolved in A. 
From Eqs. 7 and 9 it follows that 



Zi - /ZlY'* - 1 

y 2 ( 10 ) 

where R= (xj/xg), the ratio of the solubilities of H 2 0 and D 2 0 in the 
separating agent. 

Consider now the ternary system H 2 0, HDO, and A, containing the 
two phases, vapor and liquid. The liquid phase is essentially A satu¬ 
rated with water. At equilibrium 


YiP = xjri p Hz0 (11a) 

Y2P = Ay'i Phdo (Hb) 

where y t is the mole fraction of H 2 0 in the vapor, x[ is the mole frac¬ 
tion of H 2 0 in the liquid phase, etc. Then 

Zl = Zi Zi Ph 2Q 

Y 2 x£ y' 2 Phdo 

Substituting in Eq. 1 

„ - fri/V:) 

(x',/x$) 

a= y\ PHjO 
^2 Phdo 

Since H z O and HDO form practically ideal solutions and since their 
solubilities in A are small, it is not too unreasonable to assume that 


( 12 ) 


(13) 


r\ = y± 
y'i yi 


Consequently 



_L P H 2 Q 

r'/2 Phdo 


(approximate) 
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The liquid-liquid distribution function may be related to in a simi¬ 
lar fashion, giving 

@ = ^ (15) 

The ratio Ph 2 o/Phdo is greater than 1. It follows from Eq. 3 that a 
is further increased for a liquid-vapor system if R is less than 1. In 
this case the vapor-liquid system has definite advantages. If, on the 
other hand, R is greater than 1, the numerical value of this ratio must 
be sufficiently large to obtain a satisfactory deviation of a from unity 
in a vapor-liquid system. R was found to be greater than unity (see 
Table 7.1) in all the experiments that were performed, i.e., H 2 0 was 
found to be more soluble than D 2 0. If R is greater than unity, the use 
of a liquid-liquid extraction process may be desirable. In general, how¬ 
ever, liquid-liquid systems usually present a sufficient number of dif¬ 
ficulties in engineering design to necessitate a relatively large value of 
0 (as compared to a for a distillation process) in order to make liquid- 
liquid extraction appear promising. 


3. SOLUBILITY MEASUREMENTS 

3.1 Introduction. The solubilities of H 2 0 and D 2 0 were determined 
in 29 organic liquids. In no case was there obtained for R a value less 
than unity. In only one case, that of triethylamine, was a sufficiently 
high value of R found at room temperature to make the system appear 
attractive. The value of R, however, was found to decrease markedly 
with increasing temperature, making the water-triethylamine system 
unattractive for a distillation process. The large value of R at room 
temperature, however, suggested the possibility of using triethylamine 
in a liquid-liquid extraction system. An experimental study was there¬ 
fore made of the distribution of H 2 0 and HDO between water and tri¬ 
ethylamine, using water containing 1 mole % of deuterium. These meas¬ 
urements furnished a deuterium distribution coefficient, a, equal to 
1.04 at 25°C. Although considerable difficulty was encountered in the 
isotopic analysis, the value for a given above can be considered to 
represent a maximum value. The results therefore indicate little ad¬ 
vantage in using the water-triethylamine liquid-liquid system for con¬ 
centrating deuterium. The absolute solubilities in triethylamine are 
large at room temperature. From this fact Scatchard pointed out that a 
large difference in the solubility of H 2 0 and HDO might be due to a 
small difference in the activity coefficients of the two forms at the 

witT, h C ° m f° Siti0n ^ *° f rapid Change of either act ivlty coefficient 
with changing composition. 8 

3 2 Experimental Details, (a) Equilibration and Sampling. The solu¬ 
bility of water in an organic solvent was determined in the 300-ml equi- 
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Iteration flask shown in Fig. 7.7. This round-bottomed flask had a 
bulge in the bottom for undissolved water. The flask was so designed 
that it could be shaken and sampled with the bulb containing the liquid 
mixture well submerged in a thermostatted water bath. To prevent en- 



Fig. 7.7— Equilibration flask and sampling pipet. (a) Assembled for sampling. 

(b) Equilibration flask. 

trance of thermostat water or water vapor, an outer standard-taper 
ground-glass cap, greased with Apiezon M, was fitted to the flask. The 
contents of the equilibration flask were protected from the stopcock 
grease by a small ungreased standard-taper plug underneath the outer 
cap. 

About 25 to 100 ml of the dried organic solvent and 1 to 2 ml of H z O 
and D 2 0 were introduced into the equilibration flask for each experi¬ 
ment. The addition of the water and the solvent was performed in a dry 
box, and the flask was closed with the plug and cap inside the dry box. 
The flask was then lowered into the water thermostat until the bulb 
containing the equilibration mixture was well submerged. The assembly 
was shaken mechanically for about 90 min. The temperature of the 
water bath was maintained within ±0.05°C. 
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The sampling was accomplished by the device shown in Fig. 7.7, 
which permitted the sample to be taken while the mixture of liquids in 
the bulb was maintained at the equilibration temperature. The ground- 
glass end of the outer jacket of the sampling device fitted the outer 
standard-taper opening of the equilibration flask. In sampling, the 
graphite-lubricated stopcock of the pipet was opened, and the pipet was 
inserted into the inner opening of the equilibration flask. Then a slight 
pressure of dry nitrogen was exerted through the outer jacket of the 
pipet, forcing the solvent up through the inner tube of the pipet into the 
upper bulb. When a sufficiently large sample had been taken, the pipet 
stopcock was closed, and the pipet was removed from the flask. The 
sample was then delivered into a titration flask. 

Two types of pipets were used. When the organic liquid was not 
denser than water, the pipet used was so designed that, upon insertion 
into the equilibration flask, the end of the inner tube would not touch or 
disturb the water layer in the small bulge on the bottom of the flask. If, 
however, the organic liquid was denser than water, a slightly longer 
pipet was used. In this case the pipet was pushed rapidly through the 
water layer. 

All solvents were carefully purified and dried before use. Ordinary 
laboratory-distilled water and 100 per cent D 2 0 were used. 

(b) Determination of the Water in the Organic Layer . (1) Titration 
with Karl Fischer Reagent . The amount of either H 2 0 or HDO dis¬ 
solved in the organic solvents, other than triethylamine, was deter¬ 
mined by a modified Karl Fischer titration. The reagent was made up 
in the usual manner 7 and then diluted with absolute methanol to one- 
third of normal strength. 

Since observation of the end point was difficult, an artificial color 
standard was used in all the titrations. This standard was prepared 
from an aqueous solution of potassium dichromate to which had been 
added a small amount of green coloring agent, such as a nickel salt so¬ 
lution. The color of this standard was adjusted to match that of a typi¬ 
cal end point. 

The reagent was standardized daily against a known solution of water 
in methanol. Pipets calibrated with methanol at 25°C were used to take 
aliquots of the standard for analysis. These aliquots were taken at 25°C. 

The standard water solution was made up as follows: Approximately 
1 g of water (M t ) was placed in a 250-ml volumetric flask (V t ). Twenty- 
five milliliters of methanol (V m ) was titrated with Karl Fischer re¬ 
agent. The titer (Vfc F ) was a measure of the water initially present in 
the methanol. This methanol was added to the water in the volumetric 
flask maintained at 25.0°C. Ten-milliliter aliquots (V 2 ) were removed 
for titration. Assuming that Vkf milliliters of Karl Fischer reagent is 
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required in order to titrate this aliquot, the water content of the stand¬ 
ard solution is given by 

R = grams of H 2 0 per 10 ml of standard solution 
= [( Vr F vj)-( V kF ^)] M,V KF (16) 

Standard solutions were maintained at 25°C for V 2 hr during their 
preparation and before the removal of an aliquot. 

(i) Procedure When Solubility of H 2 0 Is Small (About 0.005 Mole per 
100 G of Solution and Titration Products Soluble in the Solvent). Ben¬ 
zene is an example of a solvent of this type. After equilibration the 
sample was titrated directly with Karl Fischer reagent. The number of 
moles of water per 100 g of solution, n, was calculated using the fol¬ 
lowing relation: 


TR 100 

WM V'" 
w v KF 



where R = grams of water per 10-ml sample of water standard (from 

Eq. 16) 

W = weight of sample in grams 
M w = molecular weight of the water 
T = titer (Karl Fischer reagent) 

VjtF = titer for 10 ml of water standard 


(ii) Procedure When Solubility of H 2 0 Is Greater Than 0.01 Mole per 
100 G of Solution. Nitrobenzene is an example of a solvent in this 
category. After equilibration the sample was received in a weighed 
100-ml volumetric flask. Methanol was then added up to the mark. The 
weights of sample and methanol were determined. Aliquots containing 
25-ml portions were titrated. 


n = 


T V, 

V 4 


-( 




w 


m 



R 100 


WM w V£ f 


(18) 


where n 

V 3 

w 

T 

M w 


moles of water per 100 g of solution 

volume to which sample was diluted before titration 

volume of aliquot taken 

weight of sample 

titer of aliquot 

molecular weight of the water 
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W m = weight of methanol titrated to determine the correction for 
its water content 

V" = volume of reagent required for titration of W m grams of 
methanol 

V'" F — volume of reagent required for titration of 10 ml of water 
standard 

Wm = weight of methanol used in diluting sample 

R = grams of water per 10 ml sample of water standard (from 
Eq. 16) 

(iii) Procedure When Salts Precipitate During the Titration, It was 
frequently observed that the salts formed by the reaction of water with 
the reagent were insoluble in the solvent and obscured the end point. 
Carbon tetrachloride is an example of a solvent in this category. Meth¬ 
anol was added to the sample in such cases. After equilibration of 200 
g of solvent with 1 ml of water, the sample was transferred to a weighed 
flask, and the sample weight was determined. Methanol (25 ml) of 
known Karl Fischer reagent titer was added, and the mixture was ti¬ 
trated. The water content was determined, using the following equation: 



(t- 


Vi 


KF 


vj 


R 100 


WM V w 
w v KF 



where n, R, M w , VjJ' F , and W have the same meaning as in Eq. 18 
T = titer of sample plus methanol added 
V' m = volume of methanol used to dilute sample 
V m = volume of methanol used in determining its water content 

^KF = v °l u me of reagent used to titrate a sample of methanol of vol¬ 
ume V m 


(2) Titration of Triethylamine Samples, In the case of the triethyl- 
amine samples, the amine was titrated with a standard hydrochloric 
acid solution, and the weight of water in the sample was obtained by 
difference. About 50 ml of the amine was equilibrated with 4 ml of 
water. Samples weighing about 0.5 g were removed and weighed indi¬ 
vidually into 5-ml weighing bottles. Each sample was then transferred 
to a 250-ml iodine titration bottle containing about 20 ml of water. The 
amine was titrated with approximately 0.1N hydrochloric acid solution 
to a methyl red end point which was permanent for 15 min. The num¬ 
ber of moles of water, n, per 100 g of sample was calculated as follows: 

n _ [S - (TNE)] 100 

SW 


(20) 
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where S = weight of sample (amine + water) 

T = titer of 0.1N HC1 
N = normality of the HC1 
E = equivalent weight of the amine 
W = molecular weight of the water used (H 2 0 or D 2 0) 

3.3 Experimental Results, (a) General Solubility Data at 25.0°C. 
Solubility data for 31 liquids 8 are listed in Table 7.1. In the case of 
benzene, data are listed for 6.0, 25.0, and 38.5°C. Data for the four liq¬ 
uids marked by a dagger were obtained from references 9 and 11. 
Scatchard has presented an approximate theoretical treatment of the 
relative solubilities of H 2 0 and D z O in various types of solvents. 10 

(b) Solubilities of H 2 0 and D 2 0 in Triethylamine. The solubilities 
were measured at three temperatures; 8 the results are listed in Table 
7.2. The experimental method has been described in Sec. 3.2b(2). The 
ratio of solubilities of H 2 0 and D 2 0 in triethylamine is plotted in Fig. 
7.8. 

(c) Deuterium Distribution in the Triethylamine -Water Liquid-Liquid 
System. The deuterium distribution in the two saturated phases of tri¬ 
ethylamine and water containing about 0.75 per cent HDO was meas¬ 
ured. One hundred milliliters of amine and 50 ml of the deuterium- 
enriched water were equilibrated and sampled by the technique de¬ 
scribed in Sec. 3.2a. Four such equilibrations, three at 25°C and one at 
30°C, were carried out, and isotopic analyses were made employing the 
lime separation treatment described in Sec. 4.2c. The results 5 are 
given in Table 7.3. 

It is observed from Table 7.3 that there is an apparent loss of ap¬ 
proximately 4 per cent of the deuterium. Uncertainties in the isotopic 
analyses are discussed in Sec. 4.2c. If this is a real loss caused by a 
slow exchange, it should have no effect on a. If it is caused by the in¬ 
clusion of water from the oxidation of organic matter of normal iso¬ 
topic composition, the decrease should be greater in the triethylamine 
layer. Consequently the true Of would be smaller than that in Table 7.3. 

(d) Solubility of Water in Furfural. The synthetic method of Alexe- 
jeff was used to determine the solubility of H 2 0 and D 2 0 in furfural. 
The results are listed in Table 7.4. 

4. DISTILLATION EXPERIMENTS 

4.1 Introduction. In addition to measuring the solubility ratio of 
H 2 0 and D 2 0 in triethylamine at several temperatures (Sec. 3.3), meas¬ 
urements of the vapor-liquid distribution in a single-plate equilibrium 
still were also carried out. Ordinary water, heavy water, and water 
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Table 7.2 — Solubilities of H a O and D 2 0 in Triethylamine* 



n i 

n a 




(moles of HjO 

(moles of DjO 


Mole fraction 

Temp., 

per 100 g 

per 100 g 

ni/n a 

solubility ratio 

°C 

of solution) 

of solution) 

(average) 

(average) 

20.1 

1.61 

0.598 

2.64 

1.69 


1.63 

0.627 



25.0 

0.597 

0.363 

1.66 

1.43 


0.606 

0.361 



39.5 

0.224 

0.197 

1.10 

1.08 


0.220 

0.204 




0.212 

0.198 




*Data and calculations in reference 8. 



tr TEMPERATURE,°C 

Fig. 7.8 —Ratio of solubilities of H 2 0 and D 2 0 in triethylamine (expressed as mole 
fractions). 

containing 0.7 per cent deuterium were used. The volatility factor, ap, 
for HDO and H 2 0 is 1.08. The quantity of D is taken as (QfD 2 o/ a H 2 o) y2 > 
where 


_ moles of D gO_ . } 

_ mole of triethylamine _ 

“ D2 ° “ moles of D;Q _ aiquid) 

mole of triethylamine 

Isotopic analyses were also made on the vapor-phase and liquid 
phase samples from three single-plate distillations of approximately 




DISTILLATION OF WATER 


137 


0.7 per cent deuterium-containing-water-amine mixtures. The results 
were inconclusive because difficulties were encountered in the isotopic 
analyses. 

The preparation of water for the isotopic analysis consisted in dis¬ 
tilling the vapors three times through lime at room temperature, heat- 

Table 7.3 — Isotopic Exchange in Liquid-Liquid Distribution 

Deuterium, % 


Temp., °C 

Water layer 

Amine layer 

a 

25 

0.723 

0.697 

1.037 

25 

0.723 

0.698 

1.036 

25 

0.715 

0.686 

1.041 

30 

0.719 

0.694 

1.037 


Table 7.4—Temperature of Complete Mixing for Furfural-Water System 


h 2 o, % 

DaO, % 

Temp., 

4.68 


21.25 

6.17 


37.70 

7.60 


50.95 

8.35 


55.50 

9.47 


60.95 

11.18 


64.95 


4.19 

18.80 


5.83 

35.75 


ing the lime to 200°C with hyvac pumping, and then collecting the water 
evolved on heating to 415°C with hyvac pumping. The method is satis¬ 
factory for small amounts of triethylamine. It is probably sufficient for 
the ratio of 10 to 1 obtained at low temperatures but is completely un¬ 
satisfactory for the ratio of 70 to 1 at high temperatures. However, at 
the high temperatures, the absolute solubility is small enough so that 
the measurements on light and heavy water furnish the information re¬ 
quired for the general separation process. 

4.2 Experimental Details . (a) Vapor-Liquid Equilibrium , 5 The va¬ 
por-liquid equilibrium was determined in a one-plate equilibrium still of 
the Othmer type with about 200 ml of liquid in the pot and 50 ml in the 
condensate trap. This still is illustrated in Fig. 7.9. The trap was im¬ 
mersed in abeaker of water which could be cooled to 4 Q C, and the lower 
end of the condenser was dipped well below the surface of the cooling 
water. There was no indication of separation into two phases in the 
condenser or trap, but there was always a water-rich layer in the cap¬ 
illary connecting the trap to the pot where the liquid became heated 
nearly to pot temperature. 
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(b) Triethylamine Samples Used. Before use the samples were dried 
with CaCl 2 , filtered, and distilled through a 19-in. column packed with 
helices. Weighed samples were analyzed by titration with standard HC1 



solution. The various preparations are described in Table 7.5; E, C, 
and P represent Eastman Kodak Company, City Chemical Corp., and 
Paragon Co., respectively. 

The determination of water-amine ratios was made by titration with 
standard HC1 solutions. 

(c) Isotopic Analysis for Deuterium in Water-Triethylamine Solu¬ 
tions. 5 It was found to be unsatisfactory to determine the isotopic com¬ 
position of the water in the presence of amine by equilibration with H 2 
or H 2 S and by subsequent mass-spectrometer analysis. 

It was found to be impossible to get good separation of water from 
the amine by using Na 2 SQ 4 or CaS0 4 . No temperature was obtainable at 
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which the amine could be pumped from the salt and the water left be¬ 
hind. 

The best results were obtained by distilling the amine-water mixture 
in vacuum three times through 7 in. of 18-mm pyrex tubing packed with 
30 g of CaO. This distillation was done at room temperature. Sub¬ 
sequently the CaO was slowly raised to 200°C while the system was 
pumped. Then the CaO was raised to 415°C, and the water evolved was 
collected. This water was analyzed isotopically by the falling-drop 
technique. 

Table 7.5 — Triethylaraine Samples 



Preparation 

Boiling point, 

Triethylamine 
by HC1 titration, 

Density 

Source* 

No. 

°C 

% 

at 25°C, g/cc 

E 

AG 

89.4-89.7 

99.6 

0.72311 

E 

AF 

89.5-89.8 

99.8 

0.7228 

C 

A1 

89.5-89.8 

100.2 

0.7228 

C 

AJ 

89.5-89.8 

99.73 

0.7232 

c 

AK 

89.5-89.8 

100.1 

0.7229 

p 

AL 

89.5-89.8 

99.89 

0.7228 


AMT 

89.2-89.3 

99.92 



*E, Eastman Kodak Company; C, City Chemical Corp.; and P, Paragon Co. 
t AL redistilled. 

As a preliminary test of the method, mixtures of water with the 
amine were separated by the lime method and the water was analyzed. 
Results are given in Table 7.6. These results seemed to indicate that 
no change in isotopic ratio occurred during the lime treatment. 

Throughout the period during which isotopic analyses were being 
made, control analyses were made on known mixtures of water and 
amine. These results are given in chronological order in T^ble 7.7, 
which includes the data of Table 7.6. 

Several observations on these results should be made which apply to 

the analyses of the samples from experimental runs as well as to the 
above runs. 

In all cases the sample of water collected from the lime had an acet¬ 
ylenic odor, much more pronounced in the case of large amine to water 
ratios. 

In all cases in which the amine to water ratio was 5 or more, the 

water collected was slightly milky, more so the larger the amine to 
water ratio. 

In all cases in which the amine to water ratio was in the neighbor- 
hood of 40 to 50, there was a residue left in the flask after the first 
distillation over lime. In at least one case a small fraction of this ma¬ 
terial was carried by the rapidly distilling amine as far as the other 
side of the lime tube. 
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This residue was a liquid. It had a very low vapor pressure. With a 
pressure of approximately 1CT 2 mm Hg in the lime, the residue did not 
evaporate after being warmed gently with a direct flame. The residue 
had a faint but distinctly sweet odor and was partially soluble in water. 

Table 7.6 — Isotopic Analysis After Lime Treatment 
Ratio of 

amine to water Isotopic analysis, 

in mixture % D 

0.0 0.74 

5.8 0.74 

0.09 0.73 


Table 7.7 — Control Analyses 


Amount of 
mixture distilled 
ml 

1 

10 

1 

1 

1 

15 

11 

1 

11 

1 

1 

1 

80 

80 

80 

1 

1 


Ratio of 
amine to water 
in mixture 

0.0 

5.8 

0.09 

0.0 

0.0 

5.8 

7.2 

0.0 

7.2 

0.0 

0.0 

0.0 

42 

42 

42 

0.0 

0.0 


Isotopic 
analysis, % D 

0.74 

0.74 

0.73 

0.75 

0.75 

0.72 

0.71* 

0.74 

0.73 

0.74 

0.75 

0.75 

0.68 

0.68 

0.69t 

0.74 

0.75 


*Done following a distillation of a large amount of amine 
through the lime. 

tFreshly distilled amine. 


In the case of the freshly distilled amine, the residue was noticeably 
less in amount. 

These results indicate that some small amount of nonvolatile con¬ 
stituent forms rapidly in pure triethylamine. The reason that the iso¬ 
topic analyses are lowered is probably that, owing to the very rapid 
rate of distillation, some of this nonvolatile constituent is carried into 
the lime. Then, when the lime is heated to 415°C, either the high ve- 
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locity of liberated water vapor or a slight vapor pressure of this un¬ 
known constituent carries it over into the collected water samples. It 
would then be burned during the falling-drop analysis, thereby diluting 
the sample. 

4.3 Experimental Results, (a) Vapor-Liquid Equilibrium for Tri- 
ethylamine-Water System . The vapor-liquid distribution results are 
presented in Table 7.8. The apparatus has been described in Sec. 4.2a. 




Table 7.8 — 

Vapor-Liquid 

Equilibrium 



Water, 


Water liquid, % 

Water 

vapor, % 


a 

%D 

Amine* 

a 

b 

a 

b 

a 

b 

Distilled 

AJ 

1.14 

1.42 

6.48 

6.75 

6.01 

5.03 

0.7 

AJ 

1.08 

1.35 

5.75 

6.02 

5.59 

4.68 

0.7 

AL 

1.22 

1.34 

7.31 

7.42 

6.38 

5.90 

100 

AL 

1.00 

1.12 

6.45 

6.56 

6.83 

6.20 

100 

AL 

0.95 

1.06 

6.19 

6.30 

6.88 

6.28 

0.7 

AM 

1.68 

1.76 

8.10 

8.18 

5.16 

5.03 

0.7 

a D,0 /®H,0 

AM 

1.31 

1.40 

7.84 

7.92 

6.41 

1.16 

6.06 

1.17 


•Samples are-described in Table 7.5. 


The quantity a, listed in columns 7 and 8 of Table 7.8, represents 
the ratio 


_ Moles of water _ % 

Moles of t riethylamine ' va P or ' 

Moles of water 

Moles of triethylamine (llquid) 

The starting amines did not yield 100 per cent triethylamine by ti¬ 
tration. As a result the water content was determined in two different 
ways, represented under columns a and b of Table 7.8. Under a the 
amine content in the phase was subtracted from that of the starting 
amine, and under b it was subtracted from pure amine. The two as- 
sumptions differ greatly in the relative composition of the water-poor 
liquid and therefore in a, but they differ scarcely at all in a n, 0 /a H 0 . 

differ HZ COnsidered “ ldeal eas mixture, and u» absolute 

difference between compositions of triethylamine saturated with H.O 

nd that saturated with D 2 0 is so small that y D Q must be verv nearly 
“H 2 0~ 1 - 08 * 

(b) Vapor Pressures of Water-Pyridine Mixtures. The vapor-pres¬ 
sure curves of mixtures of 40.96 per cent H 2 0 and 59.04 per cent nvri 
dine and of 40.43 per cent D 2 Q and 59.57 per cent pyridine were meas- 
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ured over a wide temperature range.® The H 2 0 solution has very nearly 
the azeotropic composition at 80°C, and the D 2 0 solution is assumed 
near enough to the azeotropic composition that the composition of the 
liquid is essentially the same as that of the whole sample and that the 
total pressure is the same as that of the azeotrope. The results are 
given in Table 7.9. 


Table 7.9—Vapor Pressures of Water-Pyridine Mixtures 


40.96 wt. 

% H 2 0 

40.43 wt. 

% D 2 0 


Pressure, 


Pressure, 

Temp., °C 

mm Hg 

Temp., °C 

mm Hg 

49.08 

110.6 

94.23 

743.9 

66.78 

254.5 

83.80 

498.1 

82.83 

497.1 

68.42 

261.1 

93.85 

756.1 

57.20 

155.6 



93.80 

731.7 


Table 7.10 

— Boiling Points of Chloral-Water Mixtures 

Mole fraction 

Pressure, 


HjO 

DaO 

mm Hg 

Temp., °C 

0.000 


756.5 

97.69 

0.248 


755.4 

95.55 

0.500 


763.4 

96.69 

0.748 


756.4 

98.01 

1.000 


757.1 

99.89 


0.252 

756.9 

96.00 


Calculations based on the data of Table 7.9 show that the partial 
pressure of H 2 0 over a 0.73-mole-fraction solution at 80°C is 1.07 
times that of D 2 0. The latter quantity is also the ratio of the vapor 
pressures of H 2 0 and D z O at this temperature. Hence there would be 
no advantage in using pyridine as a separating agent. 

(c) Boiling Points of Chloral-Water Mixtures. The boiling points of 
a series of mixtures of H 2 0 and chloral were determined at (ambient) 
atmospheric pressure. 6 The vapor pressure of one mixture of D 2 0 and 
chloral near the azeotrope for H 2 0 was also measured. The results are 
given in Table 7.10. 

Calculations based on the data in Table 7.10 show that the partial va¬ 
por pressure of H 2 0 over a 0 . 25 -mole-fraction solution at 96°C is 1.02 
times that of D 2 0. Thus chloral would not be useful as a separating 

agent. 6 
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Chapter 8 


CATALYTIC EXCHANGE: GENERAL 

By Hugh S. Taylor 


1. INTRODUCTION 

The earliest technique for producing pure heavy water consisted in 
the prolonged electrolysis of water, normally in alkaline solutions of 
sodium hydroxide. By successive stages of concentration, with frac¬ 
tionation factors of from 3 to 10, depending on experimental conditions, 
the deuterium content could be increased from its original concentra¬ 
tion of 1 part in 6000 to unity. After two or three stages in the concen¬ 
tration, the hydrogen evolved during electrolysis contains an amount 
of heavy isotope sufficient to justify recovery. This has been accom¬ 
plished by recombining the electrolytic gas evolved and turning the 
water produced back into the system at the appropriate stage, normally 
the preceding stage, with a fractionation factor 


„ _ (H/D)gas _ _ 

(H/D) liq 

In this fashion the earliest samples of heavy water were produced. 

Actually, however, in such an operation heavy water is the sole prod¬ 
uct, and the power costs in electrolysis are high. The multistage con¬ 
centration process by electrolysis can, however, be operated with the 
simultaneous production of hydrogen and oxygen gases, provided meth¬ 
ods are adopted to strip the hydrogen gas produced of the major frac¬ 
tion of its contained deuterium. This can be accomplished by causing 
the gas to undergo an isotopic exchange reaction 


HD + H 2 0 — HDO + H 2 

with feed waters to the electrolytic cells. Since the equilibrium in this 

reaction in the temperature interval between room temperature and the 
boiling point of water has values of K 
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_ [HDO] [H 2 ] 

[H 2 0] [HD] 

of the order of 3 to 4 (see National Nuclear Energy Series, Division III, 
Volume 4A, Chap. 2), it is apparent that the establishment of equilib¬ 
rium between feed water and evolved gas in a countercurrent disposi¬ 
tion one to the other would effectively remove a major fraction of the 
deuterium content of the evolved gas and cause it to be returned in the 
feed waters to the electrolytic-cell system. In this way losses of deu¬ 
terium could be minimized without consumption of hydrogen and oxygen 
gaseous products. A heavy-water production could thus be achieved as 
a by-product of an electrolytic production of these gases. 

The exchange equilibrium between the isotopic species of hydrogen 
and water is, however, a slow process which demands, for its practical 
utilization, the operation of catalysts to accelerate the reaction. The 
technical production of heavy water as a by-product of a hydrogen-oxy¬ 
gen electrolytic plant demands therefore that the step-by-step process 
of concentration by electrolysis be coupled with an exchange reaction 
between the isotopic species accelerated to practicable speeds in the 
presence of suitable catalysts. 

It is of interest to record the evolution of these ideas with respect to 
the plant erected at Trail, B. C. Late in 1940 H. C. Urey proposed the 
countercurrent washing of water and hydrogen in a tower packed with 
catalyst to obtain the isotopic exchange, concentrating deuterium in the 
water. Countercurrent flow with the desired gas velocities produced 
operational difficulties; therefore in May 1941 a theoretical report 1 on 
concurrent contact of water and hydrogen was prepared which con¬ 
sidered the amount of catalyst required and the effect of the degree of 
equilibrium attained. It is necessary that water be converted to hy¬ 
drogen at the product end of a cascade using such an exchange process. 
It was therefore suggested by H. S. Taylor that the exchange towers be 
combined with the cells for the electrolysis of water which were in 
operation at Trail and that the cells also be arranged in a cascade. 
Various schemes based on this suggestion were analyzed by Cohen and 
later by G. E. Kimball. 

Laboratory-scale research indicated that catalytic efficiency was 
very poor, even with the best catalysts, when liquid water was used for 
the exchange. Somewhat higher activities were found for platinum cata¬ 
lysts than for nickel, but they were not sufficiently high to exclude 
nickel from further study. In February 1942 study of the kinetics of the 
reaction, particularly in the final approaches to equilibrium when liquid 
water was used, led to the proposal by H. S. Taylor that water vapor be 
used instead of liquid water. The Princeton group soon demonstrated 
that platinum on charcoal (also nickel on chromium oxide, introduced 
at Columbia by A. V. Grosse for the water-hydrogen exchange) showed 
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high rates of attainment of isotopic equilibrium between water vapor 
and hydrogen. Both platinum and nickel on chromium oxide were de¬ 
veloped for plant-scale operation. One tower of the Trail plant was fi¬ 
nally loaded with nickel. The remaining towers were charged with 
platinum on charcoal. F. T. Barr of the Standard Oil Development Co. 
devised an ingenious method of carrying out the exchange countercur- 
rently while avoiding contact between catalyst and water. He carried 
out a single stage of exchange in two steps, first equilibrating water 
vapor with water in bubbler trays and then carrying out the exchange 
reaction in the gaseous phase between the water vapor and hydrogen. 
These steps were arranged in series so that the water and hydrogen 
passed countercurrently through a series of towers. The first engi¬ 
neering design of a cascade using this two-step mode of operation was 
made by Barr. Improvements in detail resulted from studies by the 
theoretical and engineering divisions at Columbia University. 3 


2. GENERAL CONSIDERATIONS ON CATALYSTS 
AND CATALYTIC PROCESSES 


Chemical reactions occur during collisions between the reacting 
partners. The efficiency with which such collisions yield reaction prod¬ 
ucts varies from unity to very small fractions. Every collision between 
a sodium atom and an iodine molecule yields a sodium iodide molecule, 
but at ordinary temperatures the collisions between hydrogen and oxy¬ 
gen molecules are so inefficient in reaction that no change in composi¬ 
tion can be detected during years of observation. Nevertheless, equi¬ 
librium in this latter system is almost quantitatively on the side of the 
reaction product, water, as is easily shown by introducing a small 
amount of finely divided platinum into the gas mixture. Reaction readily 
occurs, and water is formed with contraction in the gas volume and 

without material change in temperature if the process is suitably con¬ 
trolled. 


The chemical inertia shown by reaction systems may be interpreted 
m terms of a potential-energy barrier that separates reactants and 
products. The magnitude of this energy barrier is characteristic of the 
reaction path. The barrier may be overcome by the energy of colli¬ 
sion; i.e., when the collisional energy just exceeds the potential-energy 
barrier, reaction occurs. Since the energy of collision increases with 
emperature, the velocity of chemical processes increases with in- 
creasing temperature according to a formula discovered by Arrhenius 

*7 where A deludes the collision number, E represents the 

weight of the potential-energy barrier or activation energy of the oroc- 
ess, and k is the velocity constant. P 

An alternative to temperature in the acceleration of a chemical re¬ 
action can be found in the use of a catalyst. The catalyst provides an 



148 


PRODUCTION OF HEAVY WATER 


alternate pathway from the initial to the final state of the reaction sys¬ 
tem which is energetically more favorable than the reaction by direct 
collision. In terms of the potential energy-barrier concept, the new 
pathway provided by the catalyst is energetically lower than E, the ac¬ 
tivation energy characteristic of the direct-collision process. One may 
think, by way of analogy, of a mountain pass separating two valleys as 
a more circuitous pathway, preferable in the exertion required to a di¬ 
rect ascent over the mountain top from starting point to finish. Under 
these circumstances, because the velocity constant k at a given tem¬ 
perature varies exponentially with the temperature e-E/RT the lower 
activation energy of the catalytic reaction implies a more rapid proc¬ 
ess of change since the influence on the A factor is comparatively neg¬ 
ligible. 

Catalysts operate in both homogeneous and heterogeneous systems. 
The acid hydrolyses of ester or sugar solutions are illustrative of the 
former system. Reactions between gases and liquids or between gase¬ 
ous reactants can normally be most advantageously achieved with the 
aid of solid catalysts. The reaction occurs mainly, in most cases ex¬ 
clusively, at the surface of such solid catalysts. The interface between 
the solid catalyst and the surrounding fluid is the locus of the reaction. 
It is there that the reaction path is achieved which yields more effec¬ 
tively and with less energy of activation the product which might have 
been obtained with more drastic conditions of temperature or other 
variables by the uncatalyzed reaction of the substances involved. 

Any heterogeneous catalytic reaction can be resolved, as far as its 
progress is concerned, into at least five distinct steps: (1) the diffu¬ 
sion of the reactants to the catalyst surface, (2) the formation of the 
adsorption complex, reactants-surface, (3) the chemical change at the 
surface, (4) the decomposition of the adsorption complex, products- 
surface, and (5) the diffusion of the reaction products away from the 
catalyst surface. If one of these five processes is much slower than 
the others, it will determine the total rate of change. Examples are 
now known in which one or more of these five steps will be the impor¬ 
tant slow rate-determining process. Which step is the rate-determin¬ 
ing step will be dependent on the type of reaction and, with a given re¬ 
action, may well be determined by the catalyst chosen. Thus with a 
“poor” catalyst, in which steps 2 to 4 are relatively slow, the diffusion 
of reactants and products to and from the surface may well be relatively 
rapid steps. Conversely, with a highly efficient catalyst in which steps 
2 to 4 are all relatively rapid, the diffusion processes, 1 and 5, to or 
from the reaction surface may well determine the over-all rate. The 
decision as to which step is rate determining can only be deduced from 

experimental tests with a given system. 

The formation of the adsorption complex, reactants-surface, and the 

decomposition of the adsorption complex, products-surface, are now 
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known to be surface processes essentially chemical in nature and as 
specific as ordinary chemical reactions. 

The association between reactant and surface is not a simple con¬ 
densation process involving the intermolecular forces known as “Van 
der .Waals' forces,” which are responsible for deviations from the ideal 
gas laws or condensation of gases to liquids. The association is spe¬ 
cific, chemical in nature, and, in general, involves heats of interaction 
which are markedly greater than those due to Van der Waals’ forces. 
To the trained investigator this constitutes an asset in the exploration 
of new territory for the application of catalysts. Thus for the promo¬ 
tion of reactions involving, for example, hydrogen as one reactant, 
there are known, by experience, a certain definite restricted number of 
solid surfaces, elementary and compound, which interact specifically 
with hydrogen to form these chemisorption complexes. It is within this 
restricted group of substances that a suitable catalyst involving hydro¬ 
gen reactions with other reactants will probably be found. The list of 
substances, at first small, grows by accumulated experience. At the 
same time the experimental conditions under which the catalytic ma¬ 
terials best operate with a given reactant also become a part of the 
catalyst chemist’s art, assisted by the pathway of experience and study. 
These views are well illustrated in the case of hydrogen and its cata¬ 
lytic interactions. The earliest known catalysts for hydrogen reactions 
were the platinum metals. Sabatier added to these reduced nickel, cop¬ 
per, iron, and cobalt. With the technical development of synthetic 
methanol from hydrogen—carbon monoxide mixtures, a definite group 
of oxide catalysts such as zhic oxide, chromium oxide, molybdenum ox¬ 
ide, vanadium oxide, manganous oxide, and others were recognized as 
hydrogenation catalysts. They were operative in a higher temperature 
range than were the metal catalysts. More recently it has been recog¬ 
nized that certain sulfides can operate, like oxides, as hydrogenation 
catalysts in the higher temperature ranges. Such substances become 
identified as specific hydrogenation catalysts. Large groups of ele¬ 
ments, oxides, sulfides, and other compounds are recognized, by fail¬ 
ures in experimental test, to possess negligible specific hydrogenation 
activity. The specificity is now being associated with the chemical 
interaction that occurs between the hydrogen and the surface, an inter¬ 
action that can be demonstrated by a variety of experimental techniques 
other than the test of catalytic reactivity. 

It is a consequence of the laws of thermodynamics applied to chemi¬ 
cal processes that a catalyst cannot be employed to change the position 
of equilibrium in a given system. A catalyst can only accelerate the 
attainment of the same position of equilibrium that would be attained 
more slowly in its absence. Hence thermodynamical calculations based 
on the free energies of the reacting species define the position of equi¬ 
librium in the given reaction conditions both in the presence and in the 
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absence of a catalyst. From such calculations the maximum theoretical 

yield of desired product can be determined. Thermodynamics thereby 

provides a method of measuring catalyst efficiency in terms of the per¬ 
centage of the theoretical yield under a given set of conditions of tem¬ 
perature and pressure for a given practicable unit of time. 

In practice it is customary to express the efficiency of a given cata¬ 
lyst in terms of half life, the time required in contact with the catalyst 
to bring the reactants halfway to the equilibrium state. Alternatively, 
catalyst efficiency may be measured by the equilibrium space velocity’ 
the number of volumes of a reacting species or of a mixture of re¬ 
actants which can be passed over a given volume of catalyst taken as 
unit of volume per unit of time with substantially complete conversion 
to the equilibrium composition. The half-conversion space velocity 
would be the corresponding volume of reactants convertible halfway to 
the equilibrium state per unit volume of catalyst per unit time interval. 

Since the catalyzed reaction occurs practically exclusively at the 
surface of a solid catalyst, it is obvious that it is desirable to make the 
available surface as extensive as possible. Finely divided metals would 
be expected to be more effective catalysts than massive materials of 
the same composition by reason of surface extension alone. There is 
evidence also that in many cases an increase in catalytic quality of 
surface accompanies the extension. Hence in the preparation of cata¬ 
lysts considerable attention is devoted to the preparation of the mate¬ 
rials in surface-extended forms. Economy in the case of expensive 
catalysts will also dictate this. Consequently catalysts may be spread 
on support materials of extended surface such as charcoal, kieselguhr, 
and silica gel. Catalysts may also be extended in surface by incorporat¬ 
ing in the preparation catalytically inert materials to act as “promot¬ 
ers,” either by extending the surface of the actual catalyst available 
for reaction or by improving the efficiency of the surface produced. 

Furthermore, since the reaction occurs only at the surface, it is nec¬ 
essary that this surface be maintained at maximum efficiency during 
use. Anything which tends to accumulate on the surface decreases the 
extent of surface available for reaction, and actually it is found that 
such accumulations, termed “poisons,” tend to cover preferentially the 
more active areas of the surface. The covering may be simply me¬ 
chanical, for example, dust particles in a gas stream, or it may be due 
to chemical interaction between an impurity in the reactants and the 
surface. Thus sulfur compounds such as hydrogen sulfide or sulfur- 
containing carbon compounds interact with metallic catalysts to yield 
metal sulfide surfaces that have little or no catalytic action. Other im¬ 
purities, although they may not interact with the catalyst surface to 
yield a metallic compound, may nevertheless be so strongly adsorbed 
on the surface as to cover a considerable fraction of the surface even 
though the poison is present in relatively small amounts. In these cases 
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the adsorption process is reversible, and the poisoning action is tem¬ 
porary, disappearing when the undesirable constituent is removed from 
the reaction system. 

3. CATALYSIS IN THE EXCHANGE REACTION 

H 2 + HDO — HD + H 2 0 

The exchange reaction between the isotopic molecular species of hy¬ 
drogen and water provides an excellent type reaction with which to il¬ 
lustrate the general considerations on catalysts and catalytic processes 
set forth in the preceding section. Reaction between water and hydrogen 
does not occur measurably at room temperatures in the absence of 
catalysts. Elevation of temperature alone suffices to effect reaction 
between hydrogen and water vapor in the neighborhood of 500°C, but at 
this temperature the equilibrium condition is unfavorable to the con¬ 
centration of deuterium in the water vapor. The equilibrium in this 
respect is more favorable if the temperature is lower; hence it be¬ 
comes necessary to employ catalysts of maximum activity to obtain 
equilibrium at the practical working temperatures between room tem¬ 
perature and 100°C. 

From early work on the hydrogen isotopes, it was known that hydro¬ 
gen underwent the exchange reaction with liquid water in the presence 
of finely divided platinum at metal cathodes during electrolysis of water 
and in the presence of certain enzymes, e.g., Bacterium coli. To make 
a practicable commercial process for the production of heavy water by 
this reaction, it was necessary to obtain catalysts of maximum activity 
capable of establishing equilibrium in short intervals of contact time 
between gas, liquid water, and catalyst. It will be seen in subsequent 
sections that in this case with the best catalysts discovered the over¬ 
all rate was governed by the diffusion of hydrogen to and from the cata¬ 
lyst surface through the surrounding water medium. It will be seen that 
these diffusion processes are extraordinarily slow compared with the 
actual process of catalysis at the surface. High pressures of hydrogen 
would be necessary to increase the concentration gradient through the 
water layer to the catalyst surface in order to assist the slow diffusion 
process. 

That such an interpretation of the hydrogen-liquid water process 
was correct was made obvious by the experiments conducted in the 
Frick Laboratory at Princeton University early in 1942. It was then 
shown that in contact with platinized charcoal, as well as with catalysts 
containing palladium, nickel, or other elements, the exchange reaction 
between hydrogen and water vapor at atmospheric pressures occurred 
at rates that were many thousandfold those obtainable with liquid water 
present. The actual catalysis of the exchange reaction at the surface is 
therefore very much faster than the controlling diffusion processes in 
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the liquid-water reaction. Experiment failed to determine how fast the 
reaction proceeds. Space velocities greater than 100,000 volumes of 
hydrogen exchange per volume of catalyst per hour were achieved. 
There is some reason to believe from the data that even in the gas- 
phase reaction in flow systems the actual transport of reactants and 
products to and from the surface and not the actual surface exchange 
was still the rate-controlling process. It would be very difficult to dis¬ 
entangle the actual velocities of the several possible steps in the ex¬ 
perimental dispositions employed. 

The original research on the gas-phase reaction at Princeton indi¬ 
cated that two types of catalyst might be employed. The platinum met¬ 
als, spread on porous supports such as charcoal, appeared to be more 
effective. The base-metal catalyst, nickel, spread on appropriate sup¬ 
port materials such as kieselguhr, ceria, and chromium oxide, was 
shown to possess an activity producing equilibrium but at lower space 
velocities than with platinum catalysts. The program of development 
was therefore divided into two parts. Princeton undertook the technical 
development of noble-metal catalysts, and Columbia University agreed 
to develop the base-metal catalyst, nickel, on a chromium oxide base. 
The important factors to be studied with both types of catalyst were (1) 
the space velocities at which equilibrium could be practically estab¬ 
lished within the temperature range 40 to 80°C; (2) the practicability of 
catalyst preparation and the comparative costs of preparation; (3) the 
practical lifetimes of the two types of catalyst, which include their sen¬ 
sitivity to impurities or poisons possible in technical systems; and (4) 
comparative problems of technical handling of catalysts in the plant and 
of regeneration after useful life. 

The data presented in Chaps. 9 and 10 indicate that both platinum on 
charcoal and nickel on chromium oxide can be used technically to strip 
deuterium from the hydrogen evolved in a multistage electrolytic hy¬ 
drogen-oxygen plant arranged to obtain concentration of deuterium in 
the cell liquors. A four-stage cascade of cell batteries was employed 
in the primary electrolytic plant, and the hydrogen evolved from each 
stage was led through a catalytic exchange unit associated with this 
stage and thence through the exchange units associated with the stages 
of the plant in which less concentrated deuterium liquors were being 
treated. Thus gas from the fourth stage passed successively through 
the fourth, third, second, and first stages of the exchange units. Gas 
from the third stage of cells passed through the third, second, and first 
stages. The same arrangement covered the other two stages. The feed 
water for stripping in the first-stage exchange unit was distilled water. 
The countercurrent disposition of gas and water thus ensured that all 
the gas from all the cells finally left the exchange units after equili¬ 
bration with distilled water in the final catalytic section of the first- 
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stage exchange unit. With catalysts operated at space velocities low 
enough to obtain substantial equilibrium, it was thus possible to return 
to the cascade system of cells all the deuterium that could be removed 
from hydrogen in equilibrium with pure water and at the same time to 
leave the production of hydrogen and oxygen undisturbed. 

To obtain a countercurrent flow of water and hydrogen and to operate 
the catalytic reaction in the vapor phase, it was necessary to divide the 
catalytic unit associated with a given stage into an alternation of cata¬ 
lyst beds and gas saturators. Hydrogen entering at the base of the unit 
took up its quota of water vapor in a bubble-cap type saturator, was 
preheated to ensure a dry gas mixture, passed through a catalyst bed 
for equilibration as to isotopic species, and then passed to a second 
saturator. Here it gave up, in part, its deuterium-enriched water vapor, 
equilibrated itself with water of a lower deuterium concentration, and 
passed to a second catalyst bed to continue the process. In each cata¬ 
lytic unit there were 13 such saturators and 13 such catalyst beds. 

An operating space velocity of approximately 10,000 hr” 1 based on 
hydrogen determined the volume of catalyst required for substantial 
equilibration. The actual dimensions of the catalyst beds and satura¬ 
tors were based not only on this required catalyst volume but also on 
engineering factors such as permissible back pressure in saturator 
and catalyst bed. Actually it developed that a disposition of the catalyst 
beds and saturators in broad shallow units best served the engineering 
requirements, using catalyst beds a few inches in depth and with cor¬ 
responding large areas of cross section. 
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Chapter 9 


DEVELOPMENT OF NICKEL-CHROMIUM OXIDE AS A 
CATALYST FOR ISOTOPIC EXCHANGE BETWEEN 

HYDROGEN AND WATER 


By Ellison H. Taylor 


The useful nuclear properties of heavy water led, early in the Proj¬ 
ect, to a study of methods for its large-scale production. Concentration 
by chemical exchange between water and hydrogen appeared to be the 
best method, and a search was started for a catalyst to accelerate the 
reaction. In the beginning available information suggested the use of 
the platinum metals as catalysts, but in the fall of 1941 certain nickel 
catalysts were found to have promising activity. 

The earliest plans for the process called for isotopic exchange be¬ 
tween liquid water and gaseous hydrogen in a countercurrent system. 
Catalyst tests under such conditions showed, in general, somewhat 
higher activities for platinum catalysts than for nickel but not suffi¬ 
ciently so to outweigh the higher cost and probable lower resistance to 
poisons of the platinum. Hence work on both catalysts was pushed 
simultaneously. During the period just before the change to an all¬ 
vapor system described in the following paragraph, A. V. Grosse, at 
Columbia University, prepared a nickel on chromium oxide catalyst 
that showed good activity and was the prototype for the final nickel 
catalyst developed by J. E. Ahlberg, H. R. Arnold, A. V. Grosse, and 
E. H. Taylor and described in detail in this chapter. 

In the spring of 1942 study of the kinetics of the reaction, particularly 
the dependence on water concentration, led to the proposal by H. S. 
Taylor, 1 and to the subsequent adoption, of the vapor-phase reaction 
using steam instead of liquid water. The Princeton group tried out a 
number of catalysts in its initial study of the new conditions, particu¬ 
larly platinum on charcoal and the nickel on chromium oxide introduced 
at Columbia for the liquid-vapor reaction. Under these conditions the 
platinum on charcoal catalyst showed considerably higher rates of 
conversion than nickel, .even at concentrations of platinum low enough 
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to give equal catalyst cost. Work on nickel was continued, however, 
since previous experience had shown that platinum was, in general, 
sensitive to poisoning. Sufficient improvement was made in the nickel 
catalyst by late summer of 1942 to warrant putting it into production 
as a reserve in case of unforeseen trouble with the platinum. This was 
done, and one tower of the exchange plant was finally loaded with the 
nickel catalyst. Quantitative data concerning performance are not 
available, but both catalysts appear to have performed satisfactorily 
in the plant. 

This chapter is concerned with base-metal catalysts for the steam - 
hydrogen exchange reaction and especially with the particular nickel 
catalyst that was put into production. A general description of the 
catalyst and its method of preparation is presented in Sec. 2, and this 
is followed by separate sections giving details of the research on the 
various steps in the preparation. These are, in turn, followed by sec¬ 
tions describing the properties of the finished catalyst, including aging 
and poisoning. Laboratory methods and a list of personnel are collected 
in separate sections at the end of the chapter. 

The method of catalyst testing evolved throughout the course of the 
research; therefore the data obtained toward the end of the work are 
more reliable than those obtained earlier. An attempt has been made 
to allow for this in the discussion of the various phases of the work. 

1. GENERAL DESCRIPTION OF THE NICKEL-CHROMIUM 

OXIDE CATALYST 

The nickel catalyst in its final form is made by coprecipitation of 
the basic carbonates of nickel and chromium in the ratio of 85 atoms 
of nickel to 15 atoms of chromium. Sodium carbonate is used as pre¬ 
cipitant. The precipitate is filtered, washed and dried, calcined to the 
oxides at about 350°C in an inert atmosphere, and then ground, mixed 
with about 4 per cent graphite, and pilled into %- by V 8 -in. cylindrical 
dome-end pills. The pills are then reduced in a stream of hydrogen at 
about 325°C until practically all the nickel oxide is reduced to nickel. 
The catalyst is pyrophoric at this stage and is, therefore, stabilized to 
air by controlled treatment in the reduction tower with oxygen at 10 to 
50°C. Gradually increasing concentrations of oxygen are admitted to a 
stream of nitrogen or carbon dioxide flowing continuously through the 
catalyst bed. The stabilized catalyst is no longer pyrophoric in air 
but must be rereduced in hydrogen at 50 to 100°C (refreshed) before 
being active for the exchange. This step is performed in the exchange- 
reaction tower to avoid subsequent oxidation. 

The refreshed catalyst has a half-conversion space velocity for the 

«. 11. . m . ^ maintains about 80 per cent 

of tins activity for at least 100 days. It is not particularly sensitive to 
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poisons such as H 2 S and CO, requiring higher concentrations for poi¬ 
soning and being more easily regenerated than platinum. The stabilized 
pills are black and somewhat shiny because of the graphite. They are 
relatively hard, withstanding the handling incidental to loading without 

dusting or fracture and supporting a radial load of about 5 to 10 lb 
without crushing. 

Production through the pilling stage was about 5 tons per week, and 
reduction was limited to 1 ton or less per week by inadequate gas¬ 
drying and -pumping equipment. 


2. DETAILS OF PRE PAR ATI ON AL STEPS 

2.1 Composition. In roughly historical order this section deals with 
the experiments, principally at Columbia, leading up to the adopted com¬ 
position, 85 atoms of nickel to 15 atoms of chromium (as Cr 2 0 3 ). The 
liquid water— hydrogen isotopic exchange results are merely touched 
on, and work with supports other than chromium oxide and with base 
metals other than nickel is collected at the end of the section since 
both are somewhat off the main line of development. Concurrent re¬ 
sults obtained with various nickel and other catalysts at Princeton 
University are included at the end of the section with the miscellaneous 
results obtained at Columbia University. 

(a) Early Nickel Catalysts. Nickel catalysts are not mentioned in 
the literature as being active in promoting the exchange between deu¬ 
terium and water. Hall, Bowder, and Jones 2 used Raney nickel at 230°C 
and H 2 at 370 atm but obtained only slow exchange, and even that was in¬ 
appreciably greater than with the empty apparatus. The early workers 3,4 
on the deuterium project therefore turned first to platinum catalysts, 
known to be active from the work of Horiuti and Polanyi, 5 but soon found 
methods for preparing nickel catalysts of promising activity, as shown 
in Table 9.1. 

At the end of 1941 results such as those listed in Table 9.1 indicated 
two promising directions of search for active exchange catalyst com¬ 
positions. The Princeton group continued to work mainly with platinum 
catalysts, and the Columbia group turned to nickel with the hope that 
the development of more active nickel catalysts than those shown in 
Table 9.1 would capitalize on the lower cost and probable greater poi¬ 
soning resistance of nickel. The work on nickel at Columbia took two 
lines, (1) attempts to improve the physical characteristics of the Uni¬ 
versal Oil Products Co. (U.O.P.) hydrogenation catalyst, which was 
commercially available but which crumbled during use in water, and 
(2) attempts to find more active compositions based on nickel. 

The discovery 1 in March 1942 that exchange between water vapor and 
deuterium was much faster than between liquid water and deuterium 
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resulted in certain readjustments in the search for improved catalysts. 
Thus the work 10 on improving the strength of the U.O.P. hydrogenation 
catalyst was dropped since this catalyst showed poor activity in the 
vapor-phase exchange relative to the activities of other nickel catalysts. 
On the other hand, work on other nickel catalysts, particularly nickel- 
chromium oxide, was accelerated since these catalysts showed good 
activity under the new conditions. 

Table 9.1—Early Nickel Catalysts for Isotopic Exchange Reaction 

Between Liquid Water and Hydrogen* 


Catalyst 

Temp., 

°C 

Reaction 

pressure, 

atm 

Half time,t 
min 

Refs 

Nickel on infusorial earth 

25 

300 

4-5 

6 

Nickel on kieselguhr (10 g 

metal/100 cc catalyst) 

25 

50 

102 

7 

Nickel from NiO, unsupported 

25 

50 

150 

7 

U.O.P. hydrogenation (nickel on 
kieselguhr) (77 g metal/100 cc 

catalyst) 

25 

50 

5-7 

7 

Nickel on Cr.O. 

25 

50 

20 

8, 9 


♦The reaction was performed in a metal bomb with a glass thimble for the catalyst. 
The catalyst sample was saturated with heavy water (about 3 per cent). The reaction 
was started by admitting ordinary H, to the indicated pressure. Samples of H, for iso¬ 
topic analysis were bled off at intervals until equilibrium was reached. 
tTime required for the reaction to go halfway to equilibrium. 


(b) Nickel —Chromium Oxide Catalysts, Several nickel—chromium 
oxide catalysts had been prepared for the liquid-gas exchange when 
the vapor-gas exchange was introduced. Since they showed promising 
activity under the latter conditions, the composition range was extended 
to cover the whole range between pure nickel and pure chromium oxide, 
and the catalyst of this series with a molar nickel to chromium ratio of 
85 to 15 (Ni/Cr 2 0 3 = 85/7%) showed exceptional activity, approaching 
that of the platinum catalysts. These catalysts were prepared by the 
coprecipitation of the basic carbonates of nickel and chromium from 
solutions of the nitrates. Ammonium carbonate was used as precipitant. 
Later in the development sodium carbonate was substituted as pre¬ 
cipitant for the ammonium carbonate used originally because of its 
lower cost and greater convenience. The effect of the ratio of nickel to 
chromium was reinvestigated with this precipitant with a similar re¬ 
sult, i.e., a rather flat maximum in activity between Ni/Cr = 80/20 and 

Ni/Cr = 90/10. The data from these experiments are summarized in 
Table 9.2 

No pilot-plant or full-scale precipitations were made with a nickel to 
chromium ratio other than 85 to 15. 
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Table 9.2 Activity for Steam-Hydrogen Isotopic Exchange of Nickel-Chromium 
Oxide Catalysts as a Function of Nickel to Chromium Ratio* 


Conditions'^ 

(NH 4 ) 2 C0 3 as precipitant, 
C.P. chemicals, dilute 
solutions 11 


Na 2 CO J as precipitant, 
C.P. chemicals, con¬ 
centrated solutions 12 


Na^CO., as precipitant, 
C.P. chemicals, dilute 
solutions 12 

Na^CO., as precipitant, 
technical chemicals, 
concentrated solutions 12 


Ratio of 

nickel to chromium, 
nominal mole % 

0/100 

25/75 

50/50 

60/40 

75/25 

80/20 

85/15 

90/10 

95/5 

100/0 

80/20 

82/18 

84/16 

86/14 

88/12 

90/10 

82/18 

84/16 

86/14 

88/12 

30/70 

40/60 

50/50 


HCKSV.t hr’ 1 
At 48°C§ At 84°C 

0 

7 

14 

3 

3 

55 

55 

38 

29 

0 

37 (55) 

40 (61) 

38 (51) 

47 (54) 

42 (56) 

56 (56) 

51 

47 

97 

76 

0 

0 

(15) 


•Catalyst samples for activity test were placed in a thermostatted glass reactor 
through which was passed, at controlled velocities, hydrogen saturated with heavy 
water (about 3 per cent). Samples of the exit hydrogen were taken for isotopic anal¬ 
ysis after removal of water vapor. See Sec. 4.1 for details. This method was used 
throughout unless otherwise noted. 

tConditions of precipitation and of subsequent treatment (drying, reduction, test¬ 
ing, etc.) are comparable within any one subdivision of the table, except where 
noted, but not throughout the table. 

JHCKSV is the half-conversion kilo space velocity or one-thousandth of the space 
velocity at which the conversion is half of the equilibrium conversion. (Space veloc¬ 
ity is the volume rate of gas flow measured at S.T.P. divided by the volume of 
catalyst.) 

§ Figures in parentheses were obtained after a different temperature of reduction 
than that used for figures beside them. 


(c ) Miscellaneous Catalysts for Steam-Hydrogen Isotopic Exchange. 
The main line of development of base-metal catalysts led to the nickel — 
chromium oxide mixture, but numerous other compositions were pre¬ 
pared or obtained as part of the catalytic program. The work in this 
direction at Columbia was confined to nickel catalysts, using various 
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Table 9.3—Activity for Steam-Hydrogen Isotopic Exchange of 
Miscellaneous Catalysts Tested at Columbia* 


Catalyst t 


HCKSV, hr -1 
At 48°C At 84°C 


U.O.P. nickel catalysts 13 
Nickel on kieselguhr, lowest hydrogenation 
activity of regular production 
Nickel on kieselguhr, highest hydrogenation 
activity of regular production 
Nickel on kieselguhr, special preparation, 


still higher hydrogenation activity 1 

Du Pont nickel catalysts 14 

Nickel chromite, NDR-209 15 

Nickel chromite, 2048 10 

Nickel chromite, 4552-150 11 

Nickel-cerium oxide catalysts 15 
Ratio, mole % 

25 Ni/75 Ce 13 

50 Ni/50 Ce 25 

75 Ni/25 Ce 19 

50 Ni/40 Ce/10 Cr 19 

50 Ni/25 Ce/25 Cr 11 

Nickel catalysts 16 containing Mn or Cu 
Ratio, mole % 

70 Ni/20 Cr/10 Cu 

85 Ni/7% Cr/7 l / 2 Mn 14 

50 Ni/50 Mn 4 


3 

3 


7 


*The conditions of reduction and testing are roughly comparable through¬ 
out the table. 

tUnder comparable conditions, the nickel-chromium oxide catalyst with 
Ni/Cr = 85/15 had an HCKSV of 45 hr -1 at 48°C. 

supports (or promoters) other than, or in addition to, chromium oxide. 
The work at Princeton may be conveniently divided into two sections, 
one dealing with nickel catalysts on a wide variety of supports (or 
promoters) and one with a series of chromites. The results of these 
experiments with miscellaneous base-metal catalysts are presented 
in the following three sections. 

(1) Miscellaneous Nickel Catalysts Tested at Columbia . Four groups 
of miscellaneous nickel catalysts were tested on the steam-hydrogen 
exchange at Columbia (see Table 9.3). Since the U.O.P. hydrogenation 
catalyst (nickel on kieselguhr) was active in the liquid-vapor exchange 
and was commercially available, it was tested very early in the vapor- 
phase reaction. The sample used showed low activity under the new 
conditions, but it was thought desirable to obtain and test other sam¬ 
ples of the same catalyst covering the range of hydrogenation activity 
over which it could be prepared. 
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A second group of nickel catalysts consisted of Du Pont nickel chro¬ 
mites of varying, unspecified preparation. Interest in these was in¬ 
creased by the mistaken impression that at least one was in large- 
scale production. 

A third group consisted of nickel —cerium oxide catalysts, which were 
prepared and tested at Columbia after some promising results with such 
compositions were obtained at Princeton. 

The last group consisted of a few catalysts containing copper or man¬ 
ganese oxide as well as, or in place of, chromium oxide. 

It was concluded from these data that the nickel-chromium oxide 
catalyst was more promising than any of the others tested, although the 
search for other supports was neither extensive nor intensive enough 
to exclude the possibility of better compositions. This possibility will 
be discussed further after the sections which deal with the miscella¬ 
neous base-metal catalysts tested on the vapor-phase reaction at 
Princeton. 

(2) Miscellaneous Nickel Catalysts Tested at Princeton. In the peri¬ 
od just after the introduction of the vapor-phase exchange reaction, 
several types of nickel catalyst were tested on it at Princeton. None 
of them gave results good enough to displace the platinum on charcoal 
then being intensively studied in that laboratory, but the nickel on 
cerium oxide appeared at first to be a possible competitor of the 
nickel-chromium oxide being developed at Columbia. Comparable 
tests against the best of the latter preparations, however, showed the 
nickel —chromium oxide to be superior. 17 The Princeton results are 
given in Table 9.4. 

(3) Chromite Catalysts for the Steam-Hydrogen Exchange Reaction. 
A number of chromite catalysts were tested on this reaction at Prince¬ 
ton. Only nickel chromite showed activity of the same order as the 
coprecipitated nickel-chromium oxide catalysts, but both nickel chro¬ 
mite and copper chromite were interesting in that they were markedly 
resistant to the poisoning action of carbon monoxide. Thus at a carbon 
monoxide concentration of 6 to 10 per cent in the reactant gas, the 
activity fell only slowly and was restored quickly by exposure to pure 
hydrogen. This resistance to carbon monoxide would be particularly 
useful if hydrogen from water gas were to be used as a source of 
deuterium. 

The effects of reduction and of steam to hydrogen ratio were studied 
on the nickel chromite and copper chromite, respectively. Water vapor 
seemed to inhibit, but the effect was less at higher reaction tempera¬ 
tures. 

The results of these studies are given in Table 9.5. 
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Table 9.4—Activity for Steam-Hydrogen Exchange of Miscellaneous Nickel Catalysts 

Tested at Princeton*’ 1 * 


Conversion to equilibrium, 




Reaction 

%, at indicated space 



temp.. 


velocity, x 10 


Catalyst 

H, reduction method 

°C 

5 

10 

30 

60 

Nickel on charcoal (5 g Nl/lOO ml 

At 1800 lb/sq in., 

80 

50 

13 

8 

7 

CWSN-11 charcoal) 

room temp. 






Nickel on charcoal (5 g Ni/lOO ml 

At 1800 lb/sq in.. 

80 

64 

24 



8-mesh Canadian charcoal) 

room temp. 






Nickel on alumina (15 g Ni/lOO ml 

At 350°C 

80 

13 




alumina) 

Nickel on chromium oxide (27 g 

At 350°C 

80 

98 

94 

80 

90 

Ni/lOO ml chromium oxide) 


55.5 

52 

58 

46 


Nickel on beryllium oxide (27 g Ni/lOO 

At 350*C (4 hr) 

80 

100 

97 

76 

50 

ml beryllium oxide, molar ratio, 
Ni/Be = 1/1) 






85 

Nickel on cerium oxide (Nl/CeOj = 

At 350°C (4 hr) 

80 

100 

100 

97 

25/75) 






70 

(Nl/CeOj = 50/50) 

At 350*C (4 hr) 

58.5 

100 

100 

93 


80 

100 

100 

96 

83 

(Ni/CeOj = 75/25) 

At 350°C (4 hr) 

56.5 

100 

100 

100 

90 


80 

100 

100 

96 

84 



56.5 

100 

100 

100 

93 

(Nl/CeO, = 90/10) 

At 350°C (4 hr) 

80 

100 

95 

80 

60 



56.5 

100 

95 

75 

65 


Table 9.5—Activity of Some Chromite Catalysts in the Steam-Hydrogen 

Isotopic Exchange Reaction 1 * 




Reduction 

h,o/h, ? 

Reaction 

HCKSV 

Catalyst 

Source 

temp., °C 

M 

temp., °C 

hr* 1 

Effect of cation: 






Zinc chromite 

Princeton 

380 

0.67 

80 

0.6 

Copper chromite 

Princeton 

350 

0.67 

100 

1.5 

Copper chromium oxide 

Princeton 

250 

0.67 

100 

1.8 

Copper chromite 

Du Pont 

250 

0.67 

100 

1.0 

Copper barium chromite 

Du Pont 

250 

0.67 

100 

0.5 

Nickel chromite 

Effect of reduction: 

Du Pont 

290 

0.67 

100 

22 

Nickel chromite 

Du Pont 



56 

0.4 

Nickel chromite 

Effect of steam to hydrogen 

Du Pont 

56* 


56 

1.3 

ratio: 






Copper chromite 

Du Pont 


0.50 

80 

1.1 

Copper chromite 

Du Pont 


0.59 

80 

0.9 

Copper chromite 

Du Pont 


0.91 

80 

0.5 


*Stood overnight. 

(4) Discussion of Results and Recommendations on Other Supports 
and Promoters . The Columbia results quoted previously in this sec¬ 
tion indicate that neither kieselguhr nor cerium oxide is as effective 
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a support for nickel as chromium oxide, at least under any of the con¬ 
ditions of preparation tried. The Princeton results on cerium oxide as 
a support looked promising in comparison with those on the particular 
nickel-chromium oxide catalyst tested at the same time, but, later 
more extensive comparisons at Columbia, both on the Princeton prep¬ 
arations and on similar ones made at Columbia, proved to be in favor 
of the chromium oxide as support. 

Results obtained in both laboratories showed that metal chromites 
were less active than the coprecipitated nickel-chromium oxide, al¬ 
though nickel chromite had appreciable activity, and both it and copper 
chromite showed interesting resistance to carbon monoxide as a poison 
for the exchange reaction. 

Further research on the composition of base-metal catalysts is 
probably uneconomical in view of the excellent results obtained at com¬ 
parable cost with the platinum on charcoal. There seems little chance 
of finding a base-metal catalyst that will be better than platinum at a 
slightly higher concentration. Such an increase might make the first 
cost of the platinum higher than that of a new base-metal catalyst, but 
the recoverability of the platinum reduces its final cost considerably. 

Improved base-metal catalysts might be desirable for exchange plants 
operating on less pure hydrogen (e.g., in connection with a synthetic 
ammonia plant), and the study of other compositions would be interest¬ 
ing scientifically. 

All the work so far performed points to nickel as the only metal with 
activity comparable to that of the platinum metals. Activity for the 
exchange seems to run parallel to activity in hydrogenation, and nickel 
is the most active base-metal hydrogenation catalyst. Hence search for 
improved supports for nickel is probably more promising than search 
for catalysts based on another metal. 

Two lines of research on supports for nickel appear interesting and 
possibly fruitful. One is a systematic study of single oxides, each 
studied at a series of nickel concentrations. A suitable oxide should 
be rather insoluble in water and nonreducible up to around 350°C (since 
elemental nickel is necessary for activity and is formed at an appreci¬ 
able rate by hydrogen reduction only near or above that temperature). 
The other line of research is the study of mixed oxides as supports. 
One interesting sort of mixture would be that of two isomorphous oxides 
in various proportions to give supports of systematically varied lattice 
dimensions. Mixtures of divalent and trivalent metal oxides might also 
be interesting since spinel formation could be brought about to varying 
degrees by heat-treatment with the consequent possibility of a consid¬ 
erable range of controllable support structure. 

(d) Miscellaneous Catalysts for the Liquid Water—Hydrogen Exchange 
Reaction. Before the substitution of the vapor-phase reaction, several 
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Table 9.6—Activities of Some Nickel Catalysts Tested at Princeton on 
Isotopic Exchange Between Liquid Water and Hydrogen 4 


Catalyst 

Source 

Reduction conditions 

Half time 
at 25°C, 
min 

15% nickel on kieselguhr 

Du Pont 

2 days at 425°C 

3.2 

(made in 1930) 

15% nickel on kieselguhr 

Du Pont 

2 days at 425°C 

3.3 

(made in 1942) 

15% nickel on kieselguhr 

Du Pont 

24 hr at 350°C 

2.4 

15% nickel on kieselguhr 

Du Pont 

24 hr at 350°C plus 

3.0 

15% nickel on kieselguhr 

Princeton 

24 hr at 400°C 

2 days at 425°C 

17 

(kieselguhr purified by 
boiling in HNO s ) 

15% nickel on kieselguhr 

Princeton 

At 350°C 

17 

(kieselguhr purified by 
boiling in HNO s ) plus 

1.5% Cu 

15% nickel on alumina 

Princeton 

2 days at 425*0 

3.3 

15% nickel on alumina 

Princeton 

At 350°C 

3.7 

plus 1.5% Cu 

10% nickel on porcelain 

Princeton 

At 360°C 

25 

Nickel, platinum, manganese 

Princeton 

6 hr at 150°C 

0.5 

on charcoal 

55-60% nickel on kieselguhr 

U.O.P. 

As received, probably 

18 

55-60% nickel on kieselguhr 

U.O.P. 

stabilized 

As received, probably 

12 

55-60% nickel on kieselguhr 

U.O.P. and 

stabilized, plus 12 hr 
at 350°C 

No reduction 

17 

plus 0.3% platinum 

55-60% nickel on kieselguhr 

Princeton 

U.O.P. and 

No reduction 

12 

plus 0.3% platinum 

Princeton 




nickel catalysts were tested on the liquid water—hydrogen exchange 
reaction at Princeton. Since these results are off the main line of de¬ 
velopment of the nickel catalysts at Columbia and of the platinum on 
charcoal catalyst at Princeton, they are collected here in a separate 
table (Table 9.6). 

A large number of catalysts were tested on the liquid water-hydro¬ 
gen exchange reaction at Columbia. Typical results on nickel catalysts 
are given in Table 9.1. More extensive data 9 on nickel catalysts, to¬ 
gether with results on catalysts such as tungsten sulfide and molybde¬ 
num sulfide, are to be found in reference 9. 

2.2 Precipitation. Alternative methods available for the prepara¬ 
tion of multicomponent catalysts include precipitation, fusion of com¬ 
ponents, grinding together of components, etc. Precipitation is pre¬ 
ferred, except in special cases, because an intimate mixture of the 
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components can be obtained at low temperature and with a large sur¬ 
face area. Precipitation methods only were used for the nickel-chro¬ 
mium oxide catalysts. 

Precipitation variables that have been found to affect the activity of 
multicomponent catalysts are the order of addition of solutions (metals 
to precipitant or vice versa), coprecipitation or separate precipitation 
of the components, concentration of solutions, rate of precipitation, 
vigor of agitation, and temperature. 20 - 21 Most of these were investigated 
during the development of the nickel —chromium oxide catalysts. 

(a) Coprecipitation Vs. Separate Precipitation . The data in Table 9.7 
appear to show that coprecipitation of the two components is preferable 
to separate precipitation. 

Table 9.7 —Activity of Nickel-Chromium Oxide Catalysts for Steam-Hydrogen 
Isotopic Exchange as a Function of Method of Precipitation 


Method of precipitation 

HCKSV 
at 48°C, 
hr" 1 

Ref. 

Metals solution added to CO"" (average of 4) 

50 ± 12* 

22 

C0 3 "" added to metals solution (average of 4) 

49+7 

22 

Cr and Ni added separately to CO,"" (Cr first) 

4 

22 

Cr and Ni added separately to C0 3 "" (Ni first) 

5 

22 

Ni precipitated onto Cr 2 O s by U.O.P. (as in 
commercial practice for Ni on kieselguhr) 

24 

23 

Ni and Cr 2 0 3 coprecipitated by U.O.P. 

43 

23 


*Figures after ± signs are average deviations from the mean. 


The results shown in Table 9.7 are definite regarding the superiority 
of coprecipitation over separate precipitation of the components but 
seem to show no difference between addition of metals to precipitant 
and precipitant to metals. Nevertheless, the first order of addition was 
adopted throughout the research and development work because it has 
been shown in another case 21 to give catalysts of less sensitivity to 
other preparational variables and because it accords with usual indus¬ 
trial practice for multicomponent catalysts prepared by coprecipitation. 

(b) Concentration. The effect of concentration of solutions upon ac¬ 
tivity is indicated by the following statement quoted from the last re¬ 
port in which precipitation variables were considered. 12 “It is probably 
a safe conclusion that satisfactory catalysts can be made with con¬ 
centrations of solutions from 0.2 to 3.5 molar — . Series of prepa¬ 
rations made to show specifically the effect of concentration have given 
erratic results, tending to show higher activities in more dilute solu¬ 
tions .... However, the plant catalyst, made from concentrated solu- 
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tions,has an activity at least as high as the average of laboratory prep¬ 
arations made from dilute solutions.” Table 9.8 summarizes some of 
the pertinent data. 

Since these and other data indicated that the catalysts prepared from 
concentrated solutions were probably equal in activity to those prepared 
from dilute solutions, concentrated solutions were adopted for the 
large-scale production because of the saving in time and size of equip¬ 
ment which resulted from the smaller volumes. The catalyst, as finally 
manufactured, was made from about 2.0M mixed nitrates (specific 

Table 9.8—Catalyst Activity Vs. Concentrations of Solutions 

Used in Precipitation 


HCKSV 
at 48°C, 


Metals, M* 

Na 2 CO s , M 

hr” 1 

Ref 

3.0 

2.0 

43 t 3t 

12 



58 i 121 

12 

0.2 

0.25 

56 

23 

0.5 

0.5 

44 

23 

0.5 

0.5 

44 

23 

0.85 

1.0 

43 

23 

3.4 

2.4 

73 

24 

0.8 

0.8 

45 

24 

3.8 

2.4 

20 

25 

3.0 

2.4 

15 

25 

2.5 

2.0 

20 

25 

2.0 

2.0 

45 

25 

1.5 

2.0 

45 

25 

2.0 

1.5 

55 

25 

1.5 

1.5 

65 

25 


*Equals (moles of nickel plus moles of chromium) per liter, 
tAverage of six preparations. 

(Average of three preparations. 

9U.O.P. preparation. 

gravity = 1.26, 30°B6) and about 3.4M sodium carbonate (specific grav¬ 
ity = 1.295, 33°B6) 28 

(c) Rate of Precipitation . The rate of precipitation of the catalyst 
is another variable of some economic importance. Laboratory experi¬ 
ments designed to study its effect upon activity showed that in the region 
of vigorous to violent agitation the addition of one solution to the other 
by spraying gave no beneficial effect over the addition in one stream at 
the same volume rate [half-conversion kilo space velocity (HCKSV) at 
48 C = 56 and 55 hr -1 , respectively, each value being an average over 
several catalysts]. No results were obtained from laboratory prepara¬ 
tions in the region df moderate agitation, but in the plant, with less ef- 
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fective agitation than in the laboratory, addition to the precipitant under 
the liquid near the propeller gave catalysts of higher activity than those 
prepared by running the precipitant into the top of the tank, remote from 
the propeller. The former had activities around 70 hr* 1 and the latter 
around 55 hr -1 at 48°C. 

The actual rate of precipitation used in the plant was such that it 
took about 2 hr for the addition of a metal nitrate solution containing 
400 lb of nickel. 

As implied in the preceding paragraph, agitation and rate of addition 
of precipitant are undoubtedly closely connected in so far as they affect 
the properties of coprecipitated catalysts. The concentrations of the 
solutions must also be related to these variables since, for the same 
volume rate of addition of precipitant, the rate of formation of precipi¬ 
tate will vary directly with the concentrations. The relations between 
these and other precipitation variables and catalyst activity are not 
well understood, but a little can be done in the way of relating these 
empirical factors to somewhat more fundamental generalizations. Cata¬ 
lytic activity is dependent upon the surface area of the catalyst, and 
this, in turn, is to some extent dependent upon the rate of formation of 
the precipitate. The surface is also dependent upon the state of aggre¬ 
gation of the precipitate, which is a rather complicated function of 
electrolyte concentrations, time, and rate of stirring. Time or rate may 
enter also because of aging phenomena within the particles of the pre¬ 
cipitate. Finally, rate, stirring, concentration, etc., may affect the 
activity of a multicomponent catalyst by affecting the inhomogeneity 
probably existent within the precipitate. 21 

(d) Excess of Reagents . A further variable of precipitation is the 
relative amounts of metal salts and precipitant used. Any effect of this 
upon activity is presumably through adsorption of the ions present in 
excess, and two modes of action can be imagined. One is the peptizing 
or agglomerating action of the ion or ions adsorbed with an effect 
principally on the size of the colloidal aggregates and therefore perhaps 
on the surface area of the finished catalyst, and the other is the more 
direct effect which would be expected from a large concentration of a 
particular ion on a surface functioning as a catalyst. 

The following quotation concerning the effect of this variable upon 
activity is taken from the final report in which precipitation variables 
were considered. 22 “Catalysts were prepared with as much as 45 per 
cent excess over the theoretical amount of sodium carbonate and with 
as much as 25 per cent excess of metal salts. The activities were 
somewhat lower than those of catalysts prepared with the usual 5 to 10 
per cent excess of carbonate, but not sufficiently lower as to sugges 
that unusual activities could be obtained by closer exploration of this 
variable." It is obvious that larger effects would be expected with 
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ammonium carbonate as a precipitant because of the selective solvent 
action of ammonia on the nickel. 

In plant production 26 the control of excess precipitant was by means 
of the pH of the solution. Precipitation was continued (addition of metals 
to carbonate) until the pH reached 7.0. Agitation was continued for 2 hr, 
and the pH was again determined. It ordinarily increased to about 7.5 
to 7.7 in that time, but, if it had increased further than that, it was 
brought back to about 7.5 by the addition of more of the mixed metal 
nitrates. The approximate amounts used may be seen from the fact that 
1000 lb of 58 per cent white soda ash was made ready for each 400 lb 
of nickel and 55 lb of chromium, an excess of sodium carbonate amount¬ 
ing to about 11 per cent of the number of moles of metals. 

This increase in pH on stirring was also observed in the laboratory 
and is probably the result of evolution of CO 2 from supersaturated so¬ 
lution. A possible serious consequence, the precipitation of alkaline 
earth and magnesium carbonates on the surface of the catalyst when 
impure water is used for the solutions, was mentioned in the final re¬ 
port on catalyst development. 27 Whether this will happen at the end of 
the precipitation or throughout it, however, will depend partly on the 
relative solubilities of the various carbonates. Magnesium carbonate is 
probably more soluble than nickel carbonate and will perhaps be pre¬ 
cipitated last, but calcium carbonate is more insoluble and will prob¬ 
ably be precipitated continuously as the solutions are mixed. 

(e) Temperature of Precipitation. The temperature at which pre¬ 
cipitation is carried out remains to be considered. It is obvious that 
this might affect the activity in a number of ways, but the few prepara¬ 
tions made at elevated temperatures showed no significant improvement 
in activity, therefore room-temperature precipitation was adopted. In 
the plant operations the temperature during precipitation was between 
30 and 45°C. 

2.3 Washing and Effect of Impurities. The primary purpose of wash¬ 
ing a precipitated catalyst is to remove the unwanted ions left from the 
double decomposition reaction. A further purpose may be to remove 
extraneous ions occurring as impurities in the starting salts or in the 
process water. Finally, washing may be done for the purpose of intro¬ 
ducing directly to the surface small amounts of foreign substances as 
promoters. The direct effect of washing, the control of the surface con¬ 
centration of specific poisons and promoters, is accompanied by an in¬ 
direct effect, i.e., the alteration of the colloidal properties of the pre¬ 
cipitate and therefore of the surface area of the final catalyst. 

The first part of this discussion is devoted to a consideration of the 
effects of impurities left in the nickel — chromium oxide catalyst from 
various starting materials. The second part describes the methods 
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used for purifying the starting materials and the effect of such purifi 

cation upon the activity, and the third takes up the purification by wash 
ing of the precipitated catalyst. 

(a) Effect of Impurities on Activity. Two general methods are avail¬ 
able for studying the effects of impurities: (1) varied extent of washing 
preferably followed by chemical analysis, and (2) substitution of alter¬ 
nate ions for the pair not involved in the precipitate. The first method 
is frequently supplemented by the addition of known amounts of im¬ 
purities to exhaustively washed samples. Both these methods were em- 
ployed in this research. 

Impurities studied were from two sources: the unreacting pair of 

starting ions and the impure water (Lake Erie) used in the early plant 

preparations. It seems convenient to consider these two classes sepa¬ 
rately. 

(1) Impurities Inherent in Starting Materials. In the manufacturing 
process adopted for this catalyst, these impurities would be sodium ion 
and nitrate ion in large amounts and carbonate (and bicarbonate) in 
smaller amounts. Arguments based on substitution of other ions for 
these in the starting compounds seem to show that these ions are with¬ 
out bad effect in the amounts normally left in the catalyst after washing 
with pure water (distilled or purified by ion exchange). 

Sodium ion was shown to be probably harmless in small amounts by 
comparison of catalysts made with sodium carbonate with those made 
with ammonium carbonate. The latter precipitant was used in the early 
stages of the work, but a few trial preparations made with sodium car¬ 
bonate seemed to be as active. This indication was confirmed by the 
later extensive work with sodium carbonate in that the average activi¬ 
ties obtained during this later work were equal to, or better than, those 
obtained earlier with the ammonium carbonate and catalysts of excep¬ 
tionally high activity were obtained as frequently with the sodium as 
with the ammonium carbonate. 

Ammonium carbonate was used initially because of its easy removal 
by volatilization and because of the known occasional bad effect of un¬ 
removed traces of such ions as sodium and potassium. The use of am¬ 
monium carbonate introduced a difficulty because of the solubility of 
nickel (and to a lesser extent of chromium) compounds in solutions such 
as those of ammonium carbonate which contain free ammonia. It would 
have been impossible to add a mixed solution of nickel and chromium 
nitrates to an ammonium carbonate solution and obtain a precipitate of 
composition equal throughout to that of the original mixed solution since 
the first part of the nickel added would form the complex nickel-ammo¬ 
nium ion, leaving almost pure chromium nitrate to form the first part 
of the precipitate. This effect was avoided by saturating the ammonium 
carbonate solution before the start of precipitation with nickel and with 
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chromium separately so that from the beginning of the addition of the 
mixed solution the precipitate would consist of both components in the 
desired ratio. The extra step of saturation and the higher cost of am¬ 
monium carbonate made an investigation of sodium carbonate desirable, 
and this investigation gave the results described in the preceding para¬ 
graph. 

A few experiments were made in which sodium hydroxide was used 
as precipitant. The resulting activities were of the same order as the 
usual ones with sodium or ammonium carbonates, and the substitution 
did not yield any other advantages. Comparison of carbonate with hy¬ 
droxide or other anion is not entirely a question of impurity, of course, 
since that ion forms part of the precipitate and hence contributes di¬ 
rectly to the structure of the catalyst at the undried stage. 

The substitution of sulfate for nitrate as anion in the metal salts re¬ 
sulted in extremely poor catalysts. Two preparations 13 by U.O.P. 
showed zero activity at 48°C, and one preparation at Columbia had an 
HCKSV of only 5 hr -1 at 48°C. It was concluded 16 that sulfates were un¬ 
desirable, and no more attempts were made to use them, although they 
are somewhat cheaper than the corresponding nitrates. 

The only other attempt to substitute other anions for nitrate was one 
in which chromium acetate and nickel sulfate were used as the metal 
salts. This is the catalyst, mentioned in the preceding paragraph, 
which has an activity of 5 hr -1 , and the results of the other prepara¬ 
tions from sulfates indicated that the sulfate ion alone could produce 
the low activity. Hence the preparation proved nothing about the effect 
of acetate. No further experiments with acetate were tried, however, 
because it was becoming clear that high purity was desirable and be¬ 
cause the acetate was tried only since it was a cheap source of chro¬ 
mium (in a technical grade). 

At the beginning of plant production it was believed, as a result of the 
above experiments, that the sodium ions were not harmful relative to 
the ammonium ions in the concentrations in which they were left by the 
laboratory washing but that nitrate was to be preferred to sulfate. Fur¬ 
ther data relative to the effect of sodium and sulfate were obtained dur¬ 
ing the plant production in connection with the study of the effect of 
impurities in the process water. These results are discussed in the 
following sections. 

(2) Impurities from Process Water. Two types of impurity are con¬ 
sidered in this section, alkali and alkaline-earth ions and sulfate ion. 
Both are known to be harmful to certain catalysts, and both occurred to 
various extents in the different batches of semiworks and plant cata¬ 
lysts. Sulfate presumably acts by forming, after reduction, a surface 
layer of nickel sulfide, this layer not being further reduced to metallic 
nickel under the prevailing conditions. Alkali and alkaline-earth ions 
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may act simply by blocking off parts of the final active surface by hin- 
ering the reduction in some manner, or by promoting sintering of the 
active surface by some sort of fluxing action. 

Some attempts were made to separate the effects of these two classes 
of impurity, and some data bearing on the question were obtained inci¬ 
dentally to other experiments. Table 9.9 shows several results. 

Table 9.9 Sulfate, Alkali, and Alkaline-earth Ions Vs. Activity 


Description of 
washing of catalyst 

Washed with lake water to 0.37% Na, 

0.06% SO< 

Washed with lake water to 0.03% Na, 

0.19% SO« 

Washed with distilled water 

Washed with distilled water with 1% 

Ca added before calcining 

Washed with distilled water with 
0.35% Mg added before calcining 

•Calcination is the operation of heating the dried precipitate in a nonreducing at¬ 
mosphere to remove H z O and C0 2 prior to pilling. 

tThese activities consist of averages over several reduction temperatures. 

In so far as these results are representative, they show that small 
amounts of sulfate are probably not harmful or at least that they are 
much less so than alkali or alkaline-earth metals. It appears also that 
the sensitivity to the latter ions is a function of the type of calcination 
employed. This would seem to indicate that they exert some promoting 
effect upon oxidation during calcination since their effect is not con¬ 
sistently deleterious in an inert atmosphere. It would seem also that 
the harmful oxidation did not take place without a certain amount of 
alkaline-earth (or alkali) impurity since the untreated catalyst shows 
no difference in activity between the two types of calcination. 

The small effect of these small amounts of sulfate is in line with the 
relatively good resistance to poisoning byH 2 S possessed by the finished 
catalyst (see Sec. 3.4). The bad effect of sulfate salts as starting mate¬ 
rials mentioned earlier [see Sec. 2.3a(l)] does not necessarily contra¬ 
dict this since those catalysts probably contained considerably more 
sulfate than the ones considered here. 

The principal source in the plant of the impurities just discussed was 
the water originally used in making up the solutions and in washing the 
precipitate. This was water from the Cleveland, Ohio, waterworks and 
was originally from Lake Erie. An analysis of this water is shown in 
Table 9.10. 


HCKSV at 48°C, hr’ 1 


Calcined 

Calcined in 


in air* 

inert atm 

Ref. 

36 


27 

45 


27 

74 + 7t 

73 + 8t 

28 

54+4 

67+6 

28 

63 ± 7 

78+8 

28 
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(b) Purification of Starting Materials. With the first plant batch of 
catalyst, it was apparent that low activity was being obtained probably 
because of impurities, and it was further found that the impurities came 
from the Lake Erie water. Purification of the water was therefore de- 

Table 9.10—Analysis of Lake Erie Water 27 
(Cleveland Waterworks) 


Amount, ppm by weight 


Sodium 

2-4 

Calcium 

34.1 

Magnesium 

8.5 

Sulfate 

24.0 

Chlorine 

16.0 

Iron 

0.04 

Silica 

0.90 


Table 9.11 — Purification of Cleveland City Water by Permutit Company 

Demineralizing Plant 2 ® 


Amount, ppm by weight 



Raw 

Treated 

Total hardness, expressed as CaCO, 

115 

0-2 

Calcium hardness, expressed as CaC0 3 

65 


Magnesium hardness, expressed as CaCO, 
Alkalinity to methyl orange, expressed as 

50 


CaCO, 

90 

3-6 

Free carbon dioxide, expressed as CO z 

5 

80 

Chlorides, expressed as NaCl 

30 

1-2 

Sulfates, expressed as Na^O* 

53 

1-2 


cided upon, and it was found that an ion-exchange system would give, at 
lower cost, water of quality comparable to that of water obtained by 
distillation. A Permutit demineralizing plant was installed for this pur¬ 
pose under a guarantee to give the results shown in Table 9.11. 


The results of the introduction of treated water for raw Cleveland 
city water are shown in Table 9.12. It is obvious that the use of treated 
water markedly improved the catalyst. 

After the introduction of treated process water with the improve¬ 
ments noted in Table 9.12, it seemed desirable to purify the starting 
metal salts to see if further improvement in activity could be effected. 
The data obtained, summarized in Table 9.13, show a small but prob¬ 
ably definite increase in activity with increasing purity of the starting 
nickel nitrate. B 


It appears from these data that the effect of impurities in the starting 
nickel nitrate is most marked at low reduction temperatures and be- 
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Table 9.12 — Effect of Treated Vs. Untreated Water upon Catalyst Activity 30 




In calcined powder, wt. % 








HCKSV 

Batch No. 

so 4 

Na 

Ca + Mg 

Total 

at 48°C, hr" 

Raw process water 






80-1 

0.06 

0.37 



22* 

80-3 

0.04 

0.07 

0.55 

0.66 

23 

80-4 

0.05 

0.08 

0.53 

0.66 

23 

80-2 

0.10 

0.03 

0.50 

0.63 

24 

80-la 

0.19 

0.03 

0.52 

0.74 

27 

Treated process water 






80-57 

0.01 

0.01 

0.004 

0.02 

50 

49-HX-3 

0.01 

0.02 

0.02 

0.05 

51 

49-HX-2 

0.01 

0.02 

0.02 

0.05 

52 

80-55 

0.03 

0.008 

0.01 

0.05 

53 

80-54 

0.04 

0.01 

0.02 

0.07 

53 

80-56 

0.04 

0.01 

0.02 

0.07 

53 


*The activities in the first group were measured on 8- to 14-mesh granules; the 
ones in the second were measured on Vs-in. pills. The measured HCKSV’s for the 
first group were multiplied by 0.6 to give the corrected figures shown in this table, 
which should therefore be comparable with activities obtained on V 8 -in. pills (see 
Table 9.24). 


Table 9.13—Purification of Nickel Nitrate Vs. Catalyst Activity* 1 


HCKSV at 48°C 


, , (after reduction at indicated temp., °C), hr 1 

Grade of _ a___ 


nickel nitrate* 

250 

275 

300 

325 

350 

375 

Averaget 

Maximum! 

C (rewashed) 

41 

59 

54 

50 

41 

31 

54 

59 

E (selected) 


53 

55 

51 

44 

34 

53 

56 

D (rewashed, special) 


51 

49 

48 



49 

51 

A (technical) 

22 

45 

47 

48 

46 

37 

47 

48 

B (treated with HF) 

19 

44 

44 

48 

46 

33 

45 

48 


*A (technical) = Harshaw technical grade; B (treated with HF) = Harshaw technical 
grade purified by HF treatment; C (rewashed) = NiCO s precipitated from technical 
NiS0 4 , thoroughly washed with treated water, and then converted to nitrate; D (re- 
washed, special) = NiCO s precipitated from technical NiS0 4 , thoroughly washed in 
treated water, reslurried in 0.01M (NH«) 2 CO„ washed to remove this, and finally con¬ 
verted to nitrate; and E (selected) = technical crystals selected to meet the following 
impurity specifications: S0 4 =£ 0.01%, Na ^ 0.05%, and Ca + Mg =£0.1%. 

tThe figures in this column are averages over the three temperatures 275, 300, and 

325°C. 

tThe figures in this column are the highest activities obtained at any reduction tem¬ 
perature. 
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comes negligible at 325°C. This shows rather conclusively that the im¬ 
purities do not, in this case, function solely by covering up active sur¬ 
face but take some part in the reactions leading to that surface. One 
possible mode of action would be an inhibition of reduction of nickel 
oxide to nickel, thus hindering the formation of the very active areas 
obtainable with low-temperature reduction. 

(c) Removal of Impurities from the Precipitate. Two methods of 
washing were used in the laboratory: (1) slurry washing, consisting in 
stirring in a wash solution followed by filtration, and (2) percolation 
washing, consisting in running wash solution through a bed of lumps of 
the material to be washed. The latter has the advantages of requiring 
only the initial filtration, which is helpful with difficultly filterable pre¬ 
cipitates, and of requiring little attention and handling. Its chief dis¬ 
advantage is that it requires long times and large volumes of wash so¬ 
lution because of the poorer contact between precipitate and solution. 
No data were obtained which would permit quantitative comparison of 
the methods. 

Two types of washing were employed in the plant: (1) filter-press 
washing carried out in the usual way and (2) slurry washing similar to 
the laboratory type. In most of the preparations both methods were 
used in conjunction. 

A long series of laboratory experiments led to the conclusion that 
washing, at least beyond a certain minimum, has no marked effect upon 
the activity of the catalyst. Earlier work had indicated that there was, 
perhaps, an optimum amount or scheme of washing, due possibly to a 
promotional effect of small amounts of some of the ions being removed 
in the washing. Therefore seven different washing schemes applied to 
one precipitate gave finished catalysts having activities of 2, 36, 37, 99, 
49, 73, and 50 hr -1 with the two higher activities, 99 and 73 hr -1 , not 
corresponding to the most extensive washing. Similar high activities 
were observed in other series of preparations, often corresponding to 
an intermediate extent of washing. However, the consistent failure to 
duplicate such occasional high activities, together with the results given 
in Table 9.14, led finally to the conclusion at the beginning of this para¬ 
graph. Table 9.14 shows the data obtained in the most extensive and 

best controlled series of washing experiments and lends considerable 
support to the conclusion. 

The laboratory experiments with pure materials (Table 9.14) indicate 
that washing beyond a certain necessary minimum has little effect upon 
activity. Some plant-scale preparations described in Table 9.15 con¬ 
firm this conclusion but indicate a necessary qualification; i.e cata¬ 
lysts made from impure starting materials require more TOs’hiiig than 
those made from purified starting materials. 
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Table 9.14 —Extent of Washing Vs. Catalyst Activity (Laboratory Catalysts) 32 




HCKSV at 48°C (after 

reduction 

A 

at 325°C), hr 

-l 

Catalyst 

3* 

4* 

5* 

6* 

8* 

10* 

202-51 

53 


61 




202-53 

56 

57 

51 




202-55 

59 

54 

64 




202-57 


60 

54 




202-59 

51 

49 

48 

58 

48 

60 

202-63 

44 

50 

41 

42 

49 

47 

202-67 

51 


51 

60 

59 

56 

Average 

52 

54 

53 

53 

52 

54 


♦Number of washings preceding reduction. 


Table 9.15 — Extent of Washing Vs. Catalyst Activity (Plant Catalysts) 33 

HCKSV at 48°C 

^ ^ A , _ . (after reduction at indicated temp., °C), hr -1 

Extent of washing ,_1_*_ * _ _ 


of nickel nitrate* 

275 

288 

300 

325 

350 

Average 

Maximum 

A (technical) 








Regular! 

36 



40 


38 

40 

Doublet 

51 


54 

54 

48 

52 

54 

Double with (NH*) 2 C0 3 § 

C (rewashed) 

47 


49 

50 

49 

49 

50 

Regular 

55 

54 

54 

50 

40 

51 

55 

Double 

59 

54 

48 

48 


52 

59 

Double with (NHj 2 C0 3 

E (selected) 

60 

54 

53 

49 

40 

51 

60 

Regular 

53 


52 

49 

42 

49 

53 

Double 


56 

54 

49 

46 

51 

56 

Double with (NHj 2 C0 3 



58 

56 

43 

52 

58 


♦Nickel nitrate types A, C, and E are described in the notes of Table 9.13. 
tWashing in a filter press, one reslurrying, and the second washing in a press. 
tRegular washing plus a second reslurrying and a third press washing. 

§ Double washing using 0.01M (NH«) 2 CO, as wash liquid in the second reslurrying. 

It is a common practice to use displacement washing in the prepara¬ 
tion of catalysts, incorporating ions in the wash water which will dis¬ 
place impurity ions from the surface of the precipitate. The ammonium 
ion, for example, is frequently used to displace adsorbed cations be¬ 
cause it is itself readily removed by volatilization. The only laboratory 
experiments employing displacement washing were some attempting to 
reclaim the earlier plant catalyst made from Lake Erie water. No con¬ 
sistent improvement in activity was found from any of the washings 

listed in Table 9.16. 
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Table 9.16—Solutions and Conditions Used in Laboratory Displacement 
Washings Without Improvement in Catalyst Activity 34 


Solution 


0.0001M 0.001M 


0.01M 0.1M No. of washings* 


Solutions in distilled water 
Distilled I^O 
Distilled HjO, hot 
Ni(N0 3 ) 2 

Ni(N0 3 ) 2 -Cr(N0 3 ) 3 

(NH 4 ) 2 C0 3 

NH 4 HC0 3 

Ni(NOj ) 2 -Cr(NO s ) s 
followed by (NH 4 ) 2 C0 3 
(NR.) 2 C0 3 saturated with Ni 
and Cr 

Solutions in Lake Erie water 
Ni(NO a ) 2 -Cr (NOj ) 3 
(NR.) 2 C0 3 


Possible ionic promoters 


N^COj 

X 

NaHC0 3 

X 

(NH^jSO* 

X 

N^SO, 

X 

nr.no. 

X 


1,2,3 

1,2,3 


xx 2 

x 2 

x 2 

xx 2 

x 2 

x 2 



x 2 

x 2 

1,2,3,4,5 


x 

x 

X 

x 

X 


3 

3 

2 

2 

2 


*Each laboratory washing consisted in stirring the dried, uncalcined catalyst with 
5 liters of wash liquid for each 115 g (about 1 mole) of catalyst. The original catalyst 
had been prepared with Lake Erie water. Where more than one number appears in the 
row, a separate portion of catalyst was used for each number of washings quoted. 


The last series of solutions was included not so much to test dis¬ 
placement washing as to test whether small amounts of some of those 
ions would exert a promoting effect upon the catalyst. 

The effect of displacement washing was tested also in the plant. The 
third type of washing shown in Table 9.15 used 0.01M (NH 4 ) 2 C 03 for the 
second slurry washing. The results shown in that table indicate that 
the inclusion of the displacement agent had no beneficial effect com¬ 
pared with the same amount of washing with plain treated water. 

A further test of displacement washing was made in the plant with the 
added refinement of testing the catalysts not only after a series of re¬ 
ductions at different temperatures but also after a series of calcina¬ 
tions at different temperatures. The results are given in Table 9.17. 

There seems to be a small activity difference in favor of the cata¬ 
lysts made with displacement washing (and from selected nickel nitrate) 
over those made with ordinary washing (and from purified nickel ni¬ 
trate). The conclusion originally drawn, 88 ascribing the effect entirely 
to the difference in washing, is perhaps true but not positively since 
there is no independent proof that the difference in source of nickel 
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nitrate is without effect. Earlier experiments (Table 9.13) indicated 
that this was true, but they were done with only one temperature of 
calcination and are hence no more conclusive than the displacement¬ 
washing experiments done in the same way which indicated displace¬ 
ment washing to be without effect. 

It is also possibly true 36 that the catalysts washed with (NH 4 ) 2 C0 3 are 
more resistant to high temperatures of calcination (note the large dif¬ 
ference in Table 9.17 at a calcination temperature of 500°C). This 


Table 9.17 — 

-Displacement Washing with (NH,) 2 CO s Vs. Ordinary 


Washing* (Plant Catalysts) 35 

Difference in HCKSV at 48°C (after 

Calcination 


reduction at indicated temp., °C),f hr -1 

temp., °C 

280 

305 325 350 375 

325 

5 

0 

350 

-7 

5 3 14 

375 


9 

400 


2 

450 


5 

500 


15 


Average difference = 4 


* Catalysts washed by displacement were made from selected 
nickel nitrate, E in Table 9.13; those given the ordinary washing 
were made from purified nickel nitrate, C in Table 9.13. The ac¬ 
tual activities in the two series varied from about 30 hr -1 at the 
higher calcination and reduction temperatures to about 60 hr -1 at 
the lower temperatures. 

t Difference in HCKSV is the activity of displacement-washed 
catalyst minus the activity of ordinary-washed catalyst and is 
hence positive if the displacement-washed catalyst is more active. 
Displacement washing is the third type defined in Table 9.15, and 
ordinary washing is the second type defined in the same table. 

might be important if calcination temperatures were not fairly well 
controlled, but, since it occurs well above the recommended tempera¬ 
ture 37 ' 38 of calcination, 325 to 350°C, it is probably of no practical con¬ 
sequence. 

2.4 Drying. No extensive investigation of drying was conducted. The 
usual laboratory procedure was to dry the filter cake in an air oven for 
24 hr at 105 to 120°C. The method used in pilot-plant operation was 
drying at 65 to 70°C until the volatile content determined at 600°C was 
30 to 40 per cent. This method was adopted in plant production, the wet 
cake being disposed in enameled pans in steam-heated ovens. 

Drying on a rotary-drum dryer was briefly investigated in the plant, 
but the product was extremely fluffy and difficult to pill and showed no 
advantage in activity or pill strength. 
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2.5 Calcination . Calcination, heating of the dried precipitate in a 
nonreducing atmosphere to a temperature where decomposition is ap¬ 
preciably rapid, was introduced fairly early in the research to minimize 
shrinkage during subsequent reduction. 39 When pilling was found to be 
the best method of forming the catalyst, calcination was found to be 
necessary for the maintenance of pill strength after reduction since 
pills made from uncalcined powder were seriously weakened by the 
large shrinkage on reduction. 40 During the later stages of the develop¬ 
ment of the catalyst, the effects of calcination variables upon activity 
were investigated. 

(a) Atmosphere of Calcination. The reactions which the calcination 
is intended to bring about are the removal of strongly bound water and 
of carbon dioxide, thereby altering the original hydrated mixture of 
basic carbonates of nickel and chromium to a mixture of oxides. In the 
presence of air there is the further possibility of oxidation of either or 
both of the oxides to a higher valence state. 41 This was shown to occur 
in the case of the chromium by detection of chromate ion in water that 
had been used to leach air-calcined catalyst. 42 Free-energy data indi¬ 
cate that oxygen is able to oxidize chromic hydroxide to chromate in 
alkaline solution when the substances are in their standard states 43 but 
that similar oxidation of nickel hydroxide to nickelic oxide (Ni0 2 ) is not 
possible. 44 It is, of course, well known that incorporation of an ion in a 
solid, particularly on the surface, may alter its properties sufficiently 
to reverse predictions made from standard free-energy data; 45 there¬ 
fore further experiment would be necessary to determine whether the 
nickel as well as the chromium could be further oxidized during cal¬ 
cination. 

Two effects of this oxidation were to be expected. The first, of un¬ 
known direction and magnitude, would result from an alteration of the 
structure of the final reduced catalyst caused by the changed surface 
structure of the calcined material. The second, expected to be harmful 
or at best not helpful, was the increase by the prior oxidation of the 
heat evolved in the subsequent reduction with hydrogen. This heat in¬ 
crease was expected to make the reduction temperature more difficult 
to control and to make more probable local high temperatures that 
would adversely affect the activity. The reduction of NiO is about 0.6 
kg-cal endothermic at 18°C and only about 1.4 kg-cal exothermic at 
427°C; therefore throughout the range of reduction temperatures (275 
to 400°C) the heat effect from the reduction of this compound is small. 
Chromium oxide is not appreciably reduced by hydrogen at these tem¬ 
peratures; therefore it contributes no appreciable heat. On the other 
hand, the reductions of the higher oxide of nickel and of chromate ion 
or chromium trioxide are highly exothermic and can lead to high sur¬ 
face temperatures unless their rates are controlled. 
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The effect of oxidative calcination upon reduction was observed in the 
plant reductions. In Harshaw reduction run P-1, using air-calcined 
catalyst, a hot spot developed at the top (hydrogen inlet) of the bed when 
the furnace temperature reached 200°C. During the course of about 2 
hr, the hot spot rose to a temperature of 390°C, meanwhile traveling 
down the bed. It was then brought into control by an adjustment of the 
hydrogen to nitrogen ratio and was maintained between 350 and 375°C 
until it reached the bottom of the bed about 10 hr later. After this the 
entire bed was maintained at 340°C without further trouble. During later 
reductions, using catalysts calcined in their own atmosphere, hot spots 
did not develop, and control of reduction temperatures was much 
easier. 42 

Table 9.18 — Atmosphere of Calcination Vs. Catalyst Activity 28 


Reduction conditions 


HCKSV at 48°C (after calcination in indicated atmosphere), hr 


-i 


Temp., 

Time, 

Pure catalyst 

1% Ca added 

0.35% Mg added 

°C 

hr 

Air 

Own atm* 

Air 

Own atm 

Air 

Own atm 

300 

36-38 

72 

78 

58 

73 

64 

81 

325 

12 

81 

75 

49 

66 

74 

77 

325 

36 

66 

75 

58 

74 

66 

81 

350 

16 

70 

64 

56 

53 

49 

65 


Average 

72 

73 

55 

67 

63 

76 

♦The 

mixture of C0 2 

and H^O evolved on heating the catalyst. 




If the only effect of oxidative calcination is upon control of reduction 
temperature, then the ultimate effect upon activity would be expected to 
be variable, depending on the degree of control maintained over the 
local temperature by such expedients as dilution of the hydrogen. In 
the only experiments affording a direct comparison between inert and 
oxidizing atmospheres, little effect was found with a relatively pure 
catalyst, but an appreciable one was found with the same catalyst sophis¬ 
ticated with small amounts of calcium or magnesium salts before 
calcination. The data are given in Table 9.18. 

It is obvious that the impure catalysts show an appreciable effect of 
calcination atmosphere, but it is not certain that this could not be mini¬ 
mized by more cautious reduction during the early stages. It seems 
probable, however, that impure catalysts are more sensitive to the bad 
effects of air calcination than are pure catalysts. 

(b) Temperature of Calcination. The effect of temperature of calci¬ 
nation upon activity was investigated in the laboratory and to a small 
extent in the plant. The result is in agreement in indicating an upper 
limit to the calcination temperature for maximum catalyst activity. 
This upper limit is probably between 350 and 450°C and undoubtedly 
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Table 9.19—Calcination Temperature Vs. Catalyst Activity 37 ’ 46-48 


A. Laboratory and Plant Calcinations on Harshaw First Treated Water Batch 


Calcination 

Place of 

Volatile 

after calcination,* 

HCKSV at 48°C (after reduction 
at indicated temp., °C), hr" 1 

temp., °C 

calcination 

wt. % 

275-280 

325 

350 400 

204 

Plant t 



51 


260 

Plant 

14.1 


53 


288 

Plant 

11.3 


58 


300 

Laboratory 


71 


60 

316 

Plant 

11.7 


57 

51 

325 

Laboratory 

9.3 

70 

58 

48 

343 

Plant 

6.7 


50 

43 33 

350 

Laboratory 

9.7 

57 

56 


375 

Laboratory 

7.3 

48 

58 

63 

400 

Laboratory 

' 5.7 

46 

55 

59 

450 

Laboratory 

4.1 


45 


500 

Laboratory 

3.4 


42 


550 

Laboratory 

1.6 


17 


B. 

Laboratory Calcinations on Harshaw Treated Water Batches! 

Calcination 

HCKSV at 48°C (after reduction at indicated temp., °C), hr~ l 

temp., °C 

255 

280 288 

305 325 

350 375 

275 

72 

74 

62 



300 



61 



325 

68 

57 

63 



350 

56 

65 60 

57 56 

43 

32 

375 

52 


58 



400 

53 


54 



450 

26 


47 



500 

18 


39 




*Volatile matter determined by ignition in crucible over bunsen burner, 
tPlant calcinations done in rotary kiln. 

{Activities quoted in second section of table are averages over three treated water 
batches, 63, 67, and 68. 


varies somewhat with the other conditions of preparation. In particu¬ 
lar, the temperature of reduction may affect it in such a way as to re¬ 
quire a lower calcination temperature when lower reduction tempera¬ 
tures are to be used. The data are given in Table 9.19. 

The results given in Table 9.20 show again the detrimental effect of 
high calcination temperatures. They show further that the higher the 
calcination temperature the less the subsequent shrinkage on reduction. 
This may mean that the higher temperature calcinations make some of 
the nickel oxide irreducible under the given conditions, or it may 
merely mean that the high temperature sets the pills in some way that 
retards further shrinkage under the milder reduction conditions. 
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Long-time calcination at lower temperatures may, of course, also be 

deleterious. J. E. Ahlberg points out that the unreduced oxide may be 

similarly damaged later by long-term reductions even at moderate tem¬ 
peratures. 

During early plant production the temperatures of the direct-fired 
rotary calcination kilns were not closely controlled, and some damage 
to the catalysts resulted. This was, of course, to be expected if tem¬ 
peratures much above 400°C were attained in the kilns. Table 9.21 
compares laboratory and plant calcinations before and after the tem¬ 
perature control in the kilns was improved. 


Table 9.20 Effects of High Calcination Temperatures* 49 


Recalcination 

Volume shrinkage, % 

HCKSV 

temp., °C 

On recalcination 

On reduction 

at 48°C, hr -1 

350 

11 

25 

60 

400 

15 

18 

60 

450 

19 

8 

48 

500 

21 

2 

40 


♦Catalyst was calcined in the laboratory at 300°C, then pilled, recalcined 
as shown, and then reduced at 305°C for 36 hr at 3900 to 6000 hr" 1 space ve¬ 
locity with dry Hj at 1 atm. 


It seems from these data that there is a small but probably definite 
loss in activity over that realizable in the laboratory to be attributed to 
the earlier kiln calcinations. Independent evidence that the catalysts 
were overheated during these calcinations is found in the temperature 
records, which show the internal thermocouple (3 in. from the kiln wall) 
rising to as high as 420°C after shutting off the fire at 345°C, and in the 
volatile matter and shrinkage on reduction of the calcined material, 
which correspond in these early calcinations to values obtained at much 
higher temperatures in the laboratory. 53 

(c) Recommendations for Calcination. There seems to be good evi¬ 
dence for recommending that the temperature of calcination be not 
higher than that of reduction, at least for reduction temperatures in the 
range already studied (275°C and up). 

Ahlberg suggests that his recommendations about reduction may apply 
equally to calcination and that therefore the effects of short-time (1 hr 
or less) calcinations should be investigated. Forced circulation with an 
inert gas maybe desirable to lower the partial pressures of the evolved 
water vapor and carbon dioxide and to aid in transporting the heat re¬ 
quired. 

2.6 Forming and Effect of Pill Size and Shape. For a reaction in a 
fixed catalyst bed, such as was contemplated for the Trail plant, it is 
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Table 9.21—Temperature Control In Calcination Kilns Vs. Catalyst Activity 50- ** 

A. Unimproved Temperature Control In Kiln 


HCKSV at 48°C, hr -1 

Reduction at 275°C Reduction at 325°C 



Calcination* in Calcination* in 

Calcination* in 

Calcination* in 

Catalyst 

laboratory at 

kiln at 

laboratory at 

kiln at 

batch 

350°C 

345°C 

350°C 

345°C 

49-HX-2 



56 

54 

53 

48 

46 

46 

42 

53A 

53 

44 

47 

41 

54 

60 

48 

53 

48 

55 

60 

57 

47 

50 

56 

55t 

50 

52t 

47 

57 

45t 

42 

521 

46 

Average 

54 

48 

50 

47 

Loss on kiln calcination 

11% 


6% 


B. 

Improved Temperature Control in Kiln 




HCKSV at 48®C (after 




reduction at 305°C), hr -1 




Calcination in 

Calcination in 




laboratory at 

kiln at 

Loss on 



350°C 

330°C kiln calcination, % 


69-73, average of ten 

calcinations on 

composite 56 55 2 

74-81, composite of 

several calcinations 53 57 -7 

* Calcination temperatures, particularly in the kilns, are nominal. 

tReduced at 280°C. 

^Reduced at 305°C. 

necessary to have the catalyst in a particle size large enough to prevent 
movement as dust in the gas stream and to offer a reasonably low re¬ 
sistance to the gas flow. Three methods of obtaining material of suit¬ 
able particle size were tried: granulation, extrusion, and pilling. Only 
pilling proved to be satisfactory, and some work was necessary to find 
a technique which would produce satisfactory pills. 

(a) Granulation and Extrusion . The earliest catalysts were brought 
to a fairly constant size for activity testing by crushing and sieving 
after drying or calcination and before reduction. It was obvious that this 
was not a practical method for large-scale use since the yield of the 
desired size (8 to 14 mesh) was small, 25 to 30 per cent, and the gran¬ 
ules were too weak to withstand shipping and loading without serious 
attrition. 

Extrusion of a wet paste followed by drying likewise produced mate¬ 
rial too weak for use. 
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(b) Pilling . The first attempts to prepare pills were made with un¬ 
calcined dried material, which was ground to pass 40 mesh, mixed with 
about 4 per cent of graphite, and formed into cylindrical pills, % in. in 
diameter by about % in. long, on a Stokes Eureka pilling machine. The 
product was of good strength when the machine was properly adjusted, 
but it lost about 60 per cent of its strength on calcination and about 90 
per cent on calcination, reduction, and stabilization. It could be handled 
without serious breakage or formation of dust in the laboratory but was 
obviously unsuited to plant use. 

It was found 54 that suitable strength after reduction could be obtained 
by forming the pills not before but after calcination, at which stage most 
of the shrinkage between the dried and reduced states had occurred. 
Besides the large shrinkage this method avoids the disintegrating effect 
of C0 2 and H 2 0 evolution upon the completed pill. 

(1) Strength Test . As in most hardness, abrasion, or breakage- 
strength problems, there is probably no one test that will evaluate com¬ 
pletely the quality of catalyst pills with respect to all pertinent me¬ 
chanical properties. A satisfactory pill must resist breakage by impact 
of the severity encountered in shipping in drums and in loading by pour¬ 
ing or shoveling. It must be able to resist the steady crushing and 
shearing loads that will be met in beds of the height contemplated. 
Finally, it must have sufficient surface strength to prevent formation of 
dust by erosion, thermal shock, or other means. 

The contemplated plant imposed no unusual strength requirements, 
for the beds were to be no more than a few feet high, the reactants were 
only gases, and the gas velocities were not exceptionally high. 

A routine test was desired which would give an indication of the suit¬ 
ability of a given lot of pills for service under the conditions outlined. 
The method adopted was a simplification of the U.O.P. pill-crushing- 
strength method, which measures the radial compressive force neces¬ 
sary to crush a pill. The quantitative relations of these crushing 
strengths to impact strength and erosion resistance are not obvious, 
but the method served satisfactorily to indicate the proper setting of the 
pill machine compression and to reveal the effects upon mechanical 
properties of various calcination and reduction conditions. 

(2) Lubrication. The calcined powder cannot be pilled successfully 
without lubrication. The pills cannot be made compact and coherent. 
They jam in the die, and the die soon becomes seriously eroded. Graph¬ 
ite was found to be suitable, 9 and, when large-scale production was de¬ 
cided on, a study of various grades of graphite was carried out. Two 
lubricants were found to be the most satisfactory of any tried, a mix¬ 
ture of 2 parts by weight of Dixon’s No. 8485 graphite with 1 part of 
Dixon’s Air Spun micronized graphite or of Acheson’s No. 38 graphite. 
Either the mixture or the Acheson’s No. 38 was ordinarily used at 3 
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wt.% with 97 per cent of the catalyst powder. Somewhat less graphite 
than this will produce suitable pills but will probably produce excessive 
wear on the dies. 

Table 9.22 summarizes the experimental work on pilling lubricants. 
The criterion is entirely pill quality since no means were available for 
measuring wear of dies. 


Table 9.22 — Pilling Lubricants and Pill Quality 55 


Lubricant 

Dixon’s No. 635 
(200 mesh) 

Dixon’s No. 8485 
(325 mesh) 

Dixon’s Air Spun (5p) 

Dixon’s Air Spun (0.25 wt. %); 

Dixon’s No. 635 (remainder) 
Dixon’s Air Spun (0.5 wt. %); 

Dixon’s No. 635 (remainder) 
Dixon’s Air Spun (0.5 wt. %); 

Dixon’s No. 8485 (remainder) 
Dixon’s Air Spun (1 wt. %); 

Dixon’s No. 8485 (remainder) 
Acheson's No. 38 


Quality (at indicated graphite total percentage)* 


1 wt. % 1.5 wt. % 


2 wt. % 3 wt. % 4 wt. % 


D 

C 


E 

C 

C 

C 



D C B 

C B 

B 

D C 


C BAA 

B A 




A 

A 


*A denotes perfect pills, easily pressed and ejected by the machine (distinction from 
B rather subjective); B, good pills, not streaked; C, fair pills, somewhat streaked; D, 
poor pills, badly streaked (distinction from C rather subjective); and E, failure (mix¬ 
ture will not form pills). 


(3) Effect of Calcination and Reduction . The conditions of calcina¬ 
tion 66 * 57 have an appreciable effect upon the pilling operation and its re¬ 
sults. Satisfactory reduced pills can be made only from powder that has 
been calcined within a certain range of temperature. The temperature 
must be at least high enough to ensure rather complete decomposition 
within the time allowed, probably around 250°C. Otherwise the marked 
weakening upon reduction noted with the uncalcined pills will appear. 
The upper limit of temperature is around 450°C, above which the powder 
forms very brittle pills. Changing the powdering operation from before 
to after the calcination step seemed to improve the pill quality. The fi¬ 
nal method of calcination adopted was to calcine the dried material in 
lumps and grind it afterward to pass 40 mesh. 

The usual experimental evidence of unsuitable calcination was the de¬ 
capping of the pills as they were ejected from the machine. That is, one 
or both ends of the pill would break away from the body. There is ap¬ 
parently a stress concentration near the ends of the pills which makes 
them break at that point under shock. This tendency was noted to in- 
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crease with wearing of the dies, which is natural since any irregularity 
in the dies will increase the shock on ejection. 

The temperature of reduction of pills made from calcined powder has 
a small effect upon the strength. Higher temperatures are less desir¬ 
able as shown in Table 9.23. 

Table 9.23 — Reduction Temperature Vs. Pill Strength” 


Pill strength, lb 


Reduction 
temp., °C 

Calcined 

Reduced 

Loss on 

reduction 

275 

6-8 

6-9 

-0.5 

300 

6-8 

6-9 

1 

o 

ai 

325 

6-9 

5-7 

+1.5 

350 

6-9 

5-7 

+1.5 

375 

6-9 

4-6 

+2.5 


Table 9.24 — Activity of Pills Vs. Granules*” 
HCKSV at 48°C, hr" 1 


Granules 

Pills 

HCKSV ratio 

(8 to 14 mesh) 

(Va x % in.) 

(pills/granules) 

87 

50 

0.58 

73 

44 

0.60 

83 

50 

0.60 

Av. 81 

48 

0.59 

* The individual 

samples were 

from the same 


plant batch reduced under the same conditions in 
three separate lots in the laboratory. 


The strength of the calcined pill is subject to some control by adjust¬ 
ment of the pilling machine and is limited only by the nature of the 
powder and the perfection of the punches and die. Provided perfect pills 
are formed in the pilling, the strength to which they are passed seems 
to have little effect upon the strength of the reduced pills. Thus pills 
pressed to strengths of from 10 to 20 lb all had, on reduction, strengths 
from 5 to 9 lb with no apparent trend with initial strength. 

(c) Effect of Pill Size and Shape on Activity. Early in the research it 
was found, as was to be expected, that the same volume of catalyst in 
pills % by V 8 in. was less active than the 8- to 14-mesh granules used 
in the preliminary studies. Table 9.24 shows the results of experiments 

on this effect. . 

A mere increase in particle size from 8- to 14-mesh granules to /%- 
by %-in. granules of the same porosity would probably have little effect 
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upon the activity because of the rather high porosity of the uncom¬ 
pressed granules. The chief factor responsible for the lower activity of 
the pills is undoubtedly their more compact structure, which renders 
ineffective some of the surface of their interior. 

Experiments on some variations in the shape and size of the pills 
themselves were tried. These experiments showed an approximately 
10 per cent difference in activity between equal volumes of flat-end and 
of dome-end pills, that of the dome-end pills being higher. The trial of 
dome-end pills was based on previous practices of U.O.P., and the 
superiority of such pills is probably due to the improved catalyst distri¬ 
bution which results from their use. Flat pills tend to stack end-to-end 
with consequent blanking of active surface, whereas dome-end pills can¬ 
not do this. Even if the latter line up end-to-end, all but the point of 
tangency is still relatively accessible to the gas stream. 

It was noticed that the ends of the pills are rougher than the cylin¬ 
drical sides and perhaps, therefore, more permeable to the reactant 
gases and that the greater portion of end area in domed pills might be 
a factor contributing to their higher activity. Comparison of the results 
on a basis of equal superficial areas, however, shows that the ends are 
probably no more reactive than the sides because half-length pills 
showed no greater activity either for flat or for domed ends. Hence the 
advantage of domed ends is probably entirely in its effect on catalyst 
packing rather than in its increase in end area, and the ends, although 
different in texture, are apparently not significantly different in per¬ 
meability. 

The data illustrating these conclusions are collected in Table 9.25. 

Confirmation of the difference in activity between domed and flat-end 
pills was obtained in activity tests of 11 pairs of samples from 7 dif¬ 
ferent calcination lots. 61 The average activity of the domed pills was 

55 ± 3 hr -1 averaged over the seven calcinations, whereas that of the 
flat-end pills was 50 ± 3 hr -1 . 

A further test of the effect of pill size was made by comparing the 
activities of ! /g- and 6 / 32 “in* dome-end pills made from the same mate¬ 
rial. 62 The average activity for the smaller pills was 61 hr” 1 HCKSV, 
and for the larger, 48 hr -1 , based on equal volumes; the activities cor¬ 
rected to equal superficial areas were 71 and 65 hr” 1 in the same or¬ 
der. It is apparent that the intrinsic activities are not greatly different 
and that the gross activity is about proportional to the superficial area. 

(d) Recommendations. Because of the higher activity shown by 
granules compared to that shown by pills, it might be preferable to 
press the calcined powder into large cakes which could then be broken 
and screened to the desired size. Fines resulting from the crushing 
would have to be reworked. The chief possible difficulty with this 
method (the forming step is assumed to be economically feasible) 
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seems to be dusting or crumbling during loading or operation. There 
is of necessity an inverse relation between porosity and strength, and 
it can hardly be stated without further experiment where the optimum 
medium lies in this case. Ahlberg points out, however, that the Ger¬ 
mans used cobalt-kieselguhr granules successfully for gasoline syn¬ 
thesis and that the proposed granules of the nickel catalyst would be 
expected to be much stronger than those of the catalyst used by the 
Germans. 

Table 9.25 — Effect of Pill Size and Shape on Activity* 80 


Pill shape 

Flat ends 
Semidomed ends 
Domed ends 
Domed ends 


HCKSV, hr -1 


Pills ('/„ 

Measured on 
equal volumes 

48 ± 4 (4)t 
52 1 3 (2) 

56 ± 6 (3) 

61 + 1 (3) 


x V 8 in.) 

Calculated for 
equal areasf 

54 t 3 (4) 

66 t 7 (3) 

71 1 1 (3) 


Pills ('/,« 

Measured on 
equal volumes 

66 i 1 (2) 

74 (1) 

49 t 3 (2)§ 


V e in. dia.) 

Calculated for 
equal areas 

53 ± 1 (2) 

63 (1) 

65 1 1 (2)§ 


•All pills in any one row were made from the same lot of calcined powder. Rows 1 
and 3 were from the same lot, and rows 2 and 4 were each from different lots, al¬ 
though probably comparable. All pills were right-circular cylinders with ends flat 
or domed as indicated. Domed ends had a dome radius of about 3.2 mm and semi¬ 
domed about 8.9 mm before reduction. 

t Sample calculation: in one run with Vs - by V$~in. flat-end pills, the HCKSV meas¬ 
ured on 3-ml bulk volume of pills was 52 hr -1 and the 3 ml contained 95 pills. Ninety- 
five pills, each Vs by Vs in., have a total superficial area of 95 x 0.475 = 45.1 cm 2 . The 
activity calculated to 47.5 cm 2 total area is then 52 x 47.5/45.1 = 55 hr -1 . Shrinkage 
on reduction is ignored. It will not affect relative values appreciably. 

t The numbers in parentheses are the numbers of separate samples tested. The 
deviations quoted are average deviations from the means. 

§ These pills were */32 by # /j2 in. 


2.7 Reduction. It has been possible up to this section to write a 
reasonably straightforward account of the steps in the preparation of 
the catalyst with little need for extensive hypothetical digression. Cer¬ 
tain of the recommendations for future work or for conditions of treat¬ 
ment have been partly unsupported by experiment, but it has been pos¬ 
sible to isolate these from the main body of the discussion. 

The reduction step, however, is more difficult because it is impos¬ 
sible to write a connected, complete account without introducing hy 

potheses over which disagreement exists. 

The disagreement is over the mechanism of the reduction reaction, 
specifically over whether that reaction is or is not diffusion controlled. 
It is not merely academic because each hypothesis leads to a different 
recommendation about the optimum disposition of the catalyst in the re¬ 
ducing plant. 
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It is necessary for catalytic activity in the exchange reaction to have 
at least some of the nickel in the catalyst in the reduced state. This 
was proved for nickel oxide alone 63 and can be inferred for the nickel 
oxide-chromium oxide mixtures from the low activities obtained with 
catalysts showing only a small fraction of reduced nickel. 64 The activity 
of a given reduced catalyst is a function not only of the content of re¬ 
duced nickel but also of the quality of that nickel. The quality of the 
nickel is a function of the structure of the surface (the arrangement of 
the nickel and chromium oxide) and of surface impurities. These are 
partially determined before the reduction step by the structure and im¬ 
purities of the nickel oxide-chromium oxide surface, which, in turn, de¬ 
pend on the properties of the original precipitate and upon the interven- 
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Fig. 9.1—Activity as a function of extent of reduction for nickel-chromium oxide 
catalysts. 

ing step of calcination. The intended function of the reduction is to con¬ 
vert the nickel oxide into nickel without harmful alteration of structure. 
At the temperature necessary for reduction, however, some alteration 
by sintering of nickel structure and even perhaps of the structure of the 
unreduced oxide with consequent lowering of quality is likely. Hence the 
reduction step is probably a competition between two reactions: (1) the 
production of free nickel by reduction and (2) the worsening of its quality 
by sintering; each reaction is influenced by the prior structure of the 
surface and by the presence of impurities. 

Each reaction may be influenced also by reduction conditions such as 
temperature, time, and gas pressure. The effects of such variables are 
considered in separate sections below after a summary of the informa¬ 
tion available on extent of reduction. 

(a) Extent of Reduction . The effect of quantity of reduced nickel un¬ 
der the reduction conditions normally used was shown by comparisons 
of free-nickel content with activity. The results of about seventy such 
measurements are given in Fig. 9.1 in the form of an average curve of 
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activity vs. percentage of reduced nickel. This curve is, of course, sig¬ 
nificant only in so far as the quality of the reduced nickel is constant 
along it. It is difficult to say how much difference in quality may have 
been introduced by the steps preceding reduction, and the evidence re¬ 
garding the effect of the reduction itself upon the quality is conflicting. 
These matters are discussed more fully in the next section. Here it is 
safe to say only that the curve in Fig. 9.1 is probably a fairly good semi- 
quantitative representation of the relation between reduced nickel and 
catalyst activity. 



Fig. 9.2 — Activity as a function of temperature of reduction.-, reduced in moist 

H z at a KSV of 0.1 to 0.7. -, reduced in dry H 2 at a KSV of 1*.5 to 6. , distilled 

water preparation by U.O.P. -o-, Lake Erie water preparation by Harshaw. See Fig. 
9.4 for definition of symbols. 


(b) Effect of Temperature and Time. It has been suggested in the in¬ 
troduction that the reduction step is probably a competition between the 
reduction itself, which increases activity by increasing the fraction of 
reduced nickel, and the deleterious sintering of the reduced nickel and 
unreduced nickel oxide. Although considerable work was done on the re¬ 
duction, the role of sintering is still somewhat ambiguous, and the time 
and temperature adopted in the laboratory and plant are perhaps not op¬ 
timum. 

During the early stages of the work the temperature of reduction was 
that used for the U.O.P. nickel on kieselguhr catalyst, 375°C. It was 
soon found that 350°C was high enough to bring about rapid reduction, 
and more extensive work showed that the optimum activity was devel¬ 
oped by reduction in the temperature range of 275 to 325°C, purer cata¬ 
lysts falling in the lower part of this range and less pure ones in the 
upper part. 85 
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The data on which this conclusion is based are given in Fig. 9.2. It 
can be seen that there is for each catalyst an optimum range of tem¬ 
perature. For all catalysts shown the activity begins to fall off shortly 
above 325°C. For the catalysts reduced at the lower space velocities, 
the peak is rather sharp, the maximum activity being attained only at 
about 325°C, just before it again falls. For the catalysts reduced under 
the more favorable conditions of high space velocity and dry hydrogen, 
the maximum is considerably flatter since the activity reaches its maxi¬ 
mum at a lower temperature, around 275°C, and does not start to fall 
until about 325 to 350°C. 

Table 9.26 — Time of Reduction Vs. Catalyst Activity* 7 

HCKSV at 48°C (at indicated H z 
reduction space velocity), hr -1 

Reduction time 


at 325°C, hr 

1500 

3000 

1 

11* 


2 

19 


4 

35 

47t 

6 


55 

8 

45 

52 

12 

66 

55 

36 

66 

55 


* Values in this column are for Harshaw first distilled 
water, batch BM13-3B. 

tValues in this column are for Harshaw first treated 
water, batch 49H-X-2. 

It appears from this that sintering, probably of the reduced nickel, 
sets in only above 325°C. Other experiments (see Table 9.26) done at 
about the same time seem to confirm this conclusion since they show 
that the activity of a catalyst reduced at 325°C increases asymptotically 
with time up to 36 hr rather than passing through a maximum. This is 
not conclusive proof of the absence of sintering at 325°C since, as has 
been suggested, 86 sintering between 6 or 12 and 36 hr may be compen¬ 
sated by continuation of reduction in the lower parts of the bed. The 
author prefers the explanation of negligible sintering in this case. 

There is other evidence that indicates that the optimum reduction 
temperature may be lower than 325°C under the other conditions ob¬ 
tained during the experiments. Thus the data in Table 9.19 show that 
the maximum activity was attained with a reduction temperature of 
275°C or lower, provided the calcination had been carried out at a low 
enough temperature. This implies that appreciable sintering occurs in 
this case below 325°C and would therefore suggest a reduction tempera¬ 
ture around 275°C together with a low calcination temperature. 
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The experiments just cited were done later than those given in Table 
9.26, and improvements introduced in the meantime make the newer re¬ 
sults probably more reliable. These improvements consisted in the 
exclusion of broken pills from samples for activity test and in closer 
control of the isotopic analyses. However, since the new results refer 
to different conditions of calcination, they do not necessarily invalidate 
the earlier ones. Probably the most important conclusion that can be 
drawn from all these experiments is that the calcination and reduction 
steps are closely interrelated and that the establishment of over-all op¬ 
timum conditions requires a program in which both steps are studied 
exhaustively. 

On the basis of the results already at hand, it seems likely that the 
optimum conditions would prove to be low-temperature calcination fol¬ 
lowed by reduction at around 275°Cfor about 36 hr. It has recently been 
suggested,® 6 however, that sintering may be important over long times, 
even at this temperature, and that the reduction should perhaps be done 
at higher temperatures (e.g., 350°C) for much shorter periods of time 
(less than 1 hr), using high gas velocity and very dry gas to attempt to 
reduce the outside of the pill rather fully without releasing the large 
amount of water that would come from the complete reduction of the in¬ 
terior. 

(c) Kinetics of Reduction. (1) General and Experimental. The ef¬ 

fects of total pressure, partial pressure of water, and gas velocity are 
closely interrelated and may conveniently be discussed together under 
the heading of kinetics of reduction. 

This is the part of the work about which the greatest divergence of 
opinion still exists. As already mentioned, the disagreement is about 
the mechanism of the reduction reaction and involves also the recom¬ 
mendations concerning optimum flow conditions for the reduction. It 
seems advisable, in view of the controversial nature of much of the dis¬ 
cussion to follow, to emphasize here the important and unexceptionable 
experimental results about the kinetics, namely, that the water vapor 
inhibits the reduction and that high space velocity of the hydrogen is de¬ 
sirable. The importance of the latter point has apparently not been 
widely recognized prior to this research, although the former is well 
known in similar cases. 68 

(i) General Mechanism. The steps in the reduction which must be 
considered in any treatment of the kinetics are obviously the following: 

(a) H 2 diffuses to the surface 

(b) H 2 is adsorbed on the surface 

(c) H 2 + NiO = H 2 0 + Ni ^ 

(d) H 2 0 is desorbed from the surface 

(e) H 2 0 diffuses away from the surface 
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Steps a and e are probably composite since the diffusion probably 
proceeds at different rates within the diffusion layer at the outermost 
boundary of the pill and within the interior pores of the pill. Moreover, 
there may be diffusion on the surface between steps b and c and between 
steps c and d. It is not fruitful to discuss this separately since it could 
not easily be separated from the sorption steps. 

The set of reactions given in Eq. 1 may be divided into two classes, 
one containing steps a and e, both diffusion steps, and the other con¬ 
taining steps b, c, and d, reaction or adsorption steps. The first class 
will be affected by flow conditions (as measured by the Reynolds num¬ 
ber) and by concentrations, and the second will be affected by concen¬ 
trations but not by flow conditions. 

It seems logical at this point to present the experimental evidence 
bearing on the effects of concentrations (partial pressures) and of flow, 
returning thereafter to a discussion of the mechanism. 

(ii) Effect of Water-vapor Partial Pressure. Table 9.27 shows the 
results of atmospheric-pressure experiments on the effect of water 
vapor. No data were obtained on the actual extent of reduction as a 
function of water content, but it can be inferred that the extent of re¬ 
duction was roughly proportional to the activity of the reduced catalyst, 
as discussed in Sec. 2.7a. 

The results show clearly a deleterious effect of water vapor in the re¬ 
ducing gas. Within the limits of these data it appears that the effect be¬ 
comes less marked at higher temperatures of reduction. 

Some evidence that the effect is due to incomplete reduction rather 
than to damage to active catalyst surface is found in a pilot-plant re¬ 
duction done by The Harshaw Chemical Co. 72 This reduction employed 
recirculation of wet hydrogen and resulted in a catalyst having an 
HCKSV of 30 hr -1 at 48°C, although laboratory reduction of the same 
material in dry hydrogen gave catalysts with an HCKSV of 50 to 60 hr -1 
at 48°C. Rereduction of the pilot-plant product in dry hydrogen raised 
the activity to 54 hr -1 , showing that no sintering beyond that occurring 
in the laboratory occurred during the wet reduction in the pilot plant. 

Some experiments done primarily to study the effect of pressure in¬ 
dicate that catalysts can be sufficiently reduced in wet hydrogen by pro¬ 
longing the time of reduction. This seems to be true both at 1 and at 6 
atm total pressure. The data are given in Table 9.28. These figures in¬ 
dicate that the effect of water is principally on the rate of the reduction 
rather than on the equilibrium. The effect of moisture on rate of re¬ 
duction is well known in other metal-metal oxide systems, 6B * T4 whereas 
in some catalysts (e.g., iron) the normal free-energy values are re¬ 
ported to be displaced sufficiently to permit oxidation by steam-H, 
mixtures that would be predicted to reduce by the standard free-energy 
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Table 9.27—Effect of Water Vapor in Reducing Gas 



Temp., 

Reduction 

Time, 

Catalyst 

°C 

hr 

U.O.P. fourth 

325 

36 

pilot plant 

Harshaw first 

300 

36 

distilled l^O 


325 

12, 36 


375 

12 

Harshaw 49HX-2 

325 

12 

to 52A 

Harshaw lot 15 

305 

9, 18, 36 < 


conditions 


HCKSV 


h 2 ksv, 

P HjO at 

at 48°C,t 


hr -1 

inlet, * atm 

hr" 1 

Ref 

0.15 

~10* 3 

31 (24) 

69 


0.023 

26 (15) 



0.110 

10 (8) 


1.50 

~10" 3 

78 

70 


0.023 

0.110 

49 


1.50 

~10" 3 

77 



0.023 

52 



0.110 

1 


1.50 

~io- 3 

64 



0.023 

52 



0.110 

26 


1.5, 3.0 

~io-* 

40 



0.006 

38 



0.023 

23 



0.110 

3 

70 

.8, 2.4, 1.2 

-lO" 8 

38 



0.006 

30 

71 


*P H 0 denotes partial pressure of water vapor. The partial pressures of water in the 
inlet gas were obtained by the use of drying agents or saturators as follows: 
p H o = ~10“® atm, dried through dry-ice trap 
p H * 0 = MO -3 atm, dried through CaCLj 
p Hj0 = 0.006 atm, saturated at 0°C 
p H O = 0.023 atm, saturated at 20°C 
p H ’o = 0.110 atm, saturated at 48°C 

tSample taken from top (inlet end) of bed. Number in parentheses indicates sample 
taken from bottom of bed. 


Table 9.28—Time of Reduction Vs. Activity with Wet Reducing Gas 73 


Reduction conditions 


Time, 

hr 

Total pressure, 
atm 

P HO at inlet, 
atm 

Inlet 

12 

1 

10 -3 

47 

41 

1 

0.006 

45 

12 

6 

10' 3 

43 

41 

6 

0.006 

43 


HCKSV at 48°C (at indicated 
position in reduction bed), hr - 

l 

Vi down 

down 

\ down 

Bottom 

44 

42 

41 

40 

43 

41 

40 

39 

40 

38 

36 

29 

40 

38 

36 

34 


Here any change in free energy in going from the standard state to the 
state on the surface is at least not great enough to show an effect with 
0.006 atm of water since all that is required for comparable activity is 

longer time at the higher humidity (Table 9.28). 

The inhibitory effect of water is to be explained on the basis of its 
known strong adsorption on metal and oxide surfaces and would be ex- 
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pressed in the kinetic equation by the appearance of the water pressure 
in the denominator. 

(iii) Effect of Hydrogen Partial Pressure. The effect of hydrogen 
pressure on the reduction rate is complicated by the formation of water 
in the bed since the hydrogen pressure and gas-flow rate both affect the 
partial pressure of water and therefore indirectly the rate of reduction. 
To see the nature of these effects, consider a bed of catalyst into which 
flow Mh 2 moles of H 2 per second and from which evolve Mh 2 0 moles of 
H z O by reduction per second at some stage of the reduction. The mole 
fraction of H 2 0 at the exit is 

Mh 2 0 

X H 2 0 = < 2 > 

and the partial pressure, by Dalton’s law, is 

pM H o (Ph 2 +p H 2 o) M H 2 0 

P H 2 0=-M^ = -T^- < 3 > 

where p is the total pressure. Since Ph 2 o can neglected in compari¬ 
son with p H2 , this equation becomes 

m h 2 oPh 2 

P H,0 - -M5T“ (4) 

The water pressure at the exit (or at any point in the bed) is thus di¬ 
rectly proportional to the H 2 pressure and inversely proportional to the 
molar velocity and hence to the hydrogen space velocity (since the latter 
is measured by definition under standard conditions). This means that 
the direct effect, if any, of hydrogen pressure on the reaction will be 
masked by a simultaneous change in water-vapor pressure if the com¬ 
parison is made at constant space velocity. The available data on the 
effect of pressure at constant space velocity are given in Table 9.29. 

It is apparent from these data that increased pressure has a harmful 
effect at constant space velocity. This is particularly true at the exit 
end of the bed (bottom), where the concentration of water from the re¬ 
duction is highest. It is, of course, impossible to determine from these 
data the effect of hydrogen pressure itself, independent of the water ef¬ 
fect. Most of the published work on reduction of oxides by hydrogen 
indicates an approximately unimolecular dependence upon hydrogen 
pressure. ' If this is true in the case under consideration, the sec¬ 
ondary effect through the water-vapor pressure seems to outweigh it. 

The effect of pressure with wet inlet hydrogen is less than with drv as 
shown in Table 9.30. 
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This smaller relative effect of pressure with wet reducing gas is 
reasonable since about as much water enters the bed by way of the 
moist inlet gas as by reduction. Using a liter of reduced catalyst as 

Table 9.29 — Effect of Pressure at Constant Space Velocity with Dry Inlet Hydrogen 75 
Reduction conditions HCKSV at 48°C (at indicated 


Total pressure, 

h 2 ksv, 


position in reduction bed), hr -1 


atm 

hr" 1 

Inlet 

V« down Vi down 

\ down Bottom 

15 

94 

40 

5 

0 

0 

0 

1 

94 

48 

7 

0 

0 

0 

6 

630 

40 

40 

33 

27 

12 

1 

630 

45 

45 

45 

36 

33 

6 

1250 

43 

40 

38 

36 

29 

1 

1250 

47 

44 

42 

41 

40 

Table 9.30 Effect of Pressure at Constant Space Velocity with Wet Inlet Hydrogen* 75 

Reduction conditions 



HCKSV at 48°C (at indicated 


Total pressure, 

p H o at inlet. 

Time, 


position in reduction bed), hr“ 

1 

atm 

atm 

hr 

Inlet 

V« down V 2 down \ down 

Bottom 

6 

10" 3 

12 

43 

40 38 

36 

29 

1 

10" 3 

12 

47 

44 42 

41 

40 

6 

0.037 

14 

38 

33 27 

23 

20 

1 

0.028 

14 

38 

33 29 

26 

25 


* Same catalyst (49H-X-2) and reduction temperature (325°C) used in Table 9.29. 
Both reduced in stainless-steel tube. Space velocity is 1250 hr -1 . Normal activity of 
this batch reduced at 325°C and 1 atm for 12 hr in glass reducer is 45 hr -1 . 

the basis and assuming a rate of reduction of 10 per cent per hour 
(highest measured rate was 6 per cent per hour measured in a plant 
reduction), the rate of formation of water is given by 

Moles of H 2 0/hr = 1000 x 1.2 x 0.62 x 0.10/58.7 = 1.27 

where 1.2 = bulk density of reduced catalyst 

0.62 = weight fraction of nickel in reduced catalyst 
0.10 = fraction of reduction per hour 
58.7 = atomic weight of nickel 

During 1 hr, at a space velocity of 1250, Ph 2 of 1.0 atm, and inlet Ph 2 o 
of 0.03 atm, 78 the amount of water introduced by the inlet gas is 


1250 x 0.03 , u ~/. 

- —r—T -= 1.67 moles of H 2 0/hr 
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an amount approximately equal to the above high estimate of the hourly 
water production by reduction. 

(iv) Effect of Gas Velocity. General. Gas flow through a granular 
bed of variable shape can be varied in two independent ways in order to 
change the space velocity of the gas or to change the linear velocity. 
Consider a cylindrical fixed volume V of granular solid with the cross- 
sectional area A or the thickness L variable. Assume a variable vol¬ 
ume rate of flow of gas F. Then the space velocity S and linear velocity 
v will be, respectively. 


F F 
V AL 




To increase the space velocity at constant linear velocity, F can be in¬ 
creased while A is increased in proportion. Since V is constant, this 
means L is decreased; the bed is shortened. To increase the linear 
velocity at constant space velocity, A can be decreased at constant F, 
thereby lengthening and narrowing the bed. Simple increase in F at 
constant A increases both the space velocity and the linear velocity in 
proportion. 

In practice the cost of pumping the gas limits the flow rates. The 
pressure drop for a given volume rate of flow will be least for the low¬ 
est linear velocity in the bed; thus power costs are minimized by low 
linear velocities, that is, by disposing the catalyst in a broad shallow 
bed. If kinetic considerations make a high linear velocity desirable, 
then a correspondingly increased pressure drop must be accepted, 
either from lengthening and narrowing the bed or from increasing space 
velocity without a concurrent increase in the bed cross section. If, as is 
often the case, the flows and pressures are limited to certain maximums 
by installed compressors, then either linear velocity or space velocity 
must be sacrificed. 

It can easily be shown that the space velocity should affect the rate of 
reduction because it affects the concentration of the water vapor which 
is. formed in the reduction and water vapor has already been shown to 
inhibit the reduction. Equation 4 shows the effect of space velocity upon 
the partial pressure of water vapor. Since space velocity is measured 
under standard conditions of temperature and pressure, it is propor¬ 
tional to the molar velocity Mjj 2 ; hence 



where S Hz is the hydrogen space velocity and k is a constant. 


( 7 ) 
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Obviously, from Eq. 7, the partial pressure of water is lower when 
the hydrogen space velocity is higher, and hence, after a limited time 
of reduction, the rate of reduction and the activity increase correspond¬ 
ingly with the space velocity. 

Experimental. The experimental evidence bears out this conclusion, 
showing an asymptotic increase in catalyst activity with increase in hy¬ 
drogen space velocity. The results of a number of experiments are 
given in Fig. 9.3. 



h 2 kilo space velocity ouring reduction, hr - ’ 

Fig. 9.3—Activity as a function of space velocity of reducing gas for nickel-chromium 
oxide catalysts, o, Harshaw BM-13-1A, reduced at 325°C for 36 hr. ©, U.O.P. 1132- 
19A-3, reduced at 325°C for 36 hr. •, U.O.P. 1132-19A-3, reduced at 345°C for 16 hr. 


It is impossible to say from these data whether the whole of the in¬ 
crease observed is to be credited to the lowered water concentration or 
whether part is due to an increased rate of diffusion of water vapor away 
from the surface as a result of the higher linear velocity accompanying 
the higher space velocity. An increased linear velocity would increase 
the rate of diffusion by thinning the stagnant diffusion layer, but it is not 
known certainly whether or not the diffusion step is rate controlling in 
the reduction. 

(2) Discussion of Mechanism. As mentioned previously, there is a 
difference of opinion over this last point. Ahlberg, who was directly in 
charge of most of the research on reduction, believes that the evidence 
for diffusion control is overwhelming, whereas the author thinks that 
one of the chemical or sorption steps, and not the diffusion step, is rate 
controlling. The evidence cited for each of these views and recommen¬ 
dations based on them will now be considered in turn. 
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(i ) Hypothesis of Diffusion Control. It is agreed that the results just 
quoted on the effect of gas velocity do not cast light on either hypothesis 
since both space velocity and linear velocity were varied in proportion 
because of the use of a constant tube cross section. It has not been 
possible to find examples in which different tube sizes were used and in 
which other important variables were held constant. 

The evidence cited for this hypothesis is as follows: 66,79 It has been 
observed in laboratory reductions at 250 and at 325°C that, on passage 
of hydrogen definitely preheated to the specified temperature, the pills 
at the top of the bed sometimes remain unreduced (as indicated by the 
green color of the pills), whereas the pills at lower levels undergo ex¬ 
tensive reduction (as indicated by their black color and catalytic activ¬ 
ity). The hydrogen was preheated by passage over 4- to 6-mesh glass 
chips. The open space (in the !/ 2 -in.-diameter tube) between the pre¬ 
heating chips and the catalyst was about 1 in. A similar effect was also 
observed several times in successive beds of catalyst when open spaces 
of about 1 in. separated the successive layers. This last observation 
seems to rule out the possibility of the effect being due to a poison in 
the gas stream. 

It is supposed that the gas entering the top of the bed is not very effi¬ 
cient in reducing the pills because it has not yet been disturbed from its 
normal streamline flow pattern in the empty tube and hence does not 
scrub the pills (thin the diffusion layer) so efficiently as it does a few 
pill layers further down when the flow has attained the state appropriate 
to the conditions prevailing in the granular bed. 

If these observations prove that the rate of the reduction is markedly 

sensitive to the flow pattern, then they likewise prove that the reaction 

is controlled by diffusion in the stagnant layer next to the surface of the 
pill. 

Under this hypothesis gas flow at high linear velocity (high Reynolds 
number) during reduction would be recommended. High space velocity 
is desirable to dilute the water formed in the reduction, but the shape 
of the bed should be such that it gives also as high a linear velocity as 
the compressor will furnish or as is economical when the competing 
factors of pressure drop and rate of reduction are considered. 

It was pointed out to the author by the proponent of the diffusion hy¬ 
pothesis that the Germans had observed independently the importance of 
dry hydrogen and high flow rates. Thus typical conditions under which 
they reduced Fischer-Tropsch catalysts for gasoline synthesis are re¬ 
ported as follows: catalyst, 6- to 10-mesh granules; reducing gas 
dried by silica gel and refrigeration; space velocity of reducing gas* 
9000 hr ; Reynolds number, about 11; bed thickness, 1 ft; and time of 

reduction, 0.25 to 6 hr. They apparently stressed space velocity rather 
than Reynolds number. 
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The over-all recommendations for reduction, in the opinion of Ahl- 
berg, should be about as follows: temperature, between 250 and 350°C 
to be chosen to give minimum sintering either of reduced nickel or of 
unreduced oxide, bearing in mind that short time at high temperature 
may be better than long time at low temperature; space velocity, as high 
as is economical; and linear velocity, as high as is economical, balanc¬ 
ing lowered cost from shorter reduction time and increased quality 
against higher compressor-power cost. 

(ii) Hypothesis of Chemical Control . It must be admitted at the start 
that it is impossible to adduce data unequivocally proving the falsity of 
diffusion control and hence establishing that the reaction is controlled 
by some chemical step (adsorption, activated surface diffusion, or re¬ 
action) not affected by the nature of the gas flow. However, two lines of 
argument will be presented that seem to the writer to be more valid 
than the single experiment supporting the diffusion hypothesis. 

In the first place, the explanation of the green-pill experiment in 
terms of the flow pattern of the gas seems unsatisfactory. It is true that 
diffusion and properties related to it depend upon the rate of gas flow 
and are correlated satisfactorily with some function of the Reynolds 
number. The variation of mass transfer (or heat transfer or friction 
factor) with Reynolds number is, however, continuous and gradual. The 
data in the streamline and in the turbulent region fall on curves of two 
different slopes, but these curves join smoothly in the transition region. 
The only apparent way of obtaining a marked increase over a short dis¬ 
tance in the coefficient of mass transfer would be to have the gas in a 
metastable state of streamline flow at a Reynolds number in the tur¬ 
bulent region. Then a slight disturbance would cause the flow to become 
turbulent, and the coefficient of mass transfer would jump from the 
metastable extension of the streamline curve to the corresponding point 
on the higher, turbulent curve. This was not possible in the laboratory 
reductions because the modified Reynolds number in the bed, under the 
conditions used, was about 2 (space velocity, 500 hr -1 ; catalyst volume, 
6 ml; tube diameter inside, 1.2 cm; gas, H 2 at 300°Cand 1 atm pressure; 
catalyst pills, % by V 8 in.). The transition value for the modified Reyn¬ 
olds number appropriate to granular beds is considered to be about 40. 
The gas in the unpacked tube above the catalyst bed was, of course, also 
in streamline flow at a Reynolds number further removed from tur¬ 
bulence than that in the bed, but, since the flow remained streamline 
after entering the bed, there is no reason to expect a sudden jump in 
the mass-transfer coefficient (and hence in the rate of reduction) after 
the flow has adjusted itself to the bed by traversing the first few layers 
of pills. 

The green-pill phenomenon in a single catalyst bed might be explained 
by a poison in the gas or by a necessity for a threshold concentration of 
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water in the gas to give an appreciable rate of reduction. These possi¬ 
bilities seem inapplicable to several beds in series, each exhibiting the 
phenomenon, but the author prefers to accept the phenomenon as unex¬ 
plained rather than to adopt the explanation of extreme sensitivity of the 
rate to the flow pattern. 

Table 9.31—Rate of Water Production in Plant Reductions* 1 


Rate of water production 



Total 



At 25% of 

Ratio to that of P-4 


Bun 

time, 

Hj KSV, 

Reynolds 

total reduction, 


Calculated for 

Temp 

No. 

hr 

hr- 1 

No. 

%/hr 

Observed 

diffusion 

°C 

P-4 

193 

2040 

36 

4.5 

1.0 

1.000 

285 

P-3 

70 

4070 

35 

5.8 

1.3 

1.015 

302 

P-5 

105 

2040 

35 

7.0 

1.6 

1.015 

302 

P-2 

83 

2030 

17 

15.8 

3.5 

1.020 

307 

P-6 

217 

1290 

44 

2.2 

0.5 

1.020 

307 

P-I 

47 

400 

14 

4.7 

1.0 

1.046 

338 


No experiments were done for the explicit purpose of determining the 
mechanism of the reduction, and it is therefore difficult to find data from 
which this can be done with confidence. There is one line of argument, 
however, for which the data that can be assembled indicate nondiffusion 
control. It is based on the temperature coefficient of the rate of reduc¬ 
tion. 

The temperature coefficient of a diffusion-controlled reaction is given 
by the ratio of the square roots of the two absolute temperatures. Ap¬ 
proximate measurements of the rate of reduction of the catalyst as a 
whole are available in the data on water evolution in the plant reductions. 
The rates were obtained from the curves for water production by es¬ 
timating the slopes at equal fractions of complete reduction. The re¬ 
sults are shown in Table 9.31. Runs 7 and 8 are omitted since the 
curves are not smooth and the experimental points are not shown. 

With the exception of runs 1 and 6, which were carried out at low 
space velocities, the ratios of rates (uncorrected, however, for the 
temperature effect on the inhibition by water) are seen to be much 
greater than those expected for diffusion control. There were, of course, 
several variables, either purposely varied or uncontrolled, in this 
series, and plant operations would not ordinarily be chosen in place of 
laboratory experiments. The evidence in this case, however, is strongly 
suggestive of control by some process requiring activation. 

Using this hypothesis, the author would recommend high space veloc¬ 
ity of reducing gas to dilute the evolved water, in agreement with Ahl- 
berg, but low linear velocity (to minimize back pressure) because it is 
thought not to affect the rate of reduction. This means disposing the 
catalyst in a broad shallow bed. The lower limit to the bed thickness 
should be set by the necessity for minimizing channeled flow such as 
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would occur if the resistance of paths through different points of the 
surface varied by large amounts. 

(d) Plant Reduction. The reduction step is the only one which was not 
translated to the plant scale without significant loss in activity. The re¬ 
sults of the final run, P-8, fell about 22 per cent short of the activity of 
the same charge reduced in the laboratory. The data relating to the 
plant-scale reductions and the apparent reasons for the poor results 
will be discussed in this section after a brief description of the plant 
reducer, which seems desirable for an understanding of the process. 

The following description 82 is taken verbatim from the final report on 
Product 80 for Project 9. 

There are two duplicate units. Each of these consists primarily of reduction 
tube, approximately 18 in. in diameter by 20 ft high, into which the product is 
placed for processing, and which is surrounded by fired jacket to reduce radia¬ 
tion. A compressor circulates gas in sequence through a gas-fired heater, the 
reduction tube, and a cooler. There is provision for injecting nitrogen, hydrogen, 
or air into this circuit and provision for measuring the rate of injection of the 
hydrogen and air. There is also a vent from the circuit which may be controlled 
either manually or by pressure. Recording pyrometers show the temperatures of 
the gas in the circuit entering and leaving the tube and at various points in the 
tube. Thermometers and indicating pyrometers permit measurements at various 
other points in the gas circuit. 

The entire gas circuit is designed for a maximum permissible pressureof 125 
lb/sq in. A rupture plate designed to burst at 90 lb/sq in. is located at the com¬ 
pressor discharge, and the pressure is further protected by rupture plates in the 
nitrogen and hydrogen inlet manifolds. Operating pressure is limited by com¬ 
pressor power requirements to about 50 lb/sq in. 

In general, the operation consists in first filling the tube with the raw product 
and then purging out all air, replacing it with nitrogen. This is circulated, the 
tube being held at the desired temperature and a carefully controlled small 
amount of hydrogen added to form a reducing atmosphere and reduce the product. 
The hydrogen is then purged from the circuit with nitrogen, and a carefully con¬ 
trolled amount of air is added to stabilize the product. This is done at a con¬ 
siderably lower temperature, probably as low as the cooling water will provide. 

Both the reduction and stabilization operations are exothermic. The tempera¬ 
ture rise of the product caused by a release of heat is controlled by limiting the 
concentration of active gas (hydrogen or oxygen); thus the heat is absorbed at the 
point of reaction by a small temperature rise in the relatively large amount of 
nitrogen and is carried by the nitrogen to the cooler. This is the reason for cir¬ 
culating nitrogen. 

Table 9.32 summarizes the important data from the eight plant re¬ 
ductions. A discussion of the results follows. 

The first plant reduction was obviously a failure, and any one of sev¬ 
eral factors would have been sufficient to account for it. 
place, the catalyst had an activity after laboratory reduction of only 
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about 25 hr” 1 principally because of the use of Lake Erie water in its 
preparation. In the second place, the charge had been calcined in air, 
and the local temperature during reduction reached a peak of 390°C and 
averaged between 350 and 375°C as it moved down the bed. Reference to 
the data on reduction temperature shows that this would lower the activ¬ 
ity, although probably not so much as observed. 

Finally, the reduction and stabilization were carried out under ad¬ 
verse conditions. 87 The space velocity was low, the inlet partial pres¬ 
sure of water was high because of the high condenser temperature, and 
the stabilization got out of hand. 

Runs P-2 through P-6 seem not to have been damaged by the reduc¬ 
tion since the activities of the samples from the plant reduction (HCKSV, 
42 hr -1 ) were not significantly lower than the activities of those from 
laboratory reduction or of rereduced plant samples (HCKSV, 43 hr -1 ). 
The probable cause of the low activities observed is the poor tempera¬ 
ture control during calcination. Catalysts from the same batches as 
these, but with laboratory calcination substituted for kiln calcination, 
had activities 50 of about 55 hr -1 compared with the activity of 43 hr -1 
for the plant calcination followed by laboratory reduction. 

The samples tested from runs P-1 through P-6 included broken pills, 
whereas those from runs P-7 and P-8 included only whole ones. If the 
results found in one series of experiments 88 may be applied here, then 
the activities for runs P-2 through P-6 would have been about 30 hr*" 1 if 
only whole pills had been tested. In the experiments just cited, samples 
from four reductions of one lot of pills (a large fraction of which broke 
when pilled) showed an average ratio of activities of 1.4 between sam¬ 
ples as received and samples selected to contain only whole pills. The 

isotopic analyses were more carefully controlled in the test of whole 
pills. 

If this applies to the plant reduction samples, then the results show a 
rather marked improvement in activity as a result of the changes in 
manufacture made between runs P-6 and P-7. 

Run P-7 was made on material calcined with better temperature con¬ 
trol, but the temperature during reduction was allowed to rise too high, 
the peaks at the various thermocouples in the bed varying between 313 
and 359°C and the lower jacket temperature reaching 421°C. The bed 
temperatures seem hardly enough to lower the activity from 55 to 35 
hr~ , but the high jacket temperature indicated higher temperature in at 
least part of the bed than was indicated by the bed thermocouples. The 
failure to increase the activity significantly by laboratory rereduction 

indicates that sintering rather than incomplete reduction caused the 
poor activity. 

Run P-8 was carried out under the most nearly ideal conditions of 
any of the reductions both in the reduction itself and in the steps pre- 
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♦Reynolds number is DpG/V for flow in a granular bed, 83 where D p denotes diameter of particles; G, mass velocity of fluid (mass 
flowing per unit time per unit cross section of empty tower); and p, viscosity of fluid. D p G/p < 40 for streamline flow and D p G/p > 
350 for turbulent flow with 40 £ D p G/p ^ 350 for the transition region, 
t Catalyst not stabilized after rereduction, which was done in testing unit. 
t Reducing H 2 dried over CaCl 2 instead of at -80°C. 
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ceding reduction, but the activity, HCKSV, 43 hr -1 , failed to equal that 
of the same charge reduced in the laboratory, 55 hr” 1 . 

The poor activity is attributed by Ahlberg mainly to the fact that dur¬ 
ing reduction the catalyst was kept too long at elevated temperatures 
(120 hr at 316°C). Under such conditions the oxide can be rendered 
partially inert to hydrogen, and the reduced portions suffer extensive 
sintering. Ahlberg 66 believes that his over-all recommendations with 
respect to high space and linear velocities would permit the reduction 
to be carried out in a short time and thus produce a catalyst of much 
higher activity. He suggests that shrinkage of the pills during reduction 
can lower effective linear velocities and maldistribute the flow of hydro¬ 
gen. 

The author agrees that run P-8 may have been damaged by the long 
time at 316°C but does not agree with the recommendation for high 
linear gas velocity as a corrective. If it should prove desirable to at¬ 
tempt to increase the rate of reduction, the author would recommend 
doing so by distributing the catalyst in a broad shallow bed, thus obtain¬ 
ing the ultimate in space velocity from any given compressor by mini¬ 
mizing the linear velocity. 

(e) Recommendations . Much of the difficulty in this work arose from 
the necessity for carrying on simultaneous research and development. 
(This part of the project was fortunately spared the necessity of adding 
production to its other two duties.) Often research was carried on at the 
semiworks or plant level with, consequently, poor control, and intensive 
laboratory study was handicapped by testing of semiworks and plant 
catalysts. For future work in normal times these conditions should be 
corrected, and it would probably be better, even under pressure for 
speed, to concentrate more effort on carefully planned and controlled 

laboratory experiments. 

The principal room for improvement in the research program is in 
methods of testing the finished catalyst. The variables already studied 
probably include all that are of importance, but several measurements 
could well be performed on the product. These should include extent of 
reduction measured by free nickel; surface area to detect sintering and 
to aid in activity comparisons; chemisorptions, if a suitable gas is 
available, to determine surface composition; Debye-Scherrer measure¬ 
ments to determine crystallite size; activation energy of the exchange 
reaction as another indication of structure (on what may be called the 
catalytic scale, dimensions as yet rather indeterminate); and study of 
reactions other than the exchange for the same purpose. In every case 
the questions of sampling and of accuracy of the determination should be 
considered so that the results will be significant to the problem as a 

whole. 
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It may be advisable to point out here the necessity for care in the 
choice of a drying agent for hydrogen for catalyst reduction. Some 
drying agents, for instance, silica gel made with sulfuric acid instead 
of hydrochloric acid, may liberate hydrogen sulfide on treatment with 
hydrogen. 

It might also be advisable to change the sampling method used in the 
plant. This was to grab samples at the bottom as the charge was being 
dumped. A thief sampler, if usable, would obviate the possibility of 
mixing catalyst from different levels. 

2.8 Stabilization and Refreshing. The reduced nickel—chromium 
oxide catalyst is pyrophoric; therefore it cannot be handled directly in 
air without spontaneous overheating and loss of activity. It can be 
stabilized, however, by controlled treatment with oxygen and can there¬ 
after be exposed to air without effect and can be restored to an active 
(and pyrophoric) state by a low-temperature rereduction (refreshing). 
Both operations are obviously closely connected with the original re¬ 
duction and with each other, and any division in the discussion is some¬ 
what arbitrary. The division in this discussion is based on the fact 
that both stabilization and refreshing are concerned with changes in the 
same part of the surface, whereas the original reduction affects prac¬ 
tically the whole of the catalyst. A discussion from an engineering 
standpoint would probably group reduction and stabilization together 

since both are carried out in the same apparatus without transfer of 
the catalyst. 

Two general methods of treating the pyrophoric catalyst were tried: 
(1) excluding air by covering the catalyst with water and (2) controlling 
slow oxidation to a nonpyrophoric state. Two variants of the latter were 
tried: (1) slow diffusion of air through a blanket of carbon dioxide from 
pieces of dry ice mixed with the catalyst and (2) exposure to slowly in¬ 
creasing concentrations of oxygen in a stream of nitrogen or carbon 
dioxide passed through the catalyst. 

Covering the catalyst with water was satisfactory in the laboratory 
but would not have been on a large scale because of the weakness of the 
wet pills. The pills would have had to be handled wet because the pro¬ 
tection against ignition depended on the blanketing effect of the liquid 
water, and such handling would have resulted in excessive breakage 
with subsequent high flow resistance and loss of catalyst as dust. 

Stabilization by slow diffusion of air through a blanket of carbon di¬ 
oxide was used in the early work on the nickel catalyst but was aban¬ 
doned because of the lack of control. Even in the laboratory many cata¬ 
lysts so treated were found to be still pyrophoric, and on a large scale 
such a result would be rather dangerous. The use of this method origi¬ 
nated in a still earlier practice of transferring catalysts from reduction 
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tubes to reaction bombs under a blanket of carbon dioxide evolved from 
dry-ice chips placed in the bomb. It was soon found that partial stabi¬ 
lization was occurring and that longer exposure to air in this manner 
might serve as a convenient stabilization method. The uncertainty of 
the method, however, outweighed its convenience, and it was soon 
abandoned. 

(a) Stabilization. The method finally adopted 89 consists in exposure 
of the catalyst to increasing concentrations of oxygen in a stream of 
nitrogen or carbon dioxide. The hydrogen is flushed out of the reduction 
tubes with oxygen-free nitrogen at room temperature (or at reduction 
temperature after high-pressure reduction when considerable hydrogen 
is absorbed). Then air or oxygen is admitted at room temperature to 
the gas stream at such a rate as to give successively 0.1, 0.25, 0.5, 
0.75, 1.0, 2.0, 4.0, and 8.0 vol.% 0 2 . The concentration is held at each 
step until the rise in temperature has subsided and is dropped back to 
zero if the rise exceeds 10°C. The total time necessary ranges from 
about 8 hr for laboratory catalyst beds to as much as 20 hr for plant- 
scale beds. It seems probable that the rate-determining factor in stabi¬ 
lization is the removal of the heat of reaction from the pills. 

If carbon dioxide is to be used as the diluent for oxygen, it is sub¬ 
stituted for the nitrogen at room temperature after the hydrogen is 
flushed out. 

The method was modified somewhat in the plant by stabilizing the 
catalyst first at a temperature considerably below ambient (5 to 10°C) 
and then gradually increasing the temperature until the catalyst no 
longer reacted with air at a temperature somewhat above ambient 

(30°C). 

It has been stated 90 that the use of carbon dioxide in place of nitrogen 
gives an improved stabilization with smaller temperature rise and 
shorter time required. This probably is, if true, the result of difference 
in adsorptive properties between nitrogen and carbon dioxide, but there 
is some uncertainty as to the reality of the effect. 91 In any event both 
gases can be used successfully for both laboratory and plant stabi¬ 
lization. 

The effect of temperature rise during stabilization was investigated 
on one catalyst by varying the initial oxygen concentration with the 
results shown in Table 9.33. Apparently for this catalyst the safe upper 
limit of stabilization temperature is about 90°C. Separate expenmen s 
confirmed this, showing that a previously stabilized catalyst could e 
exposed to air at 77°C without effect but that atl00°C a slight drop in 

activity resulted and that at 200°C the activity was destroyed. 

Less definite experiments 82 indicate that impure catalysts (washed 
with Lake Erie water) were damaged by temperatures above about bU o. 
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Further experiments showed that high temperature could be permitted 
during the replacement of nitrogen by carbon dioxide. Between 100 and 
250°C there was no appreciable loss in activity during this operation 
and at 300°C only a slight loss. It is uncertain whether displacement 
of hydrogen and evolution of small amounts of carbon monoxide occur 
during carbon dioxide flushing. 93 

(b) Refreshing. As stated at the beginning of this section, stabilized 
catalysts can be reactivated by hydrogen treatment at low tempera¬ 
tures. The standard procedure for laboratory samples was to heat 
them at 90 to 100°C in a hydrogen stream for 8 hr. Experiments showed 
that higher temperatures resulted in higher activity immediately after 

Table 9.33—Catalyst Temperature During Stabilization Vs. Activity 92 


Maximum temp, 
during stabilization, 
°C 


HCKSV at 48°C, 
hr” 1 


Initial oxygen, 
vol. % 


32 

44 

90 

107 

96 

115 

250 


58 

0.1 

47 

0.1 

54 

2.0 

40 

2.0 

34 

2.8 

23 

4 

8 

8 


refreshment but that the steady activity level reached within a few days 
was independent of the refreshing temperature. Results of this sort on 
two catalysts are given in Table 9.34. 


(c) Discussion. None of the results obtained establish the nature of 
the stabilization-refreshing reaction. Determinations of free nickel 
before and after refreshing 95 indicate that about 15 per cent of the origi¬ 
nally reduced nickel is involved in the reaction. This is a reasonable 
figure for the surface nickel and indicates that the stabilization may 
be a covering up (by oxidation or by oxygen adsorption) of the directly 
accessible nickel atoms. The alternative explanation of stabilization 
would be that even the accessible nickel atoms are of different energies 
and that the more energetic ones are covered up without affecting the 
less energetic. In either case there is some difference between about 
15 per cent of the free nickel and the rest which enables it to be se¬ 
lectively reacted with oxygen and then rereduced with hydrogen at low 
temperature. ^ uw 

Th * f eSti ,™ ° f Wh6ther the coverin e- u P Process on either picture 
should be called oxidation or chemisorption depends largely upon defi- 
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It is possible that some of the heat evolved on stabilization comes 
from oxidation of adsorbed hydrogen; hence measures to desorb hy¬ 
drogen before stabilization might facilitate the latter. 

Table 9.34 — Temperature of Refreshing Vs. Activity After Various Times* 4 

HCKSV at 48°C (after 
refreshing at indicated temp.), hr" 1 

U.O.P. 1060-143-1 U.O.P. 1060-125-3A 

Age of catalyst, 


days 

100°C 

300°C 

100°C 

300°C 

0 

46 

62 

41 

68 

1 

41 

46 

42 

53 

2 



44 


3 

45 

45 

35 

42 


3. PROPERTIES OF THE NICKEL-CHROMIUM OXIDE CATALYST 

Many of the properties of the finished catalyst have been given in 
previous sections, particularly as they are affected by variations in 
the preparational method. In this section the activity and physical 
properties are briefly recapitulated, and the aging and poisoning of 
the catalyst are discussed in detail. 

3.1 Activity of the Catalyst. Table 9.35 gives the initial activities 
of the final commercial product tested in the laboratory after refresh¬ 
ing at 100°C. Since the full-scale reduction was not completely worked 
out, results are included on samples reduced in the laboratory from 
the same lot of plant-calcined material. These indicate the activity 
that might be expected from the present catalyst after improvement 
of the plant-scale reduction. Activities are given in terms of HCKSV 
values as usual in this chapter and also in terms of percentage conver¬ 
sion to equilibrium at several space velocities. The latter were cal¬ 
culated from the former with the equation for a first-order reaction. 
The HCKSV values themselves were, of course, originally calculated 
from observed percentage conversions by the use of the same formula. 

3.2 Physical Properties of the Catalyst. Some physical properties 
of the final plant product are tabulated in Table 9.36. Figures are also 
given for the same material reduced in the laboratory instead of in the 

plant. 

3.3 Aging of the Catalyst. It is characteristic of most heterogeneous 
catalysts that they do not behave as ideal catalysts because they undergo 
permanent change with use. This most often manifests itself by a de¬ 
crease in activity with time on stream. Closer study often reveals tne 
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Table 9.35 —Activity for Steam-Hydrogen Exchange Reaction of the Final Commercial 

Nickel-Chromium Oxide Catalyst 88 

Equilibrium conversion 



HCKSV 


(at indicated KSV, hr -1 ), % 


Treatment of catalyst 

at 48°C, hr" 1 

5 

10 

20 

30 50 

100 

All steps In plant 
Calcination in 

43 

99.7 

95 

78 

63 45 

26 

plant, reduction 
in laboratory 

55 

99.95 

98 

85 

72 53 

32 


Table 9.36 — Physical Properties of the Final Nickel-Chromium Oxide Catalyst® 7 

Calcination in plant; 


Property 

All steps in plant 

reduction in laboratory 

Color 

Black 

Black 

Form 

Right-circular cylinder 

Right-circular cylinder 


with semidomed ends 

with semidomed ends 

Size 

Diameter, 2.97 mm; 

Diameter, 2.87 mm; 


length,* 3.07 mm; 

length,* 2.97 mm; 


radius of dome, 8 mm 

radius of dome, 8 mm 

Linear shrinkage 



on reduction, % 

9 

11 

Density, g/cc 

2.5t 

2.5t 

Bulk density, g/cc 

1.2t 

1.21 

Crushing strength, 



radial, lb 

5-7 

5-7 

Crushing strength 



before reduction, 



radial, lb 

10* 

10* 


•Depends upon setting of pill machine. 

tCalculated from pill dimensions, bulk density, and number of pills per 
milliliter on material similar to final catalyst. 
t Measured on material similar to final catalyst. 

cause to be sintering, slow accumulation of impurities from the re¬ 
actants, or slow irreversible reaction with the reactants. The present 
system shows this typical behavior. All nickel-chromium oxide cata¬ 
lysts studied for aging effects showed an initial drop in activity over 
the first 10 to 20 days of operation, followed by a long period of con¬ 
stant activity. In the laboratory this period of constant activity was 
observed for as long as 130 days on one sample and for 70 days on two 
others. Figure 9.4 shows the available data on this effect. 

Comparable behavior was shown in pilot-plant tests. 

The data presented in Fig. 9.4 indicate that the constant activity 
finally attained by each catalyst is roughly proportional to its initial 
activity. Table 9.37 shows the initial and final activities and their ratios 
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TIME ON STREAM BEFORE ACTIVITY TEST, DAYS 

Fig. 9.4 — Life tests on nickel-chromium catalysts, o, BM-13-1B. ©, 49-HX-2. ©, 

80-B51A. ©, 80-PR-3. o, 80-PR-2. • , 80-PR-4. ©, U.O.P.-1060-143-1. o, 80-8. 
©, 80-1. 


Table 9.37 — Initial and Final Activities of Nickel —Chromium 

Oxide Catalysts 98 


HCKSV 



at 48°C, 

hr" 1 

Ratio, 

Catalyst No. 

Initial 

Final 

final/initial 

BM-13-1B 

66 

55 

0.83 

49-HX-2 

72 

52 

0.72 

80-B51A 

57 

42 

0.74 

80-PR2 

46 

34 

0.74 

80-PR3 

44 

37 

0.84 

80-PR4 

35 

32 

0.91 

U.O.P.-1060-143-1 

29 

22 

0.76 

80-1 

26 

21 

0.81 

80-8 

29 

22 

0.76 


Av. 0.79 ± 0.05 


for the catalysts considered in Fig. 9.4. It is interesting to note the 
wide range of initial activities, 26 to 72 hr -1 , over which this relation 
holds. It would be instructive to compare the rate of decline in activity 
with the initial activity, but the data are not sufficiently precise to 
make this significant. 

The mechanism of this slow loss in activity is not clear from the 
available data. The possible mechanisms seem to be (1) sintering, 

(2) reaction in the solid catalyst at the reaction temperature independent 
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of the gas mixture, (3) chemical reaction between the solid catalyst 
and the gas mixture, (4) strong adsorption of a component of the gas 
mixture on part of the active surface, (5) strong adsorption of an im¬ 
purity in the gas stream, and (6) reaction of the catalyst in or at the 
surface of liquid H 2 0 condensed in the smaller capillaries. 

Mechanisms 1 and 2 can be eliminated since no loss in activity was 
found when catalysts were reduced for long times at 325°C. If sintering 
or reaction independent of the gas phase were occurring, the activity 
time of the reduction curve should show a maximum at some inter¬ 
mediate time instead of the asymptotic rise actually observed. Any 
such effect should be more pronounced at 325°C than at 50°C since 


such solid-phase reactions normally have fairly large temperature 
coefficients. Thus a solid-phase reaction that would be appreciable 
in 10 days at 50°C would probably be detected within 36 hr (the upper 
time limit in laboratory reductions) at 325°C. 

Mechanism 5 is unlikely since the reactants were carefully purified. 
The amounts of the ordinary gases that could have been present are 
certainly less than the amounts of specific poisons found to have no 
effect (see Sec. 3.4), and there could be no high-molecular-weight 
products at a pressure higher than the vapor pressure of Apiezon M 
stopcock grease since that was the only grease used and since the 
reactants (H 2 and H 2 0) are not capable of polymerization. 

Mechanisms 3, 4, and 6 remain to be considered. It is probably of 
little immediate importance which, if either, of the first two mecha¬ 
nisms is responsible for the aging since the remedy in either case, 
short of improving the catalyst, would be a drastic alteration of the 
composition of the gas phase. It is also impossible to state precisely 
e criterion for distinguishing between strong adsorption and reaction. 
The two extremes can be distinguished (for water) by the preservation 
of normal O-H bond lengths in adsorption and by change to O-H dis¬ 
tances beyond the range of appreciable attraction in reaction, but there 

is no obvious point at which to draw a sharp line of demarcation be¬ 
tween intermediate cases. 

reaction in a gas stream of water vapor alone could 
be detected hy the appearance of H 2 in the exit gas, provided the reac- 

would h 6XtenSlve enough t0 supersaturate the surface with H 2 . It 
wouid be necessary to observe a continuous evolution of H 2 to prove 

dtm S “. SlnCe Hz ° COUld produce temporarily by adsorption 

- — tsz irdrr 

=isaiss tKiruK. si; 

sensitivity probably required would be a major difficulty lg 
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should restore the activity. A pumping time much longer than the period 
of aging would be necessary because desorption is slower than ad¬ 
sorption of the same molecule. 

Mechanism 6 does not seem likely if the change involved is a chem¬ 
ical one different from oxidation of nickel under liquid H 2 0 because 
rereduction with H 2 at 100°C restores the original activity. Other ways 
in which liquid water might affect the activity seem to be limited to the 
formation of hydrates, as with the 0r 2 O 3 , to the promotion of recrys¬ 
tallization through solution, or to the blanking off of active surface by 
the liquid water. The last seems unlikely because the effect observed 
is slow, whereas capillary condensation is rapid; the second cannot 
explain the restoration of activity by mild rereduction. There are no 
data favoring or disproving the first method, formation of hydrates 
with consequent alteration of surface structure and activity. 

In conclusion, the nickel —chromium oxide catalyst showed a long 
(at least 130 days) useful life in the steam-hydrogen exchange reaction, 
the activity remaining rather constant after an initial drop over the 
first 10 to 20 days. This drop averaged about 20 per cent of the initial 
activity over a range of initial HCKSV from 26 to 72 hr -1 . 

3.4 Poisoning of the Catalyst. The catalyst poisons that might be 
found in the reactants were investigated for their effects upon the 
nickel —chromium oxide catalyst. The possibility of poisoning during 
loading of the towers because of the location of the Trail plant near 
smelters led to study of the effects of S0 2 and H 2 S upon the stabilized 
catalyst. In addition, the effects of various materials of construction 
were studied. The nickel catalyst proved more resistant than the plati¬ 
num to all the poisons tested, a result which had been expected from the 
usual behavior of platinum and of nickel catalysts. Table 9.38 sum¬ 
marizes the results on poisoning by gases. 

Further experiments showed that one bed of the catalyst would pro¬ 
tect a succeeding one from the poisoning action of CO, although two 
beds of platinum catalyst in series would poison simultaneously. This 
means that the nickel catalyst adsorbs CO strongly at very low partial 
pressures and has a considerable capacity for the gas at those P re ® 
sures. The good resistance of this catalyst to CO and to CH 4 wou 
make it superior to platinum for use on H 2 prepared by the water gas 

reaction. 

Most of the tests of poisoning by materials of construction wer 

run with the platinum catalyst. Only one such test was made wi 
nickel. This test 100 showed that Everdur welding rod had no deleterio 

effect within 9.6 days. .. t 

The results thus far obtained bear out the usual experience 

nickel catalysts are less sensitive than platinum to poisoning* 
of this probably results from the smaller amount of active me a 
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ent in the platinum on charcoal catalysts; the metal becomes saturated 
sooner at a given partial pressure of poisoning gas. There is roughly 
one hundred times as much nickel as platinum in equal volumes of the 
catalysts. In addition to this reason there is also probably a specific 
difference, atom for atom, between nickel and platinum in their sus¬ 
ceptibility to poisoning. Thus Maxted, 101 in comparing the effects of 
various sulfur compounds, found roughly a hundredfold greater sen¬ 
sitivity for a platinum catalyst than for a nickel catalyst, although in 
this case the platinum was all platinum (platinum black, unsupported) 
and the nickel was supported on kieselguhr. 

4. LABORATORY METHODS 

4.1 Catalyst-activity Testing. The apparatus in its final state of 
development is shown in Fig. 9.5. Dimensions and other details of 
construction and use may be found in reference 102. Only an outline 
of the method is given here. 

The catalyst sample (usually 3.0 ml) is weighed out, using a bulk 
density previously determined on about 25 ml by a standardized pouring 
technique, 103 consisting briefly in slow pouring (regulated by a funnel) 
into a graduate without shaking or tapping the latter. The sample is 
inserted in the indicated position, and the remainder of the tube is 

filled with pyrex chips and then sealed off. 

The system is flushed with dry N 2 , and the catalyst is then refreshed 
(rereduced in situ) with dry purified H 2 . A removable external metal 

steam bath is used as catalyst heater. 

After the reduction in situ the heater is removed, some enriched 
water is forced by gas pressure into the saturator, pure H 2 is started 
through the system, and the vapor baths are brought to reflux. The 
catalyst vapor jacket is kept at a slightly higher temperature than that 
of the saturator by the barostat 102 on its condenser. This prevents 
condensation of liquid water on the catalyst with consequent low con¬ 
version. After about half an hour at temperature, samples of the re¬ 
acted H 2 are taken in a series of sample tubes successively inserted 
at the indicated position. According to the schedule in effect during 
most of the work, samples are taken at H 2 space velocities of 5000, 
33,000, 50,000, and 33,000 hr -1 , in that order. The samples are en 
analyzed on a mass spectrometer for HD, and the result at each space 
velocity is expressed as percentage of equilibrium conversion. e 
equilibrium H-D percentage is determined by analyzing « 2 samples 
which have been obtained in the same apparatus and with the sam 
sample of enriched water, using low space velocities and a highly acnv 
platinum catalyst. The results were always within the experimen 
error of the value calculated from the equilibrium constant. 
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The efficiency of the catalyst is expressed as its HCKSV by averaging 
the values calculated at the separate test space velocities, assuming 
that the reaction is of the first order. 



(1) Hydrogen inlet 

(2) Vent 

(3) Inlet bubbler 

(4) Leveling bulb 

(5) Calcium chloride 

(6) Nitrogen inlet 

(7) Capillary tubing 

(8) Glass-beads spray trap 

(9) Thermometer well 

(10) Fritted disk 

(11) To condenser 

(12) Heat lagged section 

(13) To barostat 


(14) To boiler 

(15) Catalyst 

(16) Glass chips 

(17) Place of sealing after loading 

(18) Drain 

(19) Trap 

(20) Gas-sample tube 

(21) Capillary manifold 

(22) Safety bubbler 

(23) Hydrogen outlet 

(24) Water manometer 

(25) Thermocouple well 


Fig. 9.5 Catalyst-testing apparatus for steam-hydrogen isotopic exchange. 


Life tests are made similarly except that ordinary water is used 

during the aging with enriched water substituted only prior to the peri- 
odlc activity tests. 

Heavy water is purified for use in activity testing by distillation 
from alkaline permanganate followed by distillation of the distillate 
without further addition. It was found essential to include in the dis¬ 
tillation column a superheated section to prevent creeping of solid im- 
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purities from the flask to the receiver. Such impurities were trouble¬ 
some because they quickly plugged the fritted-glass gas dispersers 
in the test units. 

4.2 Catalyst Calcination, Reduction, and Stabilization. Standard meth¬ 
ods of gas purification, flow measurement, and heating are used in these 
operations which need not be described in detail. The principal innova¬ 
tions are the use of an inert atmosphere for calcination, the use of con¬ 
trolled and measured gas velocities, and the use of rather high gas 
velocities in reduction. Details of apparatus and procedure may be 
found in Report A-760 (calcination, 104 reduction, 105 and stabilization 106 ). 
Included in these details are drawings and descriptions of reliable 
vertical-tube furnaces of low-temperature gradient and good tempera¬ 
ture control, especially suited to laboratory catalyst work. 
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Chapter 10 


CATALYTIC EXCHANGE: PLATINUM AND 
PALLADIUM CATALYSTS 

By George G. Joris 


Chapter 9 dealt with the techniques developed primarily in the labo¬ 
ratories of Columbia University for catalyzing the exchange reaction of 
hydrogen with water by means of nickel on suitable supports. This 
chapter is concerned with studies carried out at the Frick Chemical 
Laboratory of Princeton University in which platinum and palladium 
catalysts of high activity were developed. At the outset of the work 
catalysts were studied for their efficiency in promoting the exchange 
reaction between hydrogen and liquid water. 1 It was soon found, how¬ 
ever, that with catalysts effective in this reaction a much more rapid 
conversion to equilibrium could be obtained by operating in the gas 
phase with hydrogen and water vapor over the dry catalyst. 2 Accord¬ 
ingly, the bulk of the experimental work carried out at Princeton and 
discussed in this chapter concerns catalysts of the vapor-phase re¬ 
action. 


1. EXCHANGE REACTION BETWEEN HYDROGEN 

AND LIQUID WATER 

1.1 Experimental Methods. (a) Preliminary Static Method. This 
method consisted in introducing a fixed amount of catalyst into an ap¬ 
pendix to a reaction bulb; degassing the catalyst and bulb by the usual 
vacuum techniques; and introducing heavy water in known amount and 
of known concentration, followed by purified electrolytic hydrogen gas 
to known pressures. Samples of gas were withdrawn at measured in¬ 
tervals of time and were analyzed by the mass spectrograph. Reaction 
was followed to equilibrium. The influence of shaking on the velocity 
was compared with a stationary disposal of the catalyst-water-gas 

system. 

(b) Flow Method at 1 Atm Pressure. To simulate technical condi¬ 
tions, the procedure was rapidly changed to operation on a countercur- 
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rent flow system. Electrolytic hydrogen gas at measurable speeds was 
passed upward through a suitably disposed catalyst bed. Heavy water 
of controlled concentrations was delivered to the top of the catalyst bed 
at known rates of feed and was allowed to flow down through the catalyst 
bed. Both gas and liquid flow could be varied within known limits, and 
in normal operation the two rates of flow of liquid and gas were ad¬ 
justed to a molar ratio of 1 to 1. 



Fig. 10.1—Catalytic-exchange apparatus, glass unit. 


In the initial stages of the work, operation was entirely at atmos¬ 
pheric pressure in an all-glass apparatus. Well-known precautions 
such as those used in catalytic investigations to ensure purity of react¬ 
ing materials and catalyst preparations (i.e., the absence of fortuitous 
catalyst poisons such as stopcock grease) were rigorously observed. A 
diagram of the essential parts of the apparatus is shown in Fig. 10.1, 
which serves to reveal the details of operation without undue descrip¬ 
tion. The flow of water to the catalyst was controlled by delivery 
through a capillary injector from a glass column containing the heavy 
water. The rate of flow was determined by the controlled rise of a 
mercury reservoir, which forced the water into the catalyst chamber. 
The counterbalanced mercury reservoir was uniformly raised by the 
rotation of a stepped pulley attached to a synchronous motor of a Tele- 
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chron clock (type B2), the motor being geared down to give 1 rph. The 
volume of water delivered could also be varied by changing the diame¬ 
ter of the water column. The diameter could be chosen to permit about 
12 hr of continuous operation without recharge. 

The flow of hydrogen gas was adjusted to the water flow to give the 
desired molar ratio by electrolysis of a caustic potash solution (20 per 
cent) at measured amperages. Spray and oxygen content were removed 
by tested techniques. 



(c) Flow Method at Elevated PressureJ An apparatus of brass, es¬ 
sentially of the same principle as the system at 1 atm pressure, was 
constructed for operation between 1 and 50 atm. A diagram of this sys¬ 
tem is shown in Fig. 10.2. The reaction vessel (Fig. 10.3) is a closed 
brass cylinder, lV 2 in. O.D. and 3 / 4 in. I.D. At the head is a high-pres 
sure screw connector to which is attached a Hoke Phoenix reducing 
valve (0 to 3000 lb) which records the working pressure. This screw 
connector is so designed that it permits full access to the brass cylin 
der and allows the introduction of a closely fitting copper-gauge car 
touche, 3 / 4 in. O.D., in which the catalyst mass can be disposed. Glass 
beads are placed above the catalyst to diminish dead space. The brass 
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cylinder ends below in a wider cylinder 
serving as a reservoir for the water efflu¬ 
ent from the catalyst. From this chamber 
the water can be periodically removed by 
removal of a screw nut inserted in the base 
of the cylinder. 

Hydrogen enters the brass cylinder at 
two points for control purposes and to 
avoid changes in connections. For atmos¬ 
pheric-pressure operation, entry is pro¬ 
vided in the water-reservoir cylinder. For 
pressure operation, the gas enters at the 
base of the catalyst cylinder proper. The 
hydrogen flow was metered at atmospheric 
pressure by means of suitable flowmeters 
after passing through the exit Hoke Phoenix 
valve. For pressure operation, tank elec¬ 
trolytic hydrogen, as obtained in cylinders, 
was used without any purification. For 
atmospheric-pressure operation in this 
system, electrolytic gas, generated and 
purified as in the all-glass system, was 
used as a control on the tank hydrogen em¬ 
ployed. 

Water is fed to the top of the cylinder 
through a Vt«-in. copper tube, the exit from 
which is located centrally in the tube above 
the catalyst. This is obtained by means of 
a removable right-angled insert that is 
placed in position after the catalyst has 
been disposed in the reaction tube. Water 
is fed under the prevailing pressure from 
a brass pump. The feed is attained by dis¬ 
placement, which involves a Vs-in. piston, 
initially manually operated with screw 
drive but subsequently operated continu- 


Fig. 10 . 3 — Reaction vessel. ously by motor drive. The packing for the 

piston is Palmetto packing (Greene, Tweed 
& Co.). This is a graphite-asbestos packing and contains some oil. (For 
operation at 250 atm a greaseless packing from The Garlock Packing 
Company was chosen, following recommendations from the Du Pont Am¬ 
monium Department.) A 50-atm pump uses a "Pelro” packing, used for 
pumping gasoline, naphtha, kerosene, and alcohol, presumably grease 
free. A detailed diagram of the water-feeding pump is given in Fig. 10.4. 
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1.2 Catalyst Preparations J (a) For Static Method. Use was made 
of a powdered-charcoal catalyst impregnated with 10 wt. % palladium. 
Moreover, in order to compare the efficiency of platinum and palladium 
in such tests, a series of platinum and palladium catalysts were also 
prepared using an 8-mesh Canadian gas-mask charcoal as a base. (This 
originates from coconut and originally contained small amounts of 
silver, which were removed before use by washing with nitric acid.) 
The impregnation was effected by adding the appropriate amount of 



either palladium chloride or chloroplatinic acid solution in volume about 
ten to fifteen times that of the apparent volume of charcoal. The re¬ 
duction occurred spontaneously when assisted by warming on a steam 
bath. After decolorization of the solution had occurred (reduction to 
metal practically complete), hydrogen gas was bubbled through the so¬ 
lution for 15 min, whereupon the catalyst mass was filtered, washed, 
and finally dried at 105°C. 

A platinum oxide catalyst, made according to the method of Adams 
and Shriner, 3 was also tried for comparative purposes. 

(b) For Flow Method. For the noble metals charcoals of different 
origins approximating 8 mesh in size were impregnated with platinum 
or palladium, as described in the preceding section. In addition, simi¬ 
lar procedures using solutions either of a vanadium salt or of sodium 
formate as the reducing agent were employed. The detailed composi¬ 
tions of these catalysts and their modes of preparation are indicated in 

the tables of experimental results. 

A platinum catalyst supported on Alfrax was also tested for activity 

in the exchange reaction. This catalyst was prepared by Baker & Co., 
Inc., for Cominco at Trail. Alfrax is essentially A1 2 0 3 , which is ob¬ 
tained from electrically fused crystalline alumina and is made by The 
Carborundum Company. 
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1.3 Treatment of Experimental Results . To determine the activity 
of a given catalyst using the flow method, a series of measurements 
were made of the H-D content of the gas issuing from the catalyst col¬ 
umn operated countercurrently as to water and hydrogen at varying 
speeds of hydrogen flow. Most of the gas analyses were made mass 
spectrographically using the Nier type instrument. Some few measure¬ 
ments for purposes of check used the water-density falling-drop method 
(i.e., the rate of fall of a drop of water in fluorotoluene at a carefully 
controlled temperature). For these measurements the issuing hydrogen 
was oxidized to water over copper oxide heated externally by means of 
an electric furnace. 



Fig. 10.5—Percentage of conversion as a function of velocity of hydrogen flow. 


From a graph showing the H-D content of the issuing gas as a func¬ 
tion of the velocity of hydrogen flow, it was possible to determine 
graphically (or by extrapolation) the rate of passage for half conver¬ 
sion. Typical data with good and relatively poor catalysts are shown in 
Fig. 10.5. From such data it is possible to derive the following modes 
of expressing reaction rate: 

1. The half life, Ty 2 , is the time in seconds in which the free volume 
of gas contained within the apparent catalyst space is converted to one- 
half its equilibrium value. This obviously depends on the apparent den¬ 
sity of the catalyst employed. For the charcoals, on the basis of actual 
measurements, a free volume of 80 per cent has been assumed. Thus, 
for an apparent catalyst volume v milliliters at a flow rate of V milli¬ 
liters per second for half conversion to equilibrium, the half life equals 
0.8 v/V. 


2. The half-conversion space velocity, HCSV, is the volume of gas at 
S.T.P. per unit apparent volume of catalyst which can be converted 
halfway to equilibrium per hour. 
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1.4 Experimental Results J (a) Static Method. The results obtained 
by the static method, always with hydrogen at 1 atm pressure, served 
only to give an orientation into the various factors that might be opera¬ 
tive in a flow method of operation. The results obtained will, therefore, 
only be summarized. 

(1) Possible Diffusion Effect on Velocity. It was shown that no marked 
effect on the half life of the reaction was caused by continuously rotat¬ 
ing the wet catalyst in the reaction bulb in the presence of hydrogen 
when compared with the use of a stationary bulb. 

(2) Effect of Amount of Water Employed. The times for half conver¬ 
sion to equilibrium of the 1-liter hydrogen-gas content of the reaction 
bulb in the presence of 0.5 g of powdered charcoal (10 per cent palla¬ 
dium) were measured as a function of the volume of water used. The 
results obtained were as follows: 

Water employed, ml 12 4 5 

Half-conversion time 

for 1 liter of gas, hr 3.5 2.5 2 2 

(3) Effect of Palladium Percentage. Tests in a 1-liter bulb with 4 ml 
of water present and 8-mesh Canadian charcoal as support material 
gave the following comparative data: In the presence of 1.5 g of 8-mesh 
charcoal (2 per cent palladium) the half-conversion time for 1 liter of 
gas is 62 hr, and in the presence of 1.5 g of 8-mesh charcoal (5 per 
cent palladium) the half-conversion time for 1 liter of gas is 36.5 hr. It 
will be noted that these half-conversion times for 1 liter of gas cor¬ 
respond to half lives (defined in Sec. 1.3) of approximately 11 min and 
6.5 min, respectively. 

(4) Effect of Size and Type of Charcoal. As can be seen from the two 
preceding subsections, a change from 0.5 g of powdered charcoal (10 
per cent palladium) to 1.5 g of Canadian 8-mesh charcoal (5 per cent 
palladium) increased the half-conversion rate on 1 liter of gas from 2 
to 36.5 hr. The more rapid rate on the powdered charcoal corresponds 
to a half life of 9 sec, which represented the first indication that rapid 
conversions were possible in the exchange reaction. 

(5) Comparison of Platinum and Palladium Catalysts. In the 1-liter 
bulb with 4 ml of water, tests on platinum and palladium catalysts on 
Canadian 8-mesh charcoal gave the following results: In the presence 
of 0.5 g of charcoal (2 per cent platinum) the half-conversion time ( 
liter) is 70 hr, and in the presence of 1.5 g of charcoal (2 per cent pa - 
ladium) the half-conversion time (1 liter) is 62 hr. These results indi¬ 
cate a threefold superiority of platinum. 
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(6) Effect of Ratio of Hydrogen to Catalyst. Experiments using 0.25 
g of powdered charcoal (10 per cent palladium) in the presence of 0.5 g 
of water in which the ratio, milliliters of H 2 to grams of charcoal, 
varied from 2000 to 107 to 4.7 gave half-life values of 2.5, 10, and 70 
sec, respectively. 

Owing to uncertainty in the apparent volume of the powdered catalyst, 
these values for half life may be in error by 50 per cent or more. The 
relative values will, however, remain unchanged. It is to be empha¬ 
sized that they indicate the possibility of catalysts with half-life values 
of the order of seconds. 

Table 10.1—Influence of the Kind of Charcoal As Support (25°C)* 



Noble 


Composition, 
g of noble metal/ 

Catalyst 

T V 

HCSV, 

Run 

metal 

Kind of charcoal 

100 ml of catalyst 

weight, g 

sec 

hr- 1 

3 

Pt 

8-mesh Cana¬ 
dian 

1.00 

8.0 

25 

125 

27 

Pt 

CWS N-19 

1.00 

8.0 

42 

68 

31 

Pt 

CWS N-ll 

1.00 

8.0 

3 

960 

37 

Pt 

15-20-mesh, 

activated 

0.30 

5.0 

t 

0 

1 

Pd 

8-mesh Cana¬ 
dian 

1.00 

8.0 

93 

31 

11 

Pd 

8-mesh Cana¬ 
dian 

1.00 

8.0 

60 

46 

23 

Pd 

CWS N-19 

1.00 

8.0 

10 

258 

50 

Pd 

15-20-mesh, 

activated 

0.30 

5.0 

t 

0 


*The H 2 reduction method and 2.5 per cent noble metal were used in all runs. 
tNo activity. 


The data have a further importance. They indicate a very much 
smaller value for half life when the ratio of hydrogen to catalyst is 
large and a considerable increase in half life when the volume of gas 
treated approaches that of the catalyst volume. Definite evidence of the 
same kind also results from experiments in the flow system, the rec¬ 
ord of which follows. 

(b) Flow Method at Atmospheric Pressure. The experimental results 
with noble-metal catalysts on various charcoal support materials are 
presented in summary form in the following series of tables pertaining 
to specific variables in the experimental technique. 

Tables 10.1 to 10.5 cover the following items: (1) influence of char¬ 
coal used as support, (2) variation of activity with amount of noble 
metal, (3) influence of reduction process in catalyst preparation, (4) 

variation of half life with length of test, and (5) variation of half life 
with time and temperature, respectively. 
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From Table 10.1 it can be concluded that, on platinum and palladium 
catalysts (1 g of 2.5 per cent metal per 100 ml of catalyst volume) on 
several charcoal supports, half lives of the order of 1 min or less can 

Table 10.2 — Variation of the Activity with Amount of Noble Metal (25°C)* 



Noble 

Noble 

metal, 

Composition, 
g of noble metal/ 

Catalyst 

T v 

sec 

HCSV 

Run 

metal 

wt. % 

100 ml of catalyst 

weight, g 

hr" 1 

15 

Pt 

0.25 

0.10 

8.0 

49 

58 

14 

Pt 

0.50 

0.20 

8.0 

35 

82 

13 

Pt 

1.00 

0.40 

8.0 

48 

60 

3 

Pt 

2.50 

1.00 

8.0 

25 

125 

21 

Pt 

5.00 

2.00 

4.0 

48 

60 

8 

Pt 

10.00 

4.00 

2.0 

8 

460 

9 

Pd 

0.25 

0.10 

8.0 

93 

31 

5 

Pd 

0.50 

0.20 

8.0 

72 

40 

10 

Pd 

1.00 

0.40 

8.0 

80 

36 

1 

Pd 

2.50 

1.00 

8.0 

93 

31 

11 

Pd 

2.50 

1.00 

8.0 

60 

46 

2 

Pd 

5.00 

2.00 

8.0 

30 

98 


*Eight-mesh Canadian charcoal and the H, reduction method were used in all 
runs. 


Table 10.3 — Influence of the Method of Reduction (25°C)* 


Run 

Noble 

metal 

Kind of charcoal 

Reduction 

method 

sec 

HCSV, 

hr" 1 

3 

Pt 

8-mesh Canadian 

h 2 

25 

125 

18 

Pt 

8-mesh Canadian 

HCOONa 

32 

90 

20 

Pt 

8-mesh Canadian 

V 

26 

110 

25 

Pt 

8-mesh Canadian 

V 

42 

69 

27 

Pt 

CWS N-19 

h 2 

42 

68 

29 

Pt 

CWS N-19 

HCOONa 

22 

128 

30 

Pt 

CWS N-19 

V 

17 

164 

1 

Pd 

8-mesh Canadian 

h 2 

93 

31 

11 

Pd 

8-mesh Canadian 

h 2 

60 

46 

19 

Pd 

8-mesh Canadian 

HCOONa 

39 

74 

26 

Pd 

8-mesh Canadian 

V 

60 

48 


*An 8-g catalyst and 1 g of 2.5 per cent noble metal per 100 
ml of catalyst were used in all runs. 


be readily obtained at 1 atm pressure. Otherwise expressed, an HCSV 
of 46 hr" 1 or more at atmospheric pressure is practicable on a suitable 
charcoal support. Certain types of char, however, completely inacti¬ 
vate the platinum catalyst. In our experiments the inactive material 
was a char from a cellulose-sulfite process. The active chars were 
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gas-mask charcoals of Canadian and American origin. The American 
chars were materials under active development for gas-mask purposes. 

From Table 10.2 it can be concluded that with a given char, with both 
palladium and platinum, the influence of concentration of noble metal is 


Table 

10.4 —VarlaUon of Half Life with Time (25°C) 

• 








HCSV 

hr“* 





Composition, 




f 





g of noble metal/ 


After 

After 

After 

After 

After 

Catalyst 

Run 

100 ml of catalyst 

Initial 

l day 

2 days 

3 days 

4 days 

5 days 

Pt on 8-mesh 

I 3 

1.00 

25 

27 

33 

39 

39 

39 

Canadian charcoal 

18 

4.00 

8 

8 

8 





5 

0.2 

72 

85 

85 




Pd on 8-mesh 

11 

1.00 

60 

61 

71 

71 



Canadian charcoal 

1 

1.00 

93 

100 

112 

112 

112 



2 

2.00 

30 

33 

33 

33 




•The H, reduction method was used In ail runs. 


Table 10.5 — Variation of Half Life with Time and Temperature* 


Catalyst 

Pt on 8-mesh 
Canadian charcoal 

Pd on 8-mesh 
Canadian charcoal 


Run Temp., °C 


8 


{ 


25 

35 

25 

35 


Composition, 
g of noble metal/ 

HCSV, hr" 1 

After After 

100 ml of catalyst 

Initial 

1 day 2 days 

4.00 

8 

8 8 

4.00 

7 

10 10 

0.2 

72 

85 85 

0.2 

58 

85 65 


*The runs at 35®C were made after completion of the runs at 25°C. The H 2 reduc¬ 
tion method was used in all runs. 


strikingly less than was found with the powdered charcoals in a static 
system. The variations in the preparations obscure any marked trend 
in half life or HCSV with concentration of catalyst. The flow experi¬ 
ments show definitely that platinum is from two to three times more 
efficient per unit weight of metal on the support than palladium. 

Table 10.3 indicates that different methods of reduction of the plati¬ 
num or palladium are without appreciable influence on the half lives or 
on the HCSV values of the catalysts when suitable charcoals and the 
well-investigated types of reduction are employed. With such charcoal- 
supported catalysts there is always a marked reduction of the metal 
salt by the charcoal itself. For large-scale preparations this is a de¬ 
cided convenience, and the reduction by hydrogen is a simple method of 

obtaining complete reduction with production of a catalyst of suitable 
activity. 

Table 10.4 presents available data on life tests. The experimental 
program was not specifically directed toward investigation of this fac- 
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tor, but the results cited indicate that under atmospheric-pressure 
conditions in the glass apparatus there is no marked diminution in ac¬ 
tivity at the fifth day. There is some indication that loss of activity is 
more marked at lower concentrations of noble metal. 

Table 10.5 exhibits the small influence of a 10-degree rise in tem¬ 
perature on the velocity of exchange. This is definite and positive in 
the case of platinum. It is positive in the case of palladium but masked 
in part by diminution in activity with time. 

(c) Flow Method at 50 Atm. The characteristics of the brass appa¬ 
ratus for operation at 1 to 50 atm in comparison with the operation at 

ml/hr AT 1 ATM PRESSURE 



Fig. 10.6 — Comparison of catalytic exchange units. At 1 atm: O, glass apparatus. ©, 
brass apparatus. •, after 50 atm. 

1 atm in the all-glass flow system canbe shown by Fig. 10.6. The curve 
at 1 atm is common to both glass and brass apparatus and is unchanged 
after operation at 50 atm pressure. The 50-atm curve shows the in¬ 
fluence of pressure in this pressure range, the half life increasing from 
its value of 5.3 min at 1 atm to 20 min at 50 atm pressure. The catalyst 
in this case was the platinum on Alfrax catalyst in the coarse size in 
which it was received from Cominco, and it probably represents a low 
standard of possible conversion by reason of the unsuitable size of the 
support mass relative to the diameter of the reaction tube employed. 
This would give rise to channeling of both gas and liquid. 

For comparison of charcoal-supported catalysts at 1 and 50 atm, the 
data incorporated in Fig. 10.7 may be cited. At 1 atm in the brass ap¬ 
paratus (2.5 per cent platinum on Chemical Warfare Service N-ll char¬ 
coal) a half life of 34 sec was obtained. The data at 50 atm pressure 



CATALYTIC EXCHANGE: PLATINUM AND PALLADIUM 


233 


lead to a half life of 134 sec. Corresponding measurements at 10 atm 
pressure in the neighborhood of half conversion indicate a half-life 

value of 108 sec at 10 atm pressure. 

The influence of pressure in the range of 1 to 50 atm was also studied 
quite carefully in the case of a nickel catalyst of low activity. An in¬ 
crease of working pressure from 1 to 50 atm changed the half life from 
31 to 125 min with intermediate effects at intermediate pressures. The 
fourfold retardation between 1 and 50 atm thus appears to be of the 
same order of magnitude in each case, independent of the absolute ac¬ 
tivity of the catalyst. 

ML/HR AT 1 ATM PRESSURE 



Fig. 10.7—Effect of pressure on charcoal-supported catalysts. O, at 1 atm. ©, at 50 
atm. 


The data on the charcoal catalyst at 1 atm, plotted in Fig. 10.7, lend 
themselves to an observation of the efficiency of attainment of conver¬ 
sions more nearly approaching the equilibrium conversion. Thus ex¬ 
perimentation at 75 per cent conversion indicates that T% is as much 
as ninefold that of Ty 2 , namely, 306 sec compared with 34 sec for T^. 
Similarly, a slight extrapolation of measured values indicates for Ty fl a 
value 22.5 times that of Ty 2 . 

It is apparent that such behavior is not characteristic of a truly uni- 
molecular reaction. That the experimental data on the charcoal cata¬ 
lyst at 1 atm pressure do not conform to unimolecular behavior is evi¬ 
dent from the graph of the data in Fig. 10.7 replotted in Fig. 10.8 as a 
function of log (C* — Ct). Although the initial portion of the curve, even 
beyond the half life, approximates well to the linear relation expected 
of a unimolecular process, there is marked deviation from this straight 
line in the higher percentages of conversion. 



234 


PRODUCTION OF HEAVY WATER 


(d) Platinum Catalysts on Metal Supports. According to Ginsberg and 
Ivanov, the addition of platinum or palladium to powdered metals such 
as aluminum and nickel increases the hydrogenation properties of these 
metals. Copper and aluminum granules (8 mesh) were employed, and a 
solution of chloroplatinic acid containing platinum equal to 0.5 wt. % of 
the metal used as support was reduced in the presence of the metal. 
The catalysts so prepared, after washing and drying, were tested in the 
exchange reaction. No activity was observed in the case of copper, and 
very slight activity was observed with the aluminum support. 


flow, ml/hr 

1000 2000 



Fig. 10.8 — Log (Coo - C t ) for charcoal-supported catalysts. 


In the case of nickel a Du Pont nickel-kieselguhr catalyst was re¬ 
duced at 400°C and impregnated with platinum equal to 0.5 wt. % of the 
total nickel content and reduced up to 400°C. The catalyst so obtained 
had an activity higher than the original nickel catalyst. After 4 days 
the activity had diminished to that of the pure nickel catalyst. 

It is evident that such noble-metal catalysts supported on base-metal 
catalysts show no promise in the hydrogen-water exchange. 

1.5 Supplementary Experiments on the Catalysis of Hydrogen-Liq¬ 
uid Water Exchange Reaction by Noble Metals (Columbia University). 
In addition to the catalysts discussed above, a number of catalysts con¬ 
sisting of platinum and palladium on alumina and on silica were investi¬ 
gated by Grosse, 5 of Columbia University, for possible usefulness in 
catalyzing the exchange reaction. Ruthenium and osmium on charcoal 
were also briefly studied. Catalysts were studied by a static method 
and a flow method similar to the techniques previously outlined. Al¬ 
though showing appreciable activity, these catalysts proved much less 
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effective than the charcoal catalysts developed at Princeton. The better 
results are summarized in Table 10.6. 

It is to be noted that the charcoal used in the last four experiments 
cited in Table 10.6 is of a distinctly lower quality than that used in the 
Princeton experiments since platinum is displaying under these con¬ 
ditions a markedly lower catalytic efficiency than that reported in the 

Table 10.6—Noble-metal Catalysts in Hydrogen —Liquid Water 


Exchange Reaction at 25°C and 1 Atm (Columbia) 

Metal, T u , 

Support 

Metal 

wt. % 

'4 

sec 

AIO(OH) 

Pt 

0.1 

300-480 

AIO(OH) 

Pt 

0.5 

240 

AIO(OH) 

Pd 

0.3 

600 

AIO(OH) 

Pt + Pd 

0.2 Pt + 0.1 Pd 

600 

SiO z gel 

Pt 

0.1 —0.4 

300-420 

Si0 2 gel 

Pt + Sn 

0.4 Pt 

21-390 

Si0 2 gel 

Pd + Sn 

0.4 Pd 

180-1800 

ai 2 o 3 + sio 2 

Pt 

0.4 

180-520* 
420 —1200t 

Charcoal 

Pt 

0.1 

1200-1500 

Charcoal 

Pt 

5.0 

120-360 

Charcoal 

Ru 

0.2 

540 

Charcoal 

Os 

0.2 

360 


♦Uncalcined. 

tCalcined. 


preceding discussion. It may well be therefore that ruthenium and os¬ 
mium supported on charcoal of suitable quality would prove useful 
catalysts for the exchange reaction. 

1.6 Summary. Techniques were developed for the study of the ex¬ 
change reaction 

HD (gas) + H 2 0(liq) = H 2 (gas) + HDO(liq) 


by countercurrent-flow methods of operation in the range of pressures 
from 1 to 50 atm at room temperatures. Glass apparatus was employed 
at 1 atm, and brass apparatus with appropriate injector pumps was used 
for the 1- to 50-atm pressure range. 

These techniques were employed to study more particularly noble- 
metal catalysts principally on charcoal supports. 

The results indicate that noble-metal catalysts on charcoal with a 
value for half life of 1 min or less at 50 atm pressure can be obtained 

A definite effect of pressure on half life in the region of 1 to 50 atm 
has been established. 
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This pressure effect, together with measurements on conversion ef¬ 
ficiencies between 50 per cent of theoretical and equilibrium, indicates 
that the exchange reaction is not strictly unimolecular with respect to 
hydrogen and that it is also dependent on the volume of liquid water 
employed. 


2. EXCHANGE REACTION BETWEEN HYDROGEN 

AND WATER VAPOR 

2.1 Experimental Methods. In studying the exchange reaction be¬ 
tween hydrogen and water vapor, equilibrium was approached mainly 
from the hydrogen-heavy water side, although in a few experiments 
the reverse reaction was studied. Tank electrolytic hydrogen, ordi¬ 
narily without purification, was saturated with water vapor by passage 
through two successive saturators consisting of glass traps fitted with 
inlet and exit tubes and filled loosely with glass beads. The initial 
saturator was fed with heavy water at various flows determined by a 
Telechron-motor type of feed. The rates of flow of hydrogen and heavy 
water were adjusted to give the molar ratio demanded by the saturated 
vapor pressure of water at the working temperature. To ensure satu¬ 
ration, operation was always on the side of excess water feed. Actual 
wetting of the catalyst was minimized by passing the wet gas through 
an appendix into which liquid spray could settle. At high rates of flow 
even this precaution was sometimes inadequate, leading to low results. 
After passage over the catalyst the water vapor was removed by a 
short water condenser, and the exit hydrogen was analyzed for deute¬ 
rium by the mass spectrograph. Operating temperatures of 80 and 
56.5°C were secured by vapor baths of benzene, methanol, and acetone, 
respectively, into which the whole apparatus, saturator, appendix, cata¬ 
lyst zone, and inlet and exit tubes, was immersed. 

In the above apparatus, saturator and catalyst are kept at the same 
temperature, thus increasing considerably the possibility of wetting the 
catalyst. Since the activity of the catalyst is very sensitive to wetting, 
it was soon found advisable to maintain the catalyst at a temperature 
slightly higher than that of the saturator (e.g., the saturator at 56.5°C 
and the catalyst at 61°C) so that there was less likelihood of wetting. 
This was accomplished by placing the saturator and the catalyst cham 
ber in two separate vapor baths. This apparatus, however, was bulky, 
and a change of catalyst required cooling a vapor bath, flushing the 
system with nitrogen, and replacing a section of glass tubing containing 

the catalyst. 

The final apparatus is shown in Fig. 10.9. It eliminated all the a or ® 
mentioned disadvantages. In a large vapor bath the hydrogen P as ® 
through platinized charcoal, which removed any oxygen present in 
gas. It bubbled through heavy water in the form of a multitude of fine 
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streams created by its passage through a fritted-glass plate, thus en¬ 
suring saturation even at high flows. The gaseous mixture then passed 
through a tower packed with glass wool and glass beads to remove any 



Fig. 10.9—Catalytic-exchange apparatus. 


spray. The saturated hydrogen was then led from the vapor bath through 
a heated tube to the catalyst unit. The catalyst unit was designed to 
permit changing of the catalyst in a very short time (less than 1 min). 
As is shown in Fig. 10.9, the catalyst chamber is essentially an all- 
glass condenser, the jacket of which acts as a vapor bath, and it has at 
the bottom a small heated reservoir containing the liquid used and at 
the top a water-cooled condenser. The internal tube of the catalyst 
chamber is sealed to the saturation apparatus at the upper end, and the 
lower end is terminated by a male ground-glass joint. The catalyst 
holder is a section of glass tubing that can be introduced in the internal 
tube and attached to it through a ring-sealed female ground-glass joint. 
The catalyst sample is placed in the upper part of the tube holder, which 
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is long enough to reach the middle of the catalyst chamber. The upper 
half of the internal tube is filled with glass beads to make certain that 
the incoming gases are at the vapor-bath temperature. At its lower end 
beneath the ring seal, the catalyst holder has a smaller ground-glass 
joint, where a water condenser is attached. The hydrogen, separated 
from most of its water, flows through a sample tube, and its deuterium 
content is analyzed mass spectrographically. The hydrogen flow is 
measured by means of a flowmeter in series with the sample tube. 

2.2 Catalyst Preparations, (a) Charcoal. Several kinds of Ameri¬ 
can charcoal were tested. These included some pelleted charcoals of 
the Chemical Warfare Service (CWS). The CWS charcoals were good 
catalyst supports but were expensive, whereas Canadian charcoals 
made from either coconut shells or peach stones were much less ex¬ 
pensive. They were available in several stages of activation, but only 
the most highly activated was found suitable. Most of the laboratory 
catalyst preparations were made of Canadian coconut charcoal, which 
was crushed and sieved to 8 to 10 mesh. 

The Canadian charcoal was available either “de-ashed” (acid-washed) 
or untreated. The activities of catalysts made from these charcoals 
were not significantly different, although there was considerable dif¬ 
ference in the pH of the solution remaining after impregnation. 

(b) Impregnation. Small-scale preparations of platinum on charcoal 
catalysts were effected as previously described. With large-scale 
preparations difficulty was encountered in obtaining uniformity of plati¬ 
num deposition. Here it was found necessary to retard the precipitation 
of the noble metal by diluting and cooling the solution and to disperse 
the charcoal in a thin layer in order to minimize the diffusion effect. 
For the preparation of quantities of the order of several hundred cubic 
centimeters, the following preparation is satisfactory: 6 

The bottom of a battery jar (23.5 by 30.0 by 42.0 cm) is covered with 
500 ml of charcoal in a thin layer about 0.7 cm deep. Ten liters of a 
solution of platinum chloride containing 2.5 g of platinum is then added. 
The mixture is allowed to stand for 12 hr at room temperature with 
gentle swirling effected by a stirring rod kept 1 cm above the catalyst 
layer. At the end of this time the solution is decolorized. A steam- 
heated glass spiral is then inserted into the solution, and hydrogen gas 
is bubbled through the hot mixture for 30 min. After filtration, washing, 
and drying at 105°C, a very active catalyst is obtained. Although im¬ 
pregnation from a dilute solution was easy for laboratory preparation, 
its use for a commercial product would have so limited the batch size 
that the manufacture of suitable quantities of catalyst would have been 
nearly impossible. Furthermore, the volume of water necessary wou 
in itself have been a serious consideration. Impregnation from a con- 
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centrated solution was therefore investigated. Such a method had pre¬ 
viously been used by both Imperial Chemical Industries, Ltd., (I.C.I.) 
and by the Baker company for catalysts used in other reactions. The 
I.C.I. preparation, however, had been dried and reduced in a current of 
hydrogen at 300°C. Although such a rigorous procedure had definite 
advantages, the hazards involved outweighed those advantages accord¬ 
ing to the judgment of the Baker company. The following simulation of 
the most satisfactory manufacturing processes was found to give a 
catalyst equal in activity to that produced by the Princeton dilute im¬ 
pregnation. 

The charcoal was sieved to the desired mesh (8 to 10) and washed 
with distilled water to remove fines. The necessary amount of chloro- 
platinic acid was dissolved in enough distilled water to barely cover 
the charcoal when it was placed in the vessel; this called for a certain 
amount of experience and judgment. The washed charcoal was then 
poured quickly into the platinizing solution, and the mixture was allowed 
to stand at room temperature for 48 hr. The mixture was then heated 
to near boiling, and hydrogen was bubbled through. The water was de¬ 
canted off, and the catalyst was moderately washed and was dried over¬ 
night in an oven at 110°C in a wide evaporating dish and cooled in a 
desiccator. This method was roughly equivalent to the I.C.I. technique, 
except that the concentration of platinum was much lower and the heat¬ 
ing in hydrogen was omitted altogether. 

(c) Washing. All washing in laboratory preparations, both of char¬ 
coal before platinization and of platinized charcoal before drying, was 
done with distilled water. With distilled water the amount of washing 
had no effect upon the activity of the catalysts. However, the early 
batches of the commercial product were washed with tap water, and it 
was found that too much washing can have an adverse effect upon the 
activity of the catalysts because of the basic salts adsorbed. The manu¬ 
facturer was advised to use an Amberlite purification system, and no 
further losses of activity could be ascribed to washing. 

(d) Reduction. Several methods of reduction were investigated. They 
will be discussed later with the experimental results. 

2.3 Treatment of Experimental Results. The majority of catalysts 

studied for the system exhibited such high activity that to report their 

efficiency in terms of half life or HCSV would have little significance. 

Indeed, with active catalysts, substantially complete conversion to 

equilibrium was attained at space velocities exceeding 50,000 hr -1 . A 

more convenient measure of operational efficiency proved to be the 

percentage of conversion to equilibrium at a stated total space velocity 

o the gaseous mixture. The percentage of conversion was estimated 
Dy the relation 
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% conversion = 


IQOffg/Hg^x 

(HD/H 2 ) f=0 


where (HD/H 2 )f= x is the ratio of heavy to light hydrogen in the exit gas 
at a flow of x liters per hour and (HD/H 2 ) f = 0 is the same ratio at very 
low rates of flow. This method of reporting catalyst efficiency has the 
advantage of avoiding the unwarranted assumption that the reaction is 
unimolecular with respect to hydrogen, which assumption is implicit in 
the methods outlined for the hydrogen-water system. 

Table 10.7 — Variations in Activity with Type of Charcoal Support 



Composition, 
g of Pt/ 

Catalyst 

volume, 

Temp., 

Equilibrium conversion 
(at indicated SV, hr" 1 ), % 


Type of charcoal 

100 ml of catalyst 

ml 

°C 

5 

10 

30 

60 

Refs 

Canadian 8-mesh, 
unactivated 

0.4 

1.0 

56.5 

66 

52 

30 

24 

6, 7 

Stage VA 4 

0.4 

1.0 

56.5 

75 

66 

44 

27 


Stage VA 10 

0.4 

1.0 

56.5 

89 

76 

66 

58 


Stage VA 17, 
activated 

0.4 

1.0 

56.5 

100 

100 

96 

80 


Stage VA 17, 
activated 

0.4 

1.0 

80.0 

100 

96 

90 

84 


Stage VA 17, 
activated 

0.4 

10.0 

80.0 

100 

100 

100 

95 


CWS N-ll 

0.4 

5.0 

56.5 

100 

100 

100 

95 

7 

CWS N-ll 

0.4 

5.0 

80.0 

98 

95 

93 

86 


CWS N-19 

0.4 

10.0 

56.5 

100 

100 

100 

100 

7 

CWS N-19 

0.4 

10.0 

80.0 

100 

100 

100 

100 


Canadian peach nut, 
activated 

0.4 

1.0 

56.5 

100 

100 

98 

93 

8 

Baker 

0.5 

1.0 

56.5 

99 

96 

90 

82 

9 

Baker, granular 

0.5 

1.0 

56.5 

100 

100 

99 

94 

9 

Baker, extruded 

0.5 

1.0 

56.5 

98 

95 

90 

83 

9 


2.4 Experimental Results, (a) Variations in Activity with Type of 
Charcoal. Variations in the activity of catalysts with the type of char¬ 
coal employed as support are shown in Table 10.7. 

Ordinary Canadian 8-mesh charcoal for use in gas masks is an ex¬ 
cellent support, provided it is completely activated. The experiments 
on this charcoal at stages of activation VA 4 and VA 10 show that par¬ 
tial activation is insufficient. Canadian peach-nut charcoal, as well as 
the granular charcoal supplied by the Baker company, is also highly 
effective. Apparently the more expensive domestic preparations, CWS 
N-ll and CWS N-19, have little, if any, advantage over the less expen¬ 
sive types. 

(b) Variations in Activity with Noble-metal Content. Variations in 
activity with platinum content and the total amount of platinum employed 
are shown in Table 10.8. These results indicate that the most satis¬ 
factory combination of economy in platinum and charcoal with high cata- 
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Table 10.8—Influence of Platinum Content and Total Platinum Employed 


Equilibrium conversion 
Composition, Catalyst (at indicated SV, hr' 1 ), % 

g of Pt/ volume, Temp., 


Type of charcoal 

100 ml of catalyst 

ml 

°c 

5 

10 

20 

50 

CWS N-19 

4.0 

1.0 

56.5 

100 

100 

100 

100 




80.0 

100 

100 

100 

100 

CWS N-19 

2.0 

2.0 

56.5 

100 

100 

100 

98 




80.0 

100 

100 

95 

85 

CWS N-19 

1.0 

4.0 

56.5 

100 

100 

100 

100 




80.0 

100 

100 

98 

98 

CWS N-19 

0.4 

10.0 

56.5 

100 

100 

100 

100 




80.0 

100 

100 

100 

100 

CWS N-19 

0.04 

10.0 

56.5 

79 

55 

26 

10 




80.0 

96 

90 

60 

30 

8-mesh Canadian 

4.0 

1.0 

56.5 

100 

100 

100 

100 




80.0 

100 

100 

100 

100 

8-mesh Canadian 

1.0 

1.0 

56.5 

100 

100 

100 

95 




80.0 

98 

95 

93 

96 

8-mesh Canadian 

0.4 

10.0 

56.5 

100 

100 

100 

100 




80.0 

100 

100 

100 

95 

8-mesh Canadian 

0.4 

10.0 

56.5 

100 

100 

100 

95 




80.0 

100 

96 

90 

84 

8-mesh Canadian 

0.1 

1.0 

56.5 

97.5 

85 

53.5 

44 




80.0 

96 

86 

74 

48 

8-mesh Canadian 

0.04 

10.0 

56.5 

100 

100 

95 

90 




80.0 

100 

98 

91 

85 

8-mesh Canadian 

0.02 

10.0 

56.5 

95 

86 

74 

54 




80.0 

65 

39 

29.5 

24 



Table 10.9 — Effect of Particle Size 






Diameter 


Equilibrium conversion 




of tube, 


(at indicated SV, hr -1 ), 

% 


Catalyst 

Mesh 

mm 

5 

20 

30 

50 100 

150 

200 

Princeton 









No. 229 

8 

12 - 

100 

100 

96 

84 



Princeton 









No. 229 

20-40 

9 

100 

100 

100 

100 98 

92 

79 

Baker SO-5-BC 

8 

12 

100 

67 

60 




Baker SO-5-BC 

20-40 

9 

100 

100 

100 

100 98 

94 

89 


lytic efficiency is attained with a catalyst containing 0.4 g of platinum 
per 100 ml of Canadian 8-mesh charcoal. 10 

(c) Effect of Par Hole Size. The activity of platinum-charcoal cata¬ 
lysts at high space velocities was found to be enhanced by reducing the 
state of subdivision of the catalyst. Table 10.9 shows the effect of re¬ 
ducing to 20 to 40 mesh the particle size of two typical 8-mesh prepa¬ 
rations containing 0.4 g of platinum per 100 ml of catalyst. 
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The increase in activity of the finer mesh catalyst may be ascribed 
to the following: 

1. The greater bulk density of fine-mesh chars. This is a small ef¬ 
fect since the apparent density of 20 to 40 mesh is 0.433 and that of 8 
mesh is 0.405. 

2. The provision of added active surface as the particle size of the 
support is reduced. This effect should be small since the finer mesh 
material was obtained by crushing 8-mesh material; it would be much 
more pronounced if the catalyst had been initially prepared from a 20- 
to 40-mesh charcoal. 

3. The decrease in channeling in the catalyst bed. Channeling seems 
to have been by far the most serious source of error in all our effi¬ 
ciency determinations. 

(d) Effect of Method of Reduction. Table 10.10 illustrates the lati¬ 
tude of preparation of catalysts. The catalysts here tested were pre- 

Table 10.10—Activities of 0.4 G of Pt/100 Ml of Catalyst 


Equilibrium conversion 
(at indicated SV, hr -1 ), % 


Catalyst No. 

Charcoal 

Reduction treatment 

10 

20 

30 

228 

Untreated 

H 2 passed through 
solution at 100°C 

100 

97 

95 

230 

De-ashed 

H 2 passed through 
solution at 100°C 

100 

98 

93 

231 

De-ashed 

None 

100 

97 

94 

235 

Untreated 

None 

100 

99 

95 


pared by impregnation from a volume of chloroplatinic acid equal to 
the apparent volume of the charcoal and were tested in duplicate, using 
deoxygenated hydrogen in an apparatus which had an Ascarite tube be¬ 
tween the hydrogen tank and the platinized asbestos. 

The effect of variation of concentration of platinum and of reduction 
is illustrated in Table 10.11. A catalyst was prepared with 0.1 g of 
platinum per 100 ml of charcoal by concentrated methods using a de- 
ashed Canadian char. The impregnated char was divided into thirds 
and was given the reductions shown in Table 10.11. 

In Table 10.11 it is evident that the data concerning reduction are in¬ 
fluenced by the concentration of platinum upon the charcoal. Although 
a catalyst with 0.1 g of platinum per 100 ml of charcoal is 15 per cent 
less active if dried in air than if reduced in hydrogen, there was no dif¬ 
ference in activity between two catalysts of 0.4 g of platinum per 100 
ml of charcoal, one of which had been reduced by bubbling hydrogen 
through the solution and the other which had been air dried. From this 
it can be concluded that the chloroplatinic acid is not entirely reduced 
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by contact with activated carbon. The platinum is sufficiently reduced 
at active centers to present high catalytic activity, and it is the spots 
of high activity which have the greatest significance. In catalysts with 
platinum content greater than 0.4 g of platinum per 100 ml of charcoal, 
sufficient active surface was available after platinization and air drying 
to make any manner of reduction a matter of minor importance in so 
far as activity in glass appratus was concerned. 

(e) Variation in Activity with Temperature. The conversion efficiency 
of a typical 8-mesh preparation containing 0.4 g of platinum per 100 ml 

Table 10.11—Effect of Reduction Method 

Equilibrium conversion 
(at indicated SV,* hr” 1 ), % 


Catalyst No. 

Treatment 

5 

10 

20 

30 

241 

Dried at 105°C in air 

98 

95 

88 

79 

242 

Dried, reduced with hydrazine 
hydrate, washed, and dried 

99 

97 

93 

87 

243 

Dried, reduced in hydrogen cur- 

100 

99 

97 

93 


rent for 8 hr at 205°C, cooled 
in nitrogen current 


•Activity with deoxygenated hydrogen. 


Table 10.12 — Velocity of Hydrogen—Water Vapor 
Equilibrium Reaction at 19.9 and 6°C on 
Platinum-Charcoal Catalyst 


Saturator 

Catalyst temp., 

Equilibrium conversion 

temp., °C 

°C 

at SV, 30,000 hr” 1 , % 

56 

61 

98 

16 

19.9 

88 

2.4 

6.0 

50 


Of catalyst has been determined at 61, 19.9, and 6.0°C. The data in 

Table 10.12 reveal that the conversion efficiency is still high at 19.9°C 

and at 30,000 hr- 1 SV (space velocity) but decreases when the reaction 
temperature is 6°C. 

These experiments definitely reveal the great activity of the catalyst 

in the exchange reaction outside the working temperature range that 
will be employed technically. 

(f) The Effect of Poisons . (1) Carbon Monoxide . The effect of this 
gas m concentrations varying between 1% ppm of hydrogen and 2V,pph 
of hydrogen was investigated on a catalyst (No. 74) containing 4 g of 
platinum per 100 ml of 8-mesh Canadian charcoal at a flow rate of 15 
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liters of hydrogen per hour. Comparison was made relative to a flow 
of hydrogen at the same rate. The relative conversion efficiencies, C 
of various mixtures are given in Table 10.13. 

_ 100(HD/H 2 ) f = x 
(HD/H 2 )f=y 

where x = 15 liters of mixture per hour and y = 15 liters of tank hydro¬ 
gen per hour. 10 


Table 10.13—Variations in Conversion Efficiency of 
Platinum-Charcoal Catalyst with Carbon Monoxide 

Content of Reacting Gas 

Conversion efficiency after 
passage of mixture 


Composition of gas, 


(liters indicated), % 

co/h 2 

2.5 

5.0 

7.5 10.0 

1.5/10® 


89 

58 

35/10® 

54 

49 

43 

200/10® 

39 

32 

30 

600/10" 

19 


17 

0.25/100 

19 


17 

0.5/100 

19 


16 


Evidently carbon monoxide is a rapid and powerful poison at concen¬ 
trations as low as 1.5 ppm of hydrogen, even on a catalyst containing 
10 times more platinum than is necessary to effect equilibrium con¬ 
version using ordinary electrolytic hydrogen. A still more pronounced 
poisoning effect was noted with a catalyst (No. 61) containing 0.4 g of 
platinum per 100 ml of 8-mesh Canadian charcoal. Thus, with 10 ppm 
of carbon monoxide, C fell to 47 after passage of 2.5 liters of the mix¬ 
ture over the catalyst and to 25 after passage of 7.5 liters. With 200 
ppm of carbon monoxide C fell to 7 after passage of 5 liters and to 5 
after passage of 7.5 liters. Although a mixture of air with the carbon 
monoxide might have been expected to cause oxidation to carbon dioxide 
with a corresponding reduction in the poisoning effect, this did not oc¬ 
cur to any appreciable extent; when the catalyst was treated with 2.5 
liters of hydrogen containing 0.1 per cent carbon monoxide and 1 per 

cent air, C fell to 15. 

Regeneration of the platinum-charcoal catalyst after poisoning wit 
carbon monoxide, however, is relatively easy. Thus, passage of 30 li¬ 
ters of electrolytic tank hydrogen over the catalyst (No. 74) sufficed to 
restore its activity completely. Tank nitrogen (containing small amounts 

of oxygen) is also efficient. 

When, in routine testing, tank hydrogen was deoxygenated by means 
of hot platinized asbestos, a decrease in activity was sometimes noted. 
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Activity could be restored and maintained indefinitely by bypassing the 
purification train or by flushing with nitrogen containing less than 0.2 
per cent oxygen. Furthermore, the poisoning was found to be charac¬ 
teristic of certain tanks. It appeared therefore that small amounts of 
impurities, which alone are not poisons, reacted with the hydrogen on 
the platinized asbestos to form a virulent poison. The logical impurity 
would be carbon dioxide, which would be reduced to carbon monoxide 
on the platinized asbestos. The effectiveness of CO as a catalyst poison 
has already been mentioned. A concentration of CO of 5 ppm was suf¬ 
ficient to account for the observed loss of activity (a loss of 80 per cent 
in a few hours). If an Ascarite tube was inserted in the train prior to 
the platinized asbestos, the poisoning effect practically disappeared, 
whereas, if the Ascarite tube was inserted after the platinized asbestos, 
no decrease in the poisoning was observed. This was conclusive evi¬ 
dence that the impurity was carbon dioxide, that the poison was carbon 
monoxide, and that it was produced from the dioxide on the platinized 
asbestos. 

Table 10.14 — Effect of Structural Materials on Activity of 

Platinum-Charcoal Catalyst 


Equilibrium 



Volume, 

Catalyst 

volume, 

After 

conversion (at 
indicated SV, hr -1 ), % 

Material 

ml 

ml 

days 

5 

10 

15 

20 

Sylphos solder 

1 

1.75 

0 

100 

97 

95 

92 




7 

100 

97 

95 

93 

Cadmium solder 

1 

1 

0 

100 

97 

95 

92 




1 

30 




Everdur alloy 

1 

2 

0 

100 

100 

100 

100 




4 

100 

100 

100 

100 




30 

96 

95 

92 

87 

Ampcoloy E-l bronze 

1 

1 

0 

100 

100 

100 

100 




2 

98 

99 

100 

100 




5 

90 

87 

81 

76 




9 

85 

79 

73 

69 

Garlock packing 

1 

2 

0 

94 

94 

92 

92 




2 

96 

94 

92 

90 




15 

93 

88 

87 

88 


(2) Structural Materials . The sensitivity of the catalyst (No. 81) to 
poisoning by a number of structural materials was tested by mixing the 
catalyst with shavings of the materials and by observing the conversion 
efficiencies of the resulting mixtures over periods of several days. 
Results of such tests 8 * 11 are given in Table 10.14. 

From these results it may be concluded that Everdur alloy, Sylphos 
solder, and Garlock packing material can safely be used in constructing 
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apparatus for the reaction. The use of cadmium solder and Ampcoloy 
E-l bronze, however, should be avoided. 

(3 ) Residual Chlorine . The quantity of residual chlorine left on the 
catalyst during its preparation did not seem to affect the activity of the 
catalyst markedly in glass apparatus for space velocities up to 30,000 
hr -1 . More complete removal seems to enhance activity at higher space 
velocities. If copper vessels are used, however, copper ions may be 
brought into solution when moisture is present in the catalyst chamber 
and may be deposited on the surface of the catalyst. Such copper depo¬ 
sition lowers markedly the catalyst efficiency; 12 it may be avoided by 

removing chlorine from the catalyst or by keeping the catalyst dry 
during operation. 

The chlorine content of the commercially prepared Baker charcoal 
catalyst was found to be at least 72 per cent of that present in the chlo- 
roplatinic acid used in the impregnation. Treatment with a flow of dry 
hydrogen at 100 and 300°C for 24 hr lowers the chlorine content, re¬ 
spectively, to about 50 per cent and 33 per cent of the original chlorine 
content of the chloroplatinic acid used. The most effective removal of 
chlorine was obtained by passing, alternately, moist and dry hydrogen 
over the catalyst at temperatures above 100°C. Treatment with dilute 
ammonia was also efficient. 

The high content of chlorine is due to incomplete washing of the cata¬ 
lyst after impregnation and reduction. A catalyst was prepared by im¬ 
pregnation of untreated Canadian peach-nut charcoal from concentrated 
solution. It was washed with water until absence of chloride ions was 
noted in the washing solutions, and the chlorine content was followed 
during the treatments recorded in Table 10.15. The total percentages 
of chlorine removed are based on the original chlorine content of the 
chloroplatinic acid used. 

The results indicate that prolonged washing, which is, however, pos¬ 
sible only on a laboratory scale, decreases considerably the chlorine 
content after drying and facilitates the removal of chlorine by hydro¬ 
genation at low temperature. 

(4) Hydrogen Sulfide and Sulfur Dioxide . The poisoning effect of these 
gases was studied by Hiskey and Eidinoff 13 in the laboratories of Co¬ 
lumbia University. In these studies a stream of dry hydrogen-poison 
mixture was passed through a saturator containing 2 to 4 per cent HDO 
and then into a slightly warmer U-tube reactor unit containing the cata¬ 
lyst. The catalyst performance was measured by determining the ex¬ 
tent to which deuterium exchanged with hydrogen at a given space ve¬ 
locity. In all the experiments a commercial catalyst (No. 43) which 
contained 0.4 g of platinum per 100 ml of 8- to 14-mesh charcoal was 
used. Poisoning of the catalyst by both gases was rapid and severe as 
shown in Figs. 10.10 and 10.11, in which the percentage of equilibrium 
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conversion is plotted against time for a space velocity of 5 liters per 
hour. 

Unlike catalysts poisoned by carbon monoxide, catalysts poisoned by 
hydrogen sulfide or sulfur dioxide could not be appreciably reactivated 
by heating in a stream of pure hydrogen. Reactivation was effected, 


Table 10.15—Chlorine Removal During Preparation 
Treatment of catalyst Total Cl removed, % 


Washed with distilled water 42.5 

Dried 6 hr at 100°C 49.4 

Dried 18 hr at 150°C 66.4 

Dried 6 hr at 150°C 67.0 

Hydrogen, 3 hr at 100°C 73.0 

Hydrogen, 20 hr at 100°C 92.0 


TIME OF POISONING, MIN 



Fig. 10.10—H 2 S poisoning of product at 49°C. 


however, by heating the catalyst to 100°C with air or preferably with 
oxygen. Typical data on the successive poisoning and reactivation of 
the catalyst (No. 43) are given graphically in Figs. 10.12 and 10.13. 

(5) Mercury. Mercury, quite by accident, was found to be an effec¬ 
tive poison for the catalyst. Of the early preparations made by the 

Baker company, the only ones with poor activity were those poisoned 
by a broken mercury thermometer in a drying oven. 

(6) Water. An amount of moisture far too small to be visible is suf¬ 
ficient to cause a serious drop in activity. This phenomenon was in- 
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vestigated repeatedly. Some commercial preparations with very poor 
activity came from the Baker company. At Princeton sampling of the 
catalyst showed that, if a sample was withdrawn before drying and was 
dried, its activity was satisfactory. There was a difference in activity 
in samples withdrawn from the bottom and from the top of the trays in 
the drying oven at Baker. Passing tank hydrogen, tank nitrogen, or fil¬ 
tered air over the catalyst at the testing temperature (61°C) for 20 to 



30 min was sufficient treatment to give a uniformly active catalyst. 
Because of the difficulty encountered in chlorine removal, it could be 
eliminated as an impurity. There seemed to be only two poisons that 
were easily removed, CO and water. Of these two, water seemed more 
likely to be the poison responsible. Installation of a blower system in 
the drying oven ended the irregular poisoning. 

(7) Potash. Inasmuch as potash is the electrolyte used in commer¬ 
cial electrolytic cells, it was feared that contamination of the catalyst 
by potash that might be carried in spray would have a poisoning effect. 
To 10 ml of Baker catalyst was added 10 ml of a solution containing 
0.01 g of KOH. The solution was evaporated to dryness on a water bath, 
and a 2-ml sample was taken for an activity test. The activity and life 
tests showed that the activity was in no way lowered. 

(8) Carbon Dioxide or Oxygen. These gases alone are not poisons. 
In fact, oxygen is able to remove the poisoning effect of carbon mon¬ 
oxide. In a glass apparatus these gases present no difficulty. However, 
the plant installation was designed with copper structural members in 
the catalyst tower, and it was found that copper deposited upon the cata¬ 
lyst, decreasing the activity. The lengthy investigation into chlorine 
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POISON REACTIVATION 



t, me,hr TIME.HR 

Fig. 10.12—HjS poisoning and reactivation in air. 

content of the catalyst was prompted by this phenomenon, but it was 

found that the copper deposition was independent of the chlorine con¬ 
centration. 

Experiment were initiated with copper-wool plugs above and below 
the catalyst. It was found that the copper deposition could be attributed 
to wetting of the catalyst when there was O z or C0 2 (possibly from car- 
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REACTIVATION 



TIME, HR 


Fig. 10.13 — S0 2 poisoning and reactivation in air. 


bonates left on the catalyst by tap-water washing) present. If special 
precautions were taken to remove oxygen and CO 2 from the hydrogen 
and from the water or if normal care was used in preventing wetting, 
no deposition of copper was experienced. 
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(9) Methane and Air. These gases have no poisoning effect. 

(g) Catalyst Life. An accelerated life test was carried out on a cata¬ 
lyst (No. 81) containing 0.4 g of platinum per 100 ml of 8-mesh Cana¬ 
dian charcoal in which hydrogen at a velocity of 60 liters per hour was 
saturated with distilled water at 56°C and passed over 1 ml of the cata¬ 
lyst in a glass container for 15 days. The activity of the catalyst was 
then tested using a mixture of 4.92 per cent heavy water and hydrogen 
at 56.5 and 80°C with various velocities of flow. A comparison of ac¬ 
tivities before and after the life test is given in Table 10.16. 

Table 10.16—Activity of the Platinum-Charcoal Catalyst* 

Before and After Accelerated Life Test 


Equilibrium conversion 
(at indicated SV, hr” 1 ), % 


Temp., 

Time of 





°C 

test 

5 

10 

20 

50 

80.0 

Initial 

100 

100 

100 

95 


After 15 days 

95 

87 

75 

54 

56.5 

Initial 

100 

100 

100 

100 


After 15 days 

95 

91 

83 

66 

•Platinum content of the catalyst 

was 0.4 

g of platinum per 


100 ml of 8-mesh Canadian charcoal. 

Another accelerated test, in which the platinum content was reduced 
to 0.2 g per 100 ml of char and in which iron shavings were admixed, 
was conducted over a period of 15 days. During this time hydrogen- 
steam mixtures equivalent to 317 days of operation at 5000 hr -1 SV 
were passed over the catalyst. The test showed that, even with the half 
quantity of platinum and with iron actually in the catalyst bed, a con¬ 
version efficiency of 87 per cent at 10,000 hr" 1 SV was obtained at the 
end of the test with 77 per cent at 20,000 hr" 1 SV. After an additional 
5-week test, equivalent to 416 days at 5000 hr" 1 SV, this last activity 
was unchanged. 

The test conducted at Trad on 0.5 g of platinum per 100 ml of char¬ 
coal at 100°C, using steam-hydrogen mixtures with and without inter¬ 
mittent treatment with plant nitrogen, showed that after intervals of 4 
and 6 weeks the activity of the catalyst at the end of the test is at least 
equal to, if not better than, that observed initially. The average ac¬ 
tivities of the three catalysts at various space velocities are sum¬ 
marized in Table 10.17. 

These data, with plant reactants in both iron and copper containers, 
demonstrate decisively that thermal deterioration of the catalyst is not 
an important problem and that after 6 weeks of operaUon space ve- 
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loci ties of 20,000 hr 1 and higher may be employed with conversion ef¬ 
ficiencies of more than 90 per cent. 

The experiment was repeated using vessels of copper. In copper the 
rate of deterioration of the catalyst was conveniently lowered either by 
washing the catalyst with a 1 per cent solution of ammonia or by heating 
it in a stream of alternately dry and wet hydrogen at 60 to 110 o C. u » 14 » w 

Table 10.17 — Catalyst Life Test Conducted at Trail 


Equilibrium conversion 
(at indicated SV, hr" 1 ), % 




5000 

10,000 

20,000 

30,000 



Initial 

90 

88 

77 





After 4 weeks 99 

96 

88 





After 6 weeks 100 

100 

99 

97 


Table 10.18- 

—Activity of Platinum-Alumina and 

Platinum- 

-Amberlite Catalysts 







Equilibrium 


Composition, 

Catalyst 



conversion (at 

A . ^ . 


g of Pt/ 

volume, 

Temp., 

indicated SV, hr" 1 ), % 

Support 

100 ml of catalyst 

ml 

°C 

5 

10 

20 50 

5-32 in. A1 2 0 3 


1 

10 

56.5 

100 

98 

90 80 

(Baker) 




80.0 

98 

95 

94 92 



1.5 

6.5 

56.5 

0 

0 

0 

Amberlite 

y n A 




80.0 

0 

0 

0 

I.K. 4 


2.0 

10.0 

56.5 

0 

0 

0 





80.0 

0 

0 

0 


n 

(h) Alumina- and Amberlite-supported Catalysts. The efficiencies 
of catalysts consisting of platinum supported on alumina and on Am¬ 
berlite resin (a material used as an anion-exchange agent in water 
softening) are shown in Table 10.18. 

These results indicate no advantage in the use of Amberlite as a 
catalytic support but show that alumina compares favorably with the 
charcoals. 

(i) Catalysis by Palladium. A series of palladium catalysts on 8- 
mesh Canadian charcoal and two commercial preparations supplied by 
the Baker company, which contained, respectively, 5 g of palladium per 
100 ml of 8-mesh Canadian charcoal and 1 g of palladium per 100 ml of 
^ 32 -in. alumina pellets, were tested for activity in the manner outlined 
above. The results of these tests, given in Table 10.19, show that pal¬ 
ladium is markedly inferior to platinum as a catalyst. It is interesting 
that this inferiority is more pronounced in this reaction than in the 
hydrogen-water system. 7 
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2.5 Summary. The activity of platinum and palladium catalysts in 
the hydrogen-water vapor exchange reaction was studied in great de¬ 
tail. 

It was shown that equilibrium conversion can be established at hy¬ 
drogen velocities up to 50 liters per hour with catalysts containing 
0.004 g of platinum disposed on 1 to 10 ml of suitable charcoal. 

The most satisfactory combination of economy in platinum and char¬ 
coal with high catalytic efficiency is attained with a catalyst containing 
0.4 g of platinum per 100 ml of charcoal. 

Methods of catalyst preparation applicable for large-scale manufac¬ 
ture were studied and defined. 

Table 10.19—Activity of Palladium Catalysts in the Steam-Hydrogen Exchange Reaction 



Composition, 
g of Pd/ 

Catalyst 

volume, 

Temp., 

Equilibrium conversion 
(at indicated SV, hr -1 ), % 

Support 

100 ml of catalyst 

ml 

°C 

• 5 

10 

20 

50 

8-mesh Canadian 

2 

1.0 

56.5 

74 

61 

44 

40 

charcoal 



80.0 

89 

71 

50 

14 

8-mesh Canadian 

1 

1.0 

56.5 

63 

44 

34 

23 

charcoal 



80.0 

74 

45 

38 

27 

8-mesh Canadian 

0.4 

1.0 

56.5 

44 

26 

19 

14 

charcoal 



80.0 

28 

17 

12 

9 

8-mesh Canadian 

5 

1.0 

56.5 

41 

16 

10 

5 

charcoal (Baker) 



80.0 

31 

17 

12 

9 

A1 2 0 3 (Baker) 

1 

10 

56.5 

60 

32 

27 

16 




80.0 

63 

72.5 

63 

49 


The sensitivity of the catalyst to poisons was investigated. 
Accelerated life tests equivalent to several months of operation were 
shown to have insignificant influence on the conversion activity of the 
catalysts. 


3. PLANT PLATINUM-CHARCOAL CATALYST 

The major portion of the laboratory work on platinum catalysts was 
carried out on material impregnated with 0.4 to 0.5 g of platinum per 
100 ml of charcoal. The support was chosen because of the high ac¬ 
tivity displayed, the ease of production of the catalyst on such supports, 
and a corresponding ease of translation to technical production. Finally, 
the support was chosen because the recovery of platinum from spent 
platinum-charcoal catalysts is a problem of extraordinarily greater 
simplicity than the recovery of platinum from silicate, aluminate, and 
other difficultly soluble supports. 

3.1 Preliminary Experiments . In order to demonstrate the adapta¬ 
bility of platinum-charcoal catalysts to industrial production, the Baker 
company was asked to supply catalyst preparations that it could produce 
on a large scale. All catalysts produced by Baker were prepared with 
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“Columbia activated carbon,” Grade 4 AC, which was available in large 
quantities. After preliminary work on a scale of 100 to 500 ml of char¬ 
coal, the Baker company prepared 10 different samples, each containing 
0.5 g of platinum per 100 ml of charcoal, on a unit of 2.5 lb of char¬ 
coal. The first four were impregnated at once on a 10-lb lot of char¬ 
coal but were dried under different conditions in 2.5-lb lots. Of these, 
the first two, SO-1 and SO-2, were obviously poisoned (a broken mer¬ 
cury thermometer in the drying oven has been suggested as the cause). 
The next two batches, SO-3 and SO-4, had activities that approximated 
but did not reach the best activities of Princeton small-scale prepara¬ 
tions. In these four preparations a sulfonate wetting agent was used; 
however, the use of this agent was discouraged owing to the possibility 
of delayed sulfur poisoning. A higher aliphatic alcohol was employed 
as the wetting agent in SO-5, SO-8, and SO-9, and no wetting agent was 
used in the preparation of SO-6 and SO-10. A sulfonate wetting agent 
was employed in SO-7. All these batches, except SO-8, were tested at 
Princeton over a range of space velocities up to 40,000 hr -1 . Subject to 
a single proviso, preparations SO-5, SO-6, SO-7, SO-9, and SO-10 all 
yielded 95 per cent initial conversions at 20,000 hr -1 SV and 90 per 
cent initial conversions at 30,000 hr -1 SV, to be compared with the best 
Princeton small-scale preparations which yielded 95 per cent initial 
conversions or better at 30,000 hr -1 SV. The single proviso with re¬ 
spect to the Baker preparations SO-5 to SO-10 was that they showed 
relatively poor conversion efficiencies above 5000 hr" 1 SV if tested as 
received in oxygen-free hydrogen. Treatment for 0.5 hr at 56.5°C with 
tank nitrogen or with tank hydrogen containing a normal content of oxy¬ 
gen, both with and without water vapor, was sufficient to activate all 
these preparations to give the above-stated conversion efficiencies in¬ 
itially even in deoxygenated hydrogen. Preparations SO-5, SO-9, and 
SO-10 were impregnated according to Baker’s own formula, whereas in 
preparations SO-6, SO-7, and SO-8 the I.C.I. formula was followed. 
Divergencies in behavior due to these two methods of impregnation can¬ 
not be noted in our tests. 

Life tests were conducted on preparations SO-5 and SO-10 at 65 C 
and at an average space velocity of 15,000 hr -1 . In all the tests a high 
initial activity was maintained with tank hydrogen. At the end of a 68- 
day test a 92 per cent equilibrium conversion at 30,000 hr -1 SV was 
observed. 

Batches of catalysts prepared by Baker on the 100-lb scale showed 
also a satisfactory initial activity, which was maintained over the 
standard life test. 

3.2 Production of the Catalyst for Plant Use. (a) Purchase Order . 
Since the preparation of catalysts on a scale of 100-lb batches of Co¬ 
lumbia activated carbon demonstrated the practicability of large-scale 
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production of an active catalyst, a purchase order was issued to the 
Baker company by the Stone & Webster Engineering Corp., of Boston, 
Mass. This purchase order called for the preparation and delivery of a 
platinum-impregnated catalyst consisting of 4550 Troy oz of commer¬ 
cially pure platinum to be introduced into as much of 30,000 lb of Co¬ 
lumbia activated carbon, Grade 4 AC, 4 to 8 mesh, as will yield 26,000 
lb (approximately 1000 cu ft) of platinum-impregnated carbon catalyst. 
The catalyst was to have an average platinum content of 1.11 ± 0.08 wt. 
% with the further restriction that each individual batch as produced 
should have a platinum content not less than 1.03 nor more than 1.19 
wt. %. 

In order to ensure that the catalyst so prepared met the require¬ 
ments demanded for the successful operation of the No. 9 plant at Trail, 
responsibilities with respect to satisfactory qualities of source mate¬ 
rials, preparation of the catalyst, supervision of the work, and tests of 
each batch of finished catalyst were assigned to H. S. Taylor as the 
duly authorized representative of the Office of Scientific Research and 
Development. 

(b) Specifications of the Materials. Specifications for the platinum 
chloride prepared by the Baker company from commercially pure 
platinum and for the Columbia activated carbon, Grade 4 AC, are as 
follows: 

Raw material, coconut shells 

Moisture content, not more than 2.5 wt. % 

Activity, per cent tetrachloride adsorbed at 25°C from air saturated 
at 0°C, not less than 60 wt. % 

Screen analysis (Tyler standard screen scale) 

4 to 5 mesh, 30 to 60 per cent 
6 to 8 mesh, 30 to 60 per cent 
8 to 10 mesh, 0 to 10 per cent 
Through 10 mesh, 0 to 2 per cent 

(c) Preparation of the Catalyst. The final large-scale preparation of 
plant catalyst was produced in the following manner. The Columbia ac¬ 
tivated carbon, Grade 4 AC, 4 to 8 mesh, in approximately 200-lb batches 
in suitable fabric containers was first washed three times, each time 
in sufficient water to cover well the material being processed, in order 
to remove by solution as much of the water-soluble materials as pos¬ 
sible. To ensure efficiency in these washings as well as in the subse¬ 
quent impregnation and washings after impregnation, the materials 
being processed were alternately immersed in and raised out of the so¬ 
lution at suitable time intervals adequate to obtain draining and mixing 
of the liquors employed. The water used in the last of the three wash¬ 
ings had been processed over an Amberlite cation-anion exchange resin 
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in a water purification plant. The wash waters from this third washing 
were substantially neutral and at most weakly alkaline. 

The batch of activated carbon thus washed was then impregnated with 
platinum in a dilute solution of chloroplatinic acid, large enough in vol¬ 
ume to cover amply the carbon employed. The quantity of platinic 
chloride employed was such that it produced in the batch an average 
platinum content of 1.11 ± 0.08 wt. % based on the dry weight of acti¬ 
vated carbon taken for the preparation or on the dried product contain¬ 
ing not more than 2.5 wt. % moisture. The platinic chloride was in¬ 
troduced into the impregnation bath as a concentrated aqueous liquor of 
the correct platinum-metals content without any ingredient other than 
hydrochloric acid substantially present. The water used for the con¬ 
centrated chloroplatinic acid, as well as the water of the impregnating 
solution, was demineralized by the cation-anion exchange process. 

The impregnation of the carbon was started in solutions at substan¬ 
tially room temperature and was gradually accelerated to complete re¬ 
moval of the platinum content from the solution by increasing the tem¬ 
perature with live steam or other suitable agents. Impregnation was 
continued until the residual liquors showed no further test for platinum 
with crystalline potassium iodide. 

The impregnated charcoal was next washed in six successive opera¬ 
tions, each with a volume of deionized water adequate to cover the ma¬ 
terial being processed. Each washing was completed with the wash 
waters raised to 90°C by admission of live steam, and, as with the pre¬ 
liminary washing and impregnation, the processed material was alter¬ 
nately immersed in the wash water and raised from the liquor for 
suitable drainage. 

After completion of the washings the impregnated carbon was re¬ 
moved from the fabric containers on a stainless-steel table and trans¬ 
ferred to stainless-steel trays for the drying process. The drying was 
carried out in a Proctor-Schwartz drier operated at95°Cor higher with 
a circulation of gases and vapors suitably preheated before passage 
over the trays in the drier. The drying was normally accomplished in a 
period of 8 hr. This technique of drying reduced the moisture content 
to 10 to 15 wt. % of the fully dried product without deterioration in 

catalytic activity of the product. 

The finished material was stored in steel drums for shipment. 

3.3 Testing of the Catalyst Activity. The testing program called for 
the characterization of samples from each 200-lb batch of catalyst by 
activity measurements over a wide range of space velocities and to a 

limited extent over a range of life tests. 

(a) Description of Tests. The “initial activity” of each batch was de¬ 
termined on three separate portions of the representative sample of 
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each batch. Normally each of these tests was conducted on a 2-ml 
portion of the sample. 

Activities were determined at 5000, 30,000, 15,000, and 1000 hr 1 SV 
in that sequence in order to permit a determination of the equilibrium 
conversion as 100 per cent at all space velocities, relative to the ex¬ 
trapolated value at 0 = SV. This procedure tended to eliminate errors 
in catalyst testing due to variations in water concentrations, saturation 
temperatures, dryness of catalyst, and other variables. Concordance 
between the three tests served to reveal satisfactory operation of the 
test procedure and uniformity of the sample. In case of discordance 
further tests were necessary. 

With satisfactory completion of the three tests for initial activity, 
which was normally obtained on the second day of the test, the final 2- 
ml sample was given a life test. Distilled water and hydrogen at 15,000 
hr -1 SV was utilized. The sample was tested for reaction activity on 
the sixth, thirteenth, and twentieth day of life with the 5000, 30,000, 
15,000, and 1000 hr"* 1 SV schedule. At this point the test was discon¬ 
tinued to make way for a similar life test with more recent material. 

(b) Experimental Results . (1) Activity Tests . The total order of two 
26,000-lb lots of catalyst was prepared in 226 batches of 130 to 250 lb 
each, and standard activity tests were carried out on representative 
samples from each of these batches as specified. Some difficulties 
were originally encountered in the early stages of the production when 
some of the batches did not come up to standard activity. This is dis¬ 
cussed more fully below. After this easily remediable situation was 
corrected, the results showed that every batch possessed an initial ac¬ 
tivity above standard (i.e., 90 per cent of equilibrium conversion at 
30,000 hr" 1 SV). 

The activities of the early batches were quite variable; some showed 
high activity and some a mediocre activity. A systematic study of the 
activity of several batches at their successive stages of preparation 
indicated that the eventual loss of activity occurred during the drying 
period. After washing, the catalyst was disposed in stainless-steel 
trays, introduced into the oven, and kept there for a period of time 
varying from 24 to 70 hr according to the schedule of production. It was 
observed that the activity of a catalyst decreased, in general, as a func¬ 
tion of the duration of drying and that, moreover, samples taken from 
the top of the trays were markedly less active than those taken from 
the bottom of the trays. The design of the oven was such that a scarcely 
perceptible flow of fresh air was steadily admitted at the intake. Con¬ 
sequently the gases circulating over the catalyst during the drying were 
largely composed of steam and HC1 liberated by the wet catalysts. By 
the addition of a fan at the outlet, it was possible to increase the rate 
of air intake. This transformation, coupled with a drying time not ex- 
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ceeding 12 hr, yielded satisfactory catalysts. The air intake changed 
the drying temperature from 125 to 95°C. 

The loss of activity of the “overdried” catalysts was not permanent. 
Simple washing with water followed by proper drying completely re¬ 
stored the activity of the catalysts. All the unsatisfactory batches were 
re-treated according to Princeton recommendations and showed an ac¬ 
tivity up to standard. The difficulties never reappeared when the above 
drying procedure was observed. 

A sample taken from the top of the trays in the driers for each batch 
was tested at Princeton. Samples were taken from these positions in 
the drier since the preliminary tests had shown that any deterioration 
in quality due to drying would reveal itself just in the topmost layers of 
product in the trays. Representative samples of each batch taken from 
various locations in the trays would therefore be superior in quality to 
those tested and hence well within the required activities. 


(2) Life Tests . (i) At Princeton . The following data may be cited to 

indicate the results of life tests carried out at Princeton. Tests were 
carried out on three composites, each of which was produced by com¬ 
bining the test samples from seven batches. The composites were 
treated in the following ways: composite 1, 5 ml treated with 20 ml of 
0.0485N HC1, shaken for 15 min, and then washed eight times with dis¬ 
tilled water at room temperature and dried at 126°C for 10 hr (no sig¬ 
nificant solution of platinum occurred during the treatments); compos¬ 
ite 4, used as received; and composite 7, mixed intimately with copper 
wool and disposed between two copper-wool plugs. 

The life tests were conducted at 61°C with the saturator at 56°C. 

The tank hydrogen utilized was tested for purity before use in the life 
tests. A tank was passed for use if the conversion efficiency of a small 
catalyst sample showed no appreciable decrease on passage of the hy¬ 
drogen over heated platinized asbestos and thence for 12 hr through the 
saturator at 50,000 hr -1 SV. The platinized asbestos quickly indicates 
any carbonaceous impurities in the gas. The water employed for the 

life tests contained 0.3 per cent of deuterium. 

There appeared to be a slow decrease of activity with time, but this 
was apparently due to a slow wetting of the catalyst since passage of 
dry hydrogen restored activity. Spray may have been responsible for 

this slow wetting. 

A summary of the final activity measurements is presented in Table 

10 . 20 . 

The ages of the composites when these data were obtained were: com¬ 
posite 1, 50 days; composite 4, 46 days; and composite 7, 44 days. It 
may be seen, therefore, that no appreciable loss of activity occurred 

over this extended period. 

(ii )At Trail. Life tests were carried out at the Trail laboratories in 
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both copper and glass units over an extended period of time. The cata¬ 
lysts were subjected to a hydrogen—water vapor stream without any 
attempts to produce special activations with nitrogen, air, or other 
means. 

The results of the entire investigation may be summarized as fol¬ 
lows: Baker composites are capable of yielding upward of 80 per cent 
of equilibrium conversion at 20,000 hr _I SV after more than two months 
of operation on technical gas and water in copper units. The testing in- 

Table 10.20—Life Tests on Baker Technical Catalysts 


sv, 

Dry R, treatment for 4 hr 

Composite 

Air treatment for 1 hr 

Composite 

hr” 1 

1 

4 

7 

1 

4 

7 

5,000 

100 

100 

100 

100 

100 

100 

10,000 

97 

96 

98 

100 

100 

98 

15,000 

96 

94 

98 

100 

98 

98 

25,000 

87 

94 

91 

95 

98 

93 

30,000 

86 

90 

91 

94 

92 

92 

35,000 

82 

88 

85 

91 

89 

90 


eluded the frequent wetting with condensed steam, some splashing with 
liquor, and the testing for impurities in the gas stream from fortuitous 
variations and from materials such as soap solution employed in the 
gas transport. 

3.4 Summary. A total of 52,000 lb of catalyst in 226 batches was 
prepared by the Baker company according to specifications. 

Each of the 226 batches was tested at Princeton for initial activity 
and for life of activity. 

With the exception of a few batches of low activity due to an early 
drying difficulty which was easily corrected, all samples showed a 
conversion activity better than 90 per cent. 

Life tests at Princeton and Trail were satisfactory. 
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Chapter 11 


HYDROGEN-WATER VAPOR EXCHANGE GLASS PILOT PLANT 


By Maxwell L. Eidinoff 


1. INTRODUCTION 

The experimental studies and theoretical calculations leading to the 
equilibrium constant of the deuterium-gas exchange reaction 


H z O + HD — HDO + H 2 

have been described in the National Nuclear Energy Series, Division 
HI, Volume 4A, Chap. 2. The general catalytic aspects of this exchange 
and the detailed description of platinum-charcoal, nickel, and other 
catalysts have been presented in Chaps. 8 to 10 of this volume. The 
equilibrium constant favors the concentration of deuterium in the water 
component. It is possible, by suitable tower design, to utilize the above 
exchange reaction in order to effect the enrichment of deuterium. Such 
a tower consists of a series of sections in which countercurrent flow of 
liquid water and a hydrogen-water vapor stream takes place. Each 
section consists of a catalyst reactor and a number of bubble plates. 
As a consequence of the enrichment of HDO in the vapor phase, result¬ 
ing from catalytic exchange and the stripping of the latter component 
by the downstream liquid, a deuterium concentration gradient is estab¬ 
lished, lean at the top and enriched at the lower portion of the tower. A 
glass pilot plant was built and operated using the principle described. 
The scope of, and the principal conclusions derived from, the experi¬ 
mental work are stated in this section, and the details of the studies 
are described in the remainder of this chapter. 

The material in this chapter is based on the first four reports listed 
in the reference section. In the main, Secs. 2 to 6 , inclusive, are based 
on the material in reference 1 and Secs. 7, 8 , and 9 on the material in 
references 2, 3 and 4, respectively. Specific references will be given 

* h , tC f ° f this cha P ter onl y wh en exceptions to the above correlation 

are iound. 
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1.1 Scope of the Experimental Work. Several aspects of the cata¬ 
lytic hydrogen-water vapor-phase exchange have been studied in a 
multiple bubble plate-catalyst reactor tower. Basically, the plant con¬ 
sisted of 1 electrolytic hydrogen generator, 12 bubble plates, and 5 
catalyst-bed reactors. The arrangement was electrolytic generator, 
two bubble plates, catalyst reactor, two bubble plates, etc. Enrichment 
of the HDO in the vapor phase took place at each reactor unit, and the 
stripping of the HDO from the vapor phase was effected by counter- 
current absorption at each bubble plate. In all but one of the experi¬ 
ments, equilibrium conditions were attained in a relatively short time 
by using a locked-in arrangement in which the exit hydrogen was burned 
and returned to the top of the column as water feed. 

The experimental studies carried out in the pilot plant had the fol¬ 
lowing major objectives: 

1. Correlation of the deuterium content of the tower gases and bub¬ 
ble-plate liquids along the tower with the results of a theoretical analy¬ 
sis of plant performance. 

2. Determination of any specific catalyst-aging effects during long¬ 
term operation together with any effects caused by impurities in the 
hydrogen stream from the electrolytic cell, such as oxygen. 

3. Study of the effect of varying superheat on the catalyst conversion 
efficiency. The superheat is defined as the difference in temperature 
between the catalyst reactors and bubble-plate saturators. Included in 
the latter objective was the search for an “optimum” superheat factor 
in order to achieve maximum enrichment of deuterium. It was possible, 
using a tower containing five catalyst sections plus bubble-plate sec¬ 
tions, to obtain a relatively sensitive response of the over-all tower 
deuterium separation factor to changes in operating variables. 

The two catalyst preparations used to load the catalyst beds are re¬ 
ferred to as the nickel and the platinum-charcoal catalysts. The prop¬ 
erties and composition of these preparations have been described in 
Chaps. 9 and 10, respectively. The major portion of the experimental 
studies was made with the platinum-charcoal preparation. 

The studies described in this chapter have been grouped in terms of 
five major experiments. The principal operating features of these ex¬ 
periments are listed in Table 11.1. 

In experiment 1, water having a fixed deuterium content was fed into 
the top of the tower at a constant rate as the hydrogen gas leaving the 
top of the tower was burned to water, and the latter was collected. Ex¬ 
periments 2 to 5 were carried out under locked-in conditions that per¬ 
mitted a relatively rapid approach to equilibrium. The major operating 
variables in experiments 3 to 5 were the degree of superheat and the oc¬ 
casional deliberate wetting of the catalyst bed. Graphical analyses o 
tower conditions were made in experiments 2 and 4, and the grap ca 
and experimental results were compared. 
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Auxiliary experiments were carried out in order to obtain needed 
data for the appraisal of plant performance. These included the meas¬ 
urement of bubble-plate saturation, stripping efficiencies, and catalyst 
conversion efficiencies at varying gas-flow rates. 

1.2 Summary of Principal Conclusions . In this section are given the 
principal conclusions derived from the pilot-plant studies. Additional 
conclusions and results pertinent to this exchange system are described 
in Secs. 4 to 9. 


Table 11.1—Principal Operating Features of the Experiments 


Experiment 

No. 

1 

2 


on Platinum-Charcoal and Nickel 

Catalysts 





Duration of 


Type of 

Bubble-plate 

Reactor 

experiment, 


catalyst 

temp., °C 

temp., °C 

hr (approx.) 

Remarks 

Platinum - 

76.6 

83.3 

150 

Approach to turn 

charcoal 




point studied 

Platinum- 

76.6 

83.3 

900 

Detailed study of 

charcoal 




plant perform¬ 





ance 

Platinum- 
charcoal 

76.6 

Varied 

400 

Effect of catalyst 
wetting and 

Platinum- 
charcoal 




superheat 

46.6 

Varied 

700 

Effect of catalyst 
wetting and 

Nickel 

76.6; 46.6 

Varied 

900 

superheat 
Effect of catalyst 


wetting and 

f superheat 

After about one-quarter of a year (2100 hr) of continuous operation, 
the platinum-charcoal catalysts in all but the lowest catalyst beds func¬ 
tioned without any appreciable impairment of their original activity. 
Half-conversion space velocities determined for the catalyst after re¬ 
moval from the plant were of the order of 100,000 to 130,000 ml of H, 
per hour per milliliter of catalyst. The catalyst in the reactor closest 
o he electrolytic cell had suffered an impairment in activity. The 
latter bed had been continuously subjected to the effects of 1 per cent 

TwfT iV h ,\ enterlng 638 stream and occasionally to alkaline spray. 

Jurrenl ^ T ** Starting Site for a number of explosions that oc- 
red in the plant and had operated at substantially higher tempera- 

e fti° t0 ^ heat ° f ^ h y dr °e en ‘ ox ygen reaction. At 5000 hr' 1 

vpinMf 8 b6d 100 Per C6nt conversion - Its half-conversion space 
velocity was only about 67,000 hr' 1 . 

At a bubble-plate temperature of 77°C, the activity of the platinum- 

rSctor bed^ 31 *“ * ° £ ^ degree of su Perheat applied to the 

the rea general, the catalyst has practically zero activity when 

18 8Ughtly b6l0W the butjbl e-plate temperature 
y wetted). As the reactor temperature is raised, the activity. 
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increases to a limiting value at about 5 to 6°C superheat. With an in¬ 
crease of reactor temperature the over-all column separation factor 
showed an increase comparable to that of the catalyst activity with the 
exception that the separation factor passed through a maximum and 
then began to drop off slowly. The decrease in the separation factor 
after maximum activity had been reached was caused by the decrease 
of the deuterium-exchange equilibrium constant with increasing tem¬ 
perature. 

At a bubble-plate temperature of 48°C, the column performance 
reaches a maximum value at a superheat of 3°C when platinum-char¬ 
coal catalysts are used. The reduction of catalyst activity in the 0 to 
3°C superheat range is smaller in the 48°C than in the 77°C studies. At 
superheats greater than 3°C the decreasing separation factor of the 
column is caused by the decrease in the equilibrium constant of the 
exchange reaction. 

A graphical analysis of tower conditions based on the equilibrium 
and operating lines at bubble-plate temperatures of the order of 47 and 
77°C is in satisfactory agreement with the experimental value at plant 
equilibrium. 

The plant was operated for 900 hr at bubble-plate temperatures of 48 
and 77°C, using nickel catalysts in the reactor beds. No aging effect 
was detected for the four top catalyst beds. The performance of the 
nickel catalyst is less sensitive to the effect of superheat than the per¬ 
formance of the platinum catalyst. In the absence of any superheat 
nearly 80 per cent conversion was obtained with the nickel catalyst at 
48°C compared to 70 per cent for the platinum-charcoal catalyst. At 
77°C, 90 per cent conversion was obtained for the nickel catalyst in the 
absence of superheat compared to 54 per cent for the platinum-charcoal 
catalyst. 


2. DESCRIPTION OF PILOT PLANT 

2.1 Hydrogen, Water, and Oxygen Streams. The glass pilot plant 
comprises essentially a countercurrent-flow exchange tower and an 
electrolytic hydrogen generator (referred to in this chapter as the cell). 
The exchange tower consists of five sections, each comprising a cata¬ 
lyst-bed reactor followed by two bubble plates for stripping the water 
vapor of its HDO concentration before the gas mixture enters another 
catalyst bed. Water flows down through this tower into the electrolytic 
cell. From this cell a stream of hydrogen gas flows upward throug 
the tower countercurrent to the water. In addition, there are, ea ing 
from the top of the tower, a burner and an oxygen stream for conver - 
ing the hydrogen to water and suitable means for returning this wa e 
as liquid feed to the top of the tower. In experiment 1 (Sec. 5) the latter 
was replaced by a constant injector apparatus for supplying the feed. 
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Fig. 11.1—Flow sheet for locked-ln operation. All reactors and all bubble plates are 

vapor jacketed. B, bubble plate. R, catalyst-bed reactor-, hydrogen_, water 

(1) Combustion chamber. (2) Solid C0 2 trap. (3) Condenser. (4) Safety valve. (5) Spray 

irap. (6) Electrolytic cell. (7) Hydrogen burner. (8) Ballast volume. (9) Trap. (10) Static 
flowmeter. ( 11 ) Safety sand trap. 

A flow sheet for the plant operating in the locked-in condition is given 
in Fig. 11.1. Modifications introduced by the constant feed injection are 

shown in Fig. 11.2. 


















266 


PRODUCTION OF HEAVY WATER 


The hydrogen gas leaving the cathode compartment of the electrolytic 
cell is cooled to room temperature, and, as it enters the bottom of the 
exchange tower, it passes through two bubble plates. The hydrogen- 
water vapor mixture then passes successively through five catalyst re¬ 
actors each followed by two bubble plates. The reactors and bubble 



0 2 VENT 


Fig. 11.2 — Flow sheet for constant feed injection (refer to Fig. 11.1 for flow sheet of 
plant up to top bubbler). 

plates are thermostatted separately by means of boiling-liquid vapor 
jackets. This permits control of the ratio of gas to water in the vapor 
mixture leaving the bubble plates and permits control of the degree of 
saturation of this stream in the reactors. A catalyst reactor and two 

pairs of bubble plates are illustrated in Fig. 11.3. 

As it leaves the top of the tower, the hydrogen is essentially dried of 
water vapor by a water-cooled reflux condenser. The gas stream then 
passes through a static flowmeter and a safety sand trap and enters the 
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T.W.3 


catalyst bed 


BOILER 



TO NEXT REACTOR 


OVERFLOW FROM 
UPPER BUBBLE 
PLATE 


H 2 FLOW FROM 
CELL OR FROM 
LOWER REACTOR 


VAPOR JACKET 


BOILER 


1 nlT Bubt>le P late “ reactor C, condenser. G, glass wool. G.S.l, gas sam- 

oinH* * *** unit only). H, all connectors heater-wound to prevent 

trolt^ m c' UqUid sampler - °’ water overflow to bubble-plate unit (or to elec- 

T W 3 th C p e rL ’ 8 , Pray ;w“ 0V f Splral * T ’ «* erm °meter. T.W., thermometer well. 
i.w.3, thermocouple well (third stage only). 


hydrogen burner. The latter (illustrated in Fig. 11.4) consists of a 
quartz tube inside a glass combustion chamber into which an excess of 
tank oxygen is passed. A heated platinum wire is placed near the burner 
p o prevent extinction of the flame, and a temperature-recording de- 
ce furnishes a record of burner operation. 
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The plant was maintained in the locked-in condition during all but one 
of the experimental studies. The water vapor formed in the combustion 
chamber flowed through a series of water-cooled condensers, and the 
water condensed in this manner flowed by gravity into the top of the 
tower. The oxygen stream leaving these condensers was stripped of its 
residual water content prior to being vented by passage through a sys¬ 
tem of dry-ice traps. The liquid accumulating in the traps was periodi¬ 
cally added to the top of the tower. 

TWO CONDENSERS IN SERIES 



In experiment 1 (Sec. 5) water having a constant deuterium content 
was injected at the top of the tower. In this experiment the oxygen - 
water vapor stream flowed through a condenser into an ice-cooled trap 
and through a trap cooled by dry ice; it was then vented. The water- 
feed injector, illustrated in Fig. 11.5, consisted essentially of a reser- 
voir flask followed by a length of glass capillary tubing leading to the 
top of the tower. The flask and tubing were thermostatted, and the rate 
of flow to the capillary was controlled by nitrogen pressure on the res¬ 
ervoir. The flow vs. pressure-head relation was linear, and calibra¬ 
tions separated by one month of operation coincided to within less than 

1 per cent. 
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The pressure on the oxygen side of the cell was maintained equal to 
that on the hydrogen side by venting the oxygen through a pressure regu¬ 
lator. Equality of pressure at the cell was indicated by a water-filled 
differential manometer placed between the oxygen and the hydrogen 



lines. The oxygen leaving the cell was dried by passage through a ver- 
tical water-cooled condenser and then through a platinum-charcoal 
catalyst bed maintained at 185°C. This bed served to convert to water 
the 2 per cent hydrogen content of the oxygen stream. After leaving 
this combustion unit, the oxygen-water vapor stream was dried com¬ 
pletely in a series of dry-ice traps and finally vented through the bub¬ 
bler pressure regulator. The liquid obtained by thawing was forced by 
the pressure of the expanding gas back into the line leading to the cell. 
Thus there was no loss of hydrogen or water through the oxygen vent. 

hese precautions were needed in order to be able to make a satisfac¬ 
tory deuterium balance for the plant. The oxygen flow from the cell is 
illustrated in Fig. 11.6. Figures 11.7 to 11.9 are photographs of a bub- 

trni*.~f 1 eactor section > 111 over-all view of the plant, and the elec¬ 
trolytic cell, respectively. 

erl'L De ri! S ^7 Cerning UnU PartS - < a > Electrolytic Hydrogen Gen - 
rator. The hydrogen generator (referred to in this chapter as the 
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cell) was a filter-press type and consisted of six cells in series sepa¬ 
rated from each other by a rubber-asbestos diaphragm (Fig. 11.10). 
The cell solution contained a liquid holdup under operating conditions 
of 1950 ml. With a current of about 16 amp, the potential across the 



t 





(A) To bubbler and vent 

(B) Three-way stopcocks 

(C) Capillary tubing, 2 mm I.D. 

K (D) Capillary tubing, 16 mm O.D 

(E) Trap 

(F) To cell manometer 

(G) To safety blowoff 

(H) Oxygen from cell 

(I) Catalyst chamber heated 
electrically to 175°C 

(J) Capillary tubing, 6 mm O.D. 

(K) 10-in. bulb condenser 


H 


Fig. 11.6 — Oxygen flow from electrolytic cell. 


cell was 14.0 volts and the level-off temperature was 48°C. Gas analy¬ 
ses showed that the oxygen content in the hydrogen gas from the cathode 
compartment was less than 0.5 vol. % and that the hydrogen content in 
the oxygen gas leaving the anode compartment was 2 vol. %. At a cath¬ 
odic-gas liberation of 35 liters (S.T.P.) of hydrogen per hour, a rela¬ 
tively small gas evolution amounting to 0.5 liter per hour was observed 
from the water-feed outlet to the tower. The composition of this gas 
was 24 vol. % oxygen and 76 vol. % hydrogen. The deuterium separation 

factor for the generator was approximately 6. 

(b) Bubble Plates. The liquid holdup per bubble plate was 22 ml. The 
inside diameter of the tip through which hydrogen entered the bubble 
plate was 2 to 3 mm, and the liquid height from this tip to the water level 
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Fig. 11.7 — Bubble plate-reactor unit. 

was 2 l / 2 in. Carbon tetrachloride was used as a vapor thermostat during 
several runs, maintaining the temperature at 76.6 ± 0.3°C at atmos¬ 
pheric pressure. In other runs at lower temperatures a Freon 113 va¬ 
por bath maintained the bubble-plate temperature at 47.6°C. 

(c) Catalyst Reactors. Platinum-charcoal catalyst with a standard 
sieve number between 14 and 20 and a bulk density of 0.438 g/cc was 
used in experiments 1 to 4. Five milliliters of catalyst was used in 
each bed furnishing a catalyst-bed height of 43 mm. In experiment 5 
5 ml of / e -in. mckel-catalyst pellets was used in each bed. The space 

0t h u ydrogen over the catalyst beds was of the order 7000 to 
7500 ml per hour per milliliter of catalyst. 
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Fig. 11.8 — Exchange tower. 


3. THEORY AND METHODS OF CALCULATION 

3.1 Introduction. A graphical analysis of tower conditions was used 

in the appraisal of tower performance since it appeared to offer greater 
flexibility in handling partial conversions over that of a catalyst bed 
and of fractional bubble-plate efficiencies. Three equations maybe us 
to correlate the data on a graph of mole per cent of HDO in.the gas 
stream vs. mole per cent of HDO in the liquid stream. The equilibrium 
curve relates the mole per cent of HDO in a bubble plate to that in the 
gas leaving this bubble plate. The operating line relates the mole per 
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Fig. 11.9 — Electrolytic generator. 


cent of HDO in a bubble plate to that in the gas entering this plate from 
below. The reactor line is essentially an operating line in which ac¬ 
count has been taken of the catalyst reactor preceding the bubble plate 
in question. By running a series of connecting steps between these re¬ 
lated lines, the remainder of the tower concentrations can be predicted 
from one HDO concentration. The conventional Murphree bubble-plate 
efficiency methods were used for both the bubble plates and the cata¬ 
lyst-reactor deuterium conversions. This method is applied in Secs. 6 
ana o. 
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FROTH TRAPS 


WATER FEED 
TO CELL 


SECTION AA' 


CELL ENCLOSED IN 
TRANSITS LINED 
WOODEN BOX 


WATER FROM BOTTOM 
BUBBLE PLATE 



Fig. 11.10 — Electrolytic cell. 


3.2 Symbols and Definitions. The exchange tower, which consists 
of electrolytic cell, bubble plates, and reactor units, maybe represented 
as follows: 

B 
B 


B 

B 

B 

B 

B 

B 

B 

B 

B 

B 
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'll 
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B m+ 2 

R n+l 

10 


Bm+1 


9 

r 4 

B m 

Rn 

8 


B m~ l 


7 

r 3 


Rn-l 

6 




5 

r 2 



4 




3 

Ri 



2 




1 

Cell 




The definitions of the symbols used in the calculations are as follows. 








HYDROGEN-WATER VAPOR EXCHANGE GLASS PILOT PLANT 


275 


x^g = mole fraction of HDO in liquid phase 
y 19 = mole fraction of HDO in vapor phase 

= _ (HDO) _ 

(H 2 ) + (HD) + (H z O) + (HDO) 

where parentheses indicate concentration, moles of component 
y s = mole fraction of HD in vapor phase 

= _(HD)_ 

(H 2 ) + (HD) + (H z O) + (HDO) 

°y 3 = mole fraction of HD in vapor phase on a dry basis 
_ (HD) 

(HD) + (H 2 ) 

(gas-analysis data from mass-spectrometer laboratory were re¬ 
ported as °y 3 ) 

Subscript m = vapor or liquid leaving bubble plate m 
Subscript n = vapor leaving reactor n 
Nd = net flow of deuterium in gram atoms out of column per unit time 
L = total moles of liquid flowing down column per unit time 
G = total moles of gas, HD + H 2 + HDO + H 2 0, flowing up the column 
per unit time 
H = humidity 
_ H 2 0 + HDO 
H 2 + HD 



(H 2 o) 

at small deuterium concentrations 
vapor-phase equilibrium constant 


= (HDO) (H,) 
(H 2 0) (HD) 


Pi» - vapor pressure HDO 
P = total pressure 

Ysn “ mole fraction of HD on dry basis in gas leaving reactor unit, as¬ 
suming that equilibrium was established over the catalyst 

3.3 Equations Used in Graphical Analysis of Tower Conditions . It 
is assumed in the derivations given below that the deuterium concen¬ 
tration is very small. Thus the concentration of D z O or D 2 is negligible. 
The solubility of hydrogen in the water phase is also neglected. The 

components of the liquid phase, HDO and H 2 0, are considered to behave 
as constituents of a perfect solution. 


(a) Equilibrium Curve . 


y I8m = 



This curve is derived directly from the definitions above 
sumption that Raoult’s law is applicable. 


with the as- 
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(b) Operating Line. The equation for this line may be determined by 
making a material balance through any tower section. Since there is no 
accumulation of deuterium at any point in the plant, the amount of deu¬ 
terium flowing down in the liquid stream through any tower section 
must exceed the amount of deuterium flowing up in the gas stream by 
the quantity removed in draw off. Therefore 


^ufm+O ~ Gy 19m + Gy 3n 

+ n d 

(2a) 

L 

N d 

(2b) 

y 19m _ Q x i9(m+1) ~ y^n — 

G 


In the experiments described below there was no product draw off 
except for occasional sampling. Taking Nd = 0, L = G. Therefore 

yi9m — x l9(m+l) — y3n (3) 

It follows from Eq. 3 and the design of the exchange tower that there 
are six parallel operating lines having a slope of 45 deg. The intercepts 
on the x 19 axis of five of these lines are determined by the y 3 concentra¬ 
tions of the gas leaving each of the five reactors. The sixth intercept 
is determined by the y 3 concentration in the gas leaving bubble plate 1. 

(c) Reactor Line. From the definitions of K and H, it follows that 


rr _ y 19n 



Taking a material balance across a section of the tower between re 
actor n and bubble plate m, 


- Gy 19n + Gy^ + Nd 



or 


_ L N D 

y3n _ q x 19m y 19n q 



Substituting for y 3n from Eq. 5b into Eq. 4 and solving for y 19n 

v - KH /L -* d ) («) 

yi9n ‘ 1 + KH \G Xl9m G ) 

When N d =0, L = G and the equation for the equilibrium reactor line 
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_ KH 

YlBn 1 + KH Xl9m 



Under the operating conditions described below, the gas entering the 
tower has a pressure of 35 in. of water above barometric and at bub¬ 
bler 12 has a pressure of 6% in. of water above barometric. This pres¬ 
sure change throughout the tower causes changes in the factor p 19 /P of 
the equilibrium-curve equation and also causes changes in H, hence in 
the factor KH/(1 + KH) of the reactor-line equation. As a result the 
equilibrium line (Eq. 1) and the reactor line (Eq. 7) actually represent 
series of lines, selected portions of which are applicable to the several 
sections of the tower. 

3.4 Catalyst Conversion Efficiency. The fractional conversion over 
a catalyst bed is a measure of the approach to equilibrium exchange 
conditions and is defined as 


Van °y3(n-i) 

0v e 0„ , V ( 8 ) 

ysn “ y3(n- 1 ). 

The equilibrium value °y^ may be calculated from the mole per cent 
of HDO in the bubble plate below the reactor unit and from the mole per 
cent of HD in the gas entering this unit. The equation 



= °y3(n-l)/[H + x^dn-p] 

K + (1/H) 



was derived and used by Joris and Hiskey. 6 Equation 9 is sufficiently 
accurate in the region of low deuterium concentration (up to several 
mole per cent of HD). 

The use of bubble-plate-liquid and bubble-plate-gas data for the cal¬ 
culation of catalyst conversion efficiency is referred to in this chapter 
as method 1. This method is applied in Secs. 6, 7, and 8. 

When complete liquid analyses are lacking, the percentage of con¬ 
version over a catalyst bed (defined in Eq. 8) can be calculated from 
the gas separation factors based on the gas analytical data. This pro¬ 
cedure is referred to as method 2 and is applied in Secs. 8 and 9. 

When E is the catalyst conversion efficiency (Eq. 8), F is the sepa- 
ralion factor over a reactor, and F e is the separation 

factor over a reactor if equilibrium conditions are reached, 
ysn> the relation between E and F is ( 



( 10 ) 
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Equation 10 can be derived in the following manner: From the defi¬ 
nition of F 

°y3(n- 1 ) = F°y 3n (U) 

Substituting Eq. 11 into Eq. 8, using the value of °yf n from the definition 
of F e above and simplifying, Eq. 10 is obtained. 

4. MEASUREMENT OF BUBBLE-PLATE EFFICIENCIES 

An accurate knowledge of the saturation efficiency and the H 2 0-HD0 
stripping efficiency of the bubble plates under operating conditions was 
needed in order to calculate the theoretical performance and to allow a 
comparison with the experimental data. 

4.1 Saturation Efficiency at 77°C. A hydrogen —water vapor mixture 
was bubbled through a pair of exchange-tower bubble plates. The ratio 
of hydrogen to water in the exit gas was determined, and from the latter 
the saturation percentage of the exit-gas stream was calculated. The 
hydrogen flow was varied from 3 to 130 liters (S.T.P.) per hour and 
measured by a calibrated wet testmeter. The partial vapor pressure of 
water in the inlet stream was varied from 0 to 100 mm Hg. Complete 
condensation of the exit water vapor was carried out using three re¬ 
ceivers that were cooled to dry-ice temperatures. The bubble was ther- 
mostatted using a carbon tetrachloride vapor jacket. The data are 
plotted in Fig. 11.11. 

In the region of tower operations [hydrogen flow, 35 liters (S.T.P.) 
per hour] the measured ratio of gas to water in the exit stream agreed 
with the theoretical value calculated for complete saturation to within 
1 per cent. This was observed even in the case where dry tank hydro¬ 
gen constituted the inlet stream. At hydrogen flows less than 20 and 
more than 50 liters (S.T.P.) per hour, the saturation efficiency was 
observed to fall off. 

4.2 Deuterium Stripping Efficiency at 77°C . In efficient tower per¬ 
formance a portion of the HDO content of the deuterium-rich water va¬ 
por leaving a catalyst reactor is stripped by the action of the next bub¬ 
ble plate or pair of plates. The Murphree plate efficiency may be used 
to express the efficiency of this stripping process 

y is (input) - y 19 (exit) 

% stripping efficiency - yi9(input ) - yf 9 (exit) 

where y,* 9 (exit) represents the mole fraction of HDO (in gas) that is in 
equilibrium with the HDO in the bubble-plate liquid. 
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Fig. 11.11—Saturation efficiency for a pair of bubble plates at 77°C. 


The apparatus for determining the stripping efficiency of a single 
bubble plate is shown in Fig. 11.12. A large HDO concentration gradient 
was used to determine more precisely the stripping efficiencies. Tank 
hydrogen was saturated at 76.5°C with water containing approximately 
6 mole % of HDO. This gas mixture was bubbled into the lowest bubble 
plate only of a larger unitvapor thermostatted at the same temperature 
(Fig. 11.12). The water in this bubble plate was maintained at approxi¬ 
mately 0.1 mole % of HDO by a stream of normal distilled water flow¬ 
ing at a rapid controlled rate through the bubble plate. The water in 
the exit-gas mixture was condensed in a trap surrounded by water-ice 
and was analyzed for the HDO content. Measurements were made at 
hydrogen flows of 10, 30, and 50 liters (S.T.P.) per hour. Three dupli- 
ca e runs were made. The data and results are given in Table 11,2, 
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Fig. 11.12 — Apparatus for measurement of HDO stripping efficiency of bubble plate. 
(1) Standard bubble-plate unit. (2) Standard saturator. (3) Reservoir assembly. (4) Boil¬ 
er. (5) Closed hydrogen outlet. (6) Closed water outlet. (7) Condenser. (8) Water inlet 
heated to 77°C. (9) Vapor jacket. (10) Water collector. (11) Water-ice traps. (12) Vent. 
(13) Static flowmeter. (14) Pressure regulator. (15) Thermometer. 


Table 11.2—Stripping Efficiency of One Bubble Plate at 77°C 


Hydrogen flow, 
liters/hr (S.T.P.) 


HDO, mole %* 


Water flow 

Stripping 

Inlet gas 

Bubble plate 

Exit gas 

rate,t ml/min 

efficiency, % 

10 

5.78 

0.06 

0.24 

20 

97 


5.76 

0.06 

0.22 



30 


0.08 

0.14 

17 

99 



0.04 

0.10 



50 

5.56 

0.16 

0.22 

15 

99 


5.56 

0.16 

0.22 



10 


0.14 

0.14 

10 

99+ 



0.12 

0.06 


99+ 

30 


0.18 

0.16 

10 



0.20 

0.16 


99+ 

50 

5.78 

0.19 

0.19 

10 


5.78 

0.18 

0.17 



10 


0.06 

0.20 

9 

98 



0.04 

0.18 


99+ 

30 


(0.34)1 

0.16 

10 



0.18 

0.12 


99+ 

50 


0.22 

0.20 

10 



0.24 

0.18 



Mole per cent of HDO 

_ (“DO) x .. n _ 




(HDO) + 

(H a O) 



1 all 4 A 


jThis value was rejected for the calculations 
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The two water analyses given represent falling-drop-method results 
after one and two low-temperature vacuum distillations and indicate 
the spread for two duplicate analyses. The probable error of the water 
analyses (1 per cent of value reported) may account for the cases in 
which the exit-gas analysis was smaller than that for the bubble-plate 
liquid. The stripping efficiency in these cases may be considered to be 
99 to 100 (99+). 

Table 11.3—Saturation Efficiency of Two Bubble Plates at 47.6°C 


Hydrogen flow, 
Uters/hr 

Gas flow for 
time of run 

Exit gas, 
moles of Ha 

Saturation (100%), 
moles of H, 


(S.T.P.) 

Ha, moles 

HaO, mole 

mole of HaO 

mole of 11,0 

Saturation, % 

16.38 

0.936 

0.114 

8.25 

8.25 

100.0 

16.63 

1.67 

0.197 

9.49 

8.20 

96.6 

34.20 

1.63 

0.194 

8.37 

8.20 

97.8 

34.75 

2.17 

0.259 

8.37 

8.19 

97.9 

44.50 

3.98 

0.471 

8.44 

8.22 

97.5 

57.20 

3.70 

0.424 

8.74 

8.17 

93.6 

59.25 

3.09 

0.371 

8.32 

8.19 

98.4 

64.60 

2.93 

0.355 

8.26 

8.25 

99.9 

94.70 

4.23 

0.505 

8.38 

8.21 

98.0 


Table 11.4 — Stripping Efficiency of One Bubble Plate at 47.6°C* 


Hydrogen flow.t 

HDO, 

mole %t 

Stripping 

liters/hr (S.T.P.) 

Bubble plate Exit gas 

efficiency, % 

10 

Normal 

Normal 

100 

30 

Normal 

Normal 

100 

50 

0.08 

0.08 

100 


0.11 

0.09 

100 


•Water flow, 10 ml/ min. 
t Inlet gas, 5.90 mole % of HDO. 


tMole per cent of HDO = 


(HDO) 

(HDO) + (HjO) 




Conclusion . The Murphree plate efficiency for a single bubble plate 
is 99 to 100 per cent for a hydrogen-flow rate greater than 30 liters 
(S.T.P.) per hour. The tower operating flow in the studies described 
below was about 35 liters per hour. 

4.3 Bubble-plate Efficiencies at 48°C. Since bubble-plate tempera¬ 
tures were maintained at 47.6°C in experiments 4 and 5, efficiency 
measurements were made at this temperature following the general 
procedure described in Secs. 4.1 and 4.2. A Freon 113 vapor jacket 
was used in this case. The saturation-efficiency data are given in 

Table 11.3, and data for the deuterium stripping efficiency are given in 
Table 11.4. 
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Conclusion. The stripping efficiency of the bubble-plate sections 
was 100 per cent per bubble plate, and the saturation efficiency was 100 
per cent per bubble-plate section, consisting of two bubble plates. 


5. EXPERIMENT 1. CONSTANT-FEED RUN AT A BUBBLE-PLATE 
TEMPERATURE OF 77°C USING PLATINUM-CHARCOAL CATALYST 

The object of this experiment was to study the approach of the tower 
to the “turn point.” The turn point refers to that tower condition in 
which gas and liquid flow through without undergoing any change. A 
slight increase in the deuterium content of the entering gas or liquid 
will cause stripping of HD from the gas by the water or vice versa. 

5.1 Experimental Procedure and Conditions. In order to produce a 
relatively slow approach to the turn point, water of constant composi¬ 
tion, 5.84 mole % of HDO, was fed to the top of the tower through the 
capillary injector described in Sec. 2.1 and illustrated in Fig. 11.5. 
Water was injected at a molar rate equal to the evolution of hydrogen 
in the electrolytic cell. In this way the liquid holdup in the plant re¬ 
mained constant. 

At the start the bubble plates and cell were loaded with approximately 
the same mole per cent of HDO as the feed; the initial bubble-plate 
composition was 5.84 mole % of HDO, and the initial cell solution con¬ 
tained 5.35 mole % of HDO as a 9.6 wt. % sodium hydroxide solution. 

The reactors were kept at 83.3°C and the bubble plates at 76.6°C. 
From these temperatures and vapor-pressure data, the percentage of 
water-vapor saturation over a catalyst bed was calculated to be 76. The 
cell operated over a period of 150 hr at a current of 16 amp and at a 
temperature of 48°C. During this time the cell composition rose from 
5.4 to 11 mole % of HDO. 

5.2 Liquid and Gas Composition. The gas analytical data are plotted 
in Fig. 11.13. The bubble-plate data are listed in Table 11.5. Smoothed 
curves for the gas data are plotted in Fig. 11.14. Plotted in Fig. 11.14 
are the variations in mole per cent of HD in the hydrogen stream as¬ 
cending the tower after 0, 50, 100, and 150 hr. The general shape of the 
curve at 300 hr is predicted. At plant equilibrium the mole per cent of 
HD from reactor 5 would equal the mole per cent of HDO in the feed. 

The HDO content of the cell solution during the run is compared with 
the HD content in the gas liberated from the cell in Table 11.6, and 
these data are plotted in Fig. 11.15. The deuterium separation factor 
of the cell, defined as (mole per cent of HDO in cell solution)/(mole per 
cent of HD in hydrogen evolved), is listed in the third column of Table 

11 . 6 . 

5.3 Conclusions . The initial operating conditions were such that the 
tower performed “in reverse,” adding deuterium to the hydrogen stream 
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TIME FROM START OF RUN, HR 


Fig. 11.13—Experiment 1. Deuterium content of tower hydrogen. 


instead of stripping deuterium from the stream. As the concentration 

of HD in the gas coming from the ceil increased, however, the tower 

conditions approached a turn point, after which normal operation would 

proceed. As the tower approached this point, the gas compositions 

throughout were converging to the same value, 2.1 mole % of HD (Fig. 

11.14). The bubble-plate concentrations were converging to the feed 
concentration, 5.84 mole % of HDO. 
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Table 11.5 — Experiment 1. Mole Per Cent of HDO in Bubble Plates 


Duration _ Bubble P late No - 


of run, I 

fir 1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

li 

~~n 

1.3 




4.96 




5.38 









4.90 




5.28 





27.3 


4.68 




5.16 


5.18 




5.44 





5.54 


5.16 


5.22 




5.36 

50.0 


4.76 


5.04 


5.36 


5.46 


5.06 


5.50 



4.76 


4.98 






5.14 


4.84 

74.0 


5.20 


5.38 

5.46 



5.60 


5.62 


5.42 











(5.64) 





5.16 


5.34 

5.44 



5.64 


(5.62) 


5.46 

80 


4.88 


5.10 


5.24 


5.52 


6.64 


5.48 











(6.54) 





4.84 


5.10 


5.22 


5.56 


(6.58) 


5.48 

107 


5.12 


5.14 


5.42 


5.40 


5.50 





5.12 


5.16 






5.54 



128 


5.44 


5.50 


5.30 


5.68 


5.68 


5.60 





5.48 




5.56 


5.62 


5.58 

148 

5.74 

5.22 

5.50 

5.58 

5.68 

5.50 

5.62 

5.46 

5.76 

5.50 

5.20 

5.56 



5.24 

5.46 

5.50 

5.70 

5.50 

5.58 

5.56 

5.64 


5.24 

5.54 

161 


3.48 


3.40 


2.88 


2.08 


1.84 


1.08 



3.54 






2.14 




1.08 

165 


3.38 


3.02 




1.98 


1.40 


0.92 





3.00 








0.92 

177 


2.38 




1.36 


0.98 




0.36 

189 

2.36 


1.80 

1.60 

1.38 

1.08 

0.94 

0.70 

0.80 

0.52 

0.46 

0.32 


2.30 


1.80 

1.54 

1.38 

1.04 

0.94 

0.72 


0.50 

0.48 


201 


2.02 


1.80 


1.84 


1.08 


0.44 


0.30 



2.06 


1.80 


1.82 






0.32 

275 

2.14 

2.00 

1.96 

1.48 

1.32 

0.98 

0.86 

0.66 

0.56 

0.44 

0.48 

0.48 


2.14 

2.00 

1.94 

1.46 

1.32 


0.86 

0.68 

0.62 

0.48 

0.48 

0.44 

323 

2.18 

1.94 

2.08 

1.52 

1.38 

1.26 

1.02 

0.76 

0.68 

0.56 

0.46 

0.58 





(1-40) 










2.10 

1.90 

2.06 

(1.46) 

1.38 

1.28 

1.00 

0.74 

0.72 

0.54 

0.46 



2.08 

1.88 

1.82 

1.36 

1.16 

1.00 

1.00 

0.80 

0.78 

0.68 

0.62 

0.54 


2.08 

1.88 

1.82 






0.78 

0.64 

0.62 

0.52 

Under 

the starting conditions the HD 

“enrichment” 

factor ascending 


the tower was 2.3. At 70 hr this factor was 1.5, and at 140 hr the factor 
was 1.1. Extrapolation of these results shows that the normal stripping 
action of the column would begin at approximately 20 hr after the end 
of this run. 

A calculation of the equilibrium concentration of HD in the hydrogen 
leaving the tower at the turn point was made. Using the feed mole per 
cent of HDO (5.84) and H = 0.650 for the observed barometric pressure 
(749 mm Hg), the calculated value was 2.08 mole % of HD, and the ex¬ 
perimental value was also 2.08 mole % of HD. 

The average deuterium separation factor for the generator was 5.82 

(average deviation, 0.07). 
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Fig. 11.14 Experiment 1. Deuterium content of tower hydrogen (smoothed curves). 

6. EXPERIMENT 2. LOCKED-IN OPERATION AT A BUBBLE-PLATE 
TEMPERATURE OF 77°C USING PLATINUM-CHARCOAL CATALYST 

In order to bring plant conditions rapidly to equilibrium, the plant 
was locked-in. In this operation the water formed at the hydrogen 
burner was immediately returned to the top of the tower. An analysis 
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of the exit gas showed that complete combustion of the hydrogen took 
place at the burner. It was possible, by maintaining equilibrium con¬ 
ditions for about 100 hr, to make a careful study of catalyst perform¬ 
ance and to allow a comparison of tower conditions with calculated 
values. Other plant operating conditions were as described in experi¬ 
ment 1 (Sec. 5): bubble-plate temperatures, 76.6°C; reactor tempera¬ 
tures, 83.3°C; and saturation percentage of water vapor over a catalyst 
bed, 76. Tower conditions were followed closely for over 140 hr. The 
plant came to equilibrium after 40 hr. 

Table 11.6 — Experiment 1. Deuterium Separation Factor for Cell 


HDO in cell solution, 

HD in gas from cell, 

Cell separation 

mole % 

mole % 

factor 

6.00 

1.02 

5.88 

6.50 

1.10 

5.91 

7.00 

1.19 

5.88 

7.50 

1.28 

5.86 

8.00 

1.36 

5.88 

8.50 

1.45 

5.86 

9.00 

1.54 

5.84 

9.50 

1.64 

5.79 

10.0 

1.75 

5.71 

10.5 

1.88 

5.59 


6.1 Experimental Data . The deuterium content of the hydrogen in 
the various sections of the tower during this run has been plotted in 
Figs. 11.16 and 11.17. Figure 11.16 illustrates the approach to equi¬ 
librium conditions, and Fig. 11.17 shows the fluctuations during the 
equilibrium interval. Bubble-plate-liquid data are plotted in Fig. 11.18. 

Changes in the deuterium content of the hydrogen leaving the cell re¬ 
flect changes in the deuterium content of the cell solution. The relation 
between the latter quantities is listed in Table 11.7 and plotted in Fig. 
11.19. The average cell separation factor during this experiment was 
5.86 (average deviation, 0.19). 

6.2 Calculations and Results, (a) Correction for Pressure Gradient 
ThroughTower. It was pointed out in Sec. 3.3 that pressure changes 
throughout the tower cause changes in the factors P 19 /P and H. Cor¬ 
rected values for p 19 /P, H, KH, and KH/(1 + KH) are given in Table 
11 . 8 . 

(b) Catalyst Efficiency. The equilibrium values for the gas leaving 
the catalyst bed (°y 3 n ) were calculated by method 1 (Sec. 3.4) using Eq. 
9, the K and H values of Table 11.8, and the gas and liquid data in Figs. 
11.17 and 11.18. The conversion percentage over the catalyst bed was 
then calculated in accordance with Eq. 8 . The conversion percentages 
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Fig. 11.15 — Experiment 1. Deuterium content of generator solution and evolved hy¬ 
drogen. 

based on the 40-, 60-, 80-, 100-, and 120-hr data, together with the 
relevant data and calculated quantities, are presented in Table 11.9. 

The average conversion percentages over the 40- to 120-hr interval 
were calculated from the conversion efficiencies listed in Table 11.9 at 
the five specified periods and are given in Table 11.10. The numbers 
in the third column represent the average deviations of the five con¬ 
version percentages for any one reactor in Table 11.9 from the average 
stated above. The average conversion percentage for all reactors over 
the time interval 40 to 120 hr is 95.5. The conversion percentages 
nominally above 100 and enclosed in parentheses illustrate the sensi¬ 
tivity of the conversion-factor calculations to small variations in the 
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Fig. 11.16 — Experiment 2. Deuterium content of tower hydrogen during approach to 
equilibrium. 

analytical data. The difference between experimental and theoretical 
mole per cent of HD is 0.01 for reactor 4 at 100 hr. This difference is 
smaller than the precision of the data. The conversion percentage cal¬ 
culated is 104. Thus the over-all average conversion factor of 95.5 is 
more representative of the average tower performance. 

(c) Gas-Deuterium Separation Factor . A measure of the HD strip¬ 
ping activity of a catalyst-reactor unit may be obtained by calculating 

the ratio 

°y3(n- 1 ) 

°y3n 
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Fig. 11.17—Experiment 2. Deuterium content of tower hydrogen under equilibrium 
conditions. 

This ratio is referred to in this chapter as the gas-deuterium separa¬ 
tion factor. From a consideration of tower operation this ratio should 
also be equal to the ratio of the mole fraction of HDO for alternate 
bubble plates. On the assumption of complete conversion over the re¬ 
actors and 100 per cent bubble-plate efficiency, this ratio should be 

I. 57 at the operating temperatures. For the operating conditions cor¬ 
responding to 95 per cent conversion and 99 per cent bubble-plate ef¬ 
ficiency, the calculated value for this ratio is 1.51. The observed gas 

separation factors, based on the data in Table 11.9, are listed in Table 

II . 11 . 

The mean separation factor for the values on the bottom line of Ta¬ 
ble 11.11, averaged over the 40- to 120-hr interval, is 1.53 (average 
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TIME OF LOCKED-IN RUN, HR 

Fig. 11.18 — Experiment 2. Deuterium content of bubble-plate liquid under equilibrium 
conditions. 

deviation, 0.03). It may be observed that the individual factors listed in 
the table are sensitive to small fluctuations in the gas analyses for the 
equilibrium range. The separation ratios for alternate bubble-plate 
compositions are listed in Table 11.12 for the 40-hr “point” of the run. 
Included in this table are other data and values calculated from the data 
for tower performance at this time. The tower compositions are plotted 
in Fig. 11.20. 

(d) Graphical Analysis of Tower Performance. A complete graphical 
representation of tower performance was made on the basis of the equi¬ 
librium data at 40 hr (Table 11.12). The data at this time were selected 
for the analysis because a complete liquid sampling had been taken then. 
Furthermore, the gas data for a 20-hr period following this time was 
constant within experimental error. The graphical analysis is shown in 
Fig. 11.21. 
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Fig. 11.19 — Experiment 2. Deuterium content of cell solution and evolved hydrogen. 

Equations 1, 3, and 7 were used to calculate the equilibrium curve, 
the operating lines, and the reactor lines. The six operating lines of 
slope equal to 1 were plotted by determining the intercepts on the ab¬ 
scissa from the data on the mole per cent of HD. 

The intercepts on the x axis were calculated from the mass-spec¬ 
trometer gas analyses [°y 3n ] corrected by the factor [1 + h]~ l . The lat¬ 
ter factor converts the mass-spectrometer readings to y^, the mole 
fraction of HD in the total gas phase (Eq. 3). A graphical prediction of 
the bubble-plate-liquid deuterium content was obtained by starting with 
the experimental data for bubble plate 12 and inserting bubble-plate 
steps between these operating lines and the equilibrium curve. A com¬ 
parison of bubble-plate compositions derived in this manner with the 
observed data is given in Table 11.13. Comparisons are also given for 

graphical and experimental separation factors of alternate bubble plates. 
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Table 11.7 — Experiment 2. Deuterium Separation Factor for Cell 


HDO in cell solution, HD in 
mole % 

10.5 

11.0 

11.5 

12.0 

12.5 


gas from cell, 

Cell separation 

mole % 

factor 

1.88 

5.59 

1.94 

5.67 

2.01 

5.72 

2.05 

5.85 

2.06 

6.05 


Table 11.8 — Correction for Pressure Gradient Through Tower* 


Bubble- Excess Total 

plate pressure, pressure, 


No. 

mm Hg 

mm Hg 

Pi*/P 

H 

KH 

KH/(1 + KH) 

12 

12 

772 

0.387 

0.666 

1.852 

0.650 

11 

17 

777 

0.384 

0.658 

1.835 

0.648 

10 

21 

781 

0.382 

0.655 

1.822 

0.646 

9 

26 

786 

0.380 

0.648 

1.805 

0.644 

8 

30 

790 

0.378 

0.643 

1.790 

0.642 

7 

35 

795 

0.376 

0.637 

1.773 

0.640 

6 

39 

799 

0.374 

0.631 

1.756 

0.638 

5 

44 

804 

0.371 

0.624 

1.737 

0.635 

4 

48 

808 

0.369 

0.618 

1.720 

0.632 

3 

53 

813 

0.367 

0.613 

1.707 

0.630 

2 

57 

817 

0.365 

0.608 

1.693 

0.629 

1 

62 

822 

0.363 

0.602 

1.677 

0.627 


♦Conditions: temperature of bubble plates, 76.6°C; temperature of reac¬ 
tors, 83.3°C; vapor pressure of H 2 0 at 76.6°C, 309 mm Hg; vapor pressure 
of HDO at 76.6°C, 298.5 mm Hg; pressure head on gas entering bubble plate 
1, 35 in. of water above barometric; pressure head on gas at bubble plate 12, 

6.5 in. of water above barometric. 

Basis for calculations: barometric pressure, 760 mm Hg; equilibrium 
constant (K), 2.78. 

The agreement between the graphical results (Table 11.13) and the 
experimental results is satisfactory. Terminal effects, such as the 
moisture carried by the hydrogen stream from the cell, would have to 
be considered in setting up material balances for the lower bubble 
plates. 


7. EXPERIMENT 3. EFFECT OF SUPERHEAT ON PLANT 
PERFORMANCE AT A BUBBLE-PLATE TEMPERATURE 
OF 77°C USING PLATINUM-CHARCOAL CATALYST 

The first detailed study of the pilot-plant performance has been de¬ 
scribed in Sec. 6. Throughout experiment 2 the bubble plates were 
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Table 11.9 — Experiment 2. Calculation of Conversion Percentage over Reactors 

at 40, 60, 80, 100, and 120 Hr* 

Barometric pressure, 


mm Hg 

760 

758 

751 

765 

763 


Time, hr 

40 

60 

80 

100 

120 

Reactor 

x 18 (B2) 

2.05 

2.04 

2.02 

2.01 

2.00 


°y s from cell 

2.03 

2.06 

2.08 

2.00 

1.90 


°yjn) 

1.32 

1.32 

1.37 

1.29 

1.29 

1 

°y5d) 

1.22 

1.23 

1.26 

1.20 

1.16 


Conversion, % 

88 

89 

86 

88 

82 


*,• (B4) 

1.58 

1.56 

1.53 

1.51 

1.42 


°yj(,j 

1.32 

1.32 

1.37 

1.29 

1.29 


0 y 3U ) 

0.84g 

0.80 

0.77 

0.82 

0.86 

2 

°y»(a> 

0.844 

0.84 0 

0.85 3 

0.81 7 

0.81 2 


Conversion, % 

100 

(108) 

(116) 

99 

90 


Xj# (B 6 ) 

1.06 

1.05 

1.03 

1.02 

1.00 


0 yj[D 

0.84 6 

0.80 

0.77 

0.82 

0.86 


°y»») 

0.59 0 

0.59 

0.51 6 

0.52 

0.57 

3 

°y5rs) 

0.55 

0.53 

0.51 6 

0.53 

0.54 


Conversion, % 

87 

78 

100 

(104) 

91 


*i. <B8) 

0.70 

0.70 

0.69 

0.68 

0.68 


0 y J(J ) 

0.59 

0.59 

O. 5 I 5 

0.52 

0.57 


°y*(e 

0.40 5 

O .383 

0.35s 

0.37 

0.39 

4 

o v « 

yj(4> 

0.372 

0.37 

0.34 

0.34 

0.36 


Conversion, % 

89.5 

95 

92 

85 

86 


x l# (B10) 

0.51 

0.50 

0.50 

0.49 

0.48 


°yi(« 

0.40 5 

0.382 

0.36s 

0.37 

0.39 


°y«« 

0.27 

0.23 

0.22 

0.23 

0.27 

5 

0mj9 

y«i) 

0.26 2 

0.25i 

0.244 

0.24 s 

0.25o 


Conversion, % 

94 

(116) 

(120) 

(112) 

86 



♦All gas concentrations are expressed as mole per cent of (HD/HD + H,). 
All liquid concentrations are expressed as mole percent of (HDO/HDO + HjO). 


Table 11.10—Average Conversion Percentage 
over 40- to 120-hr Interval 


Average Average 

Reactor No. conversion, % deviation 

1 87 2 

2 (103) 8 

3 92 8 

4 90 3 

5 (106) 15 
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Table 11.11—Gas-Deuterium Separation Factor for Reactor Units 



'40 

60 

Time, hr 

80 

100 

120 

Average 
time, hr 

Average 

deviation 

Cell hydrogen 

Reactor 1 

1.54 

1.56 

1.52 

1.58 

1.47 

1.53 

0.03 

Reactors 1 and 2 

1.56 

1.65 

1.78 

1.57 

1.50 

1.61 

0.08 

Reactors 2 and 3 

1.43 

1.36 

1.34 

1.58 

1.51 

1.45 

0.08 

Reactors 3 and 4 

1.46 

1.54 

1.60 

1.40 

1.46 

1.49 

0.06 

Reactors 4 and 5 

1.50 

1.66 

1.63 

1 - 61 

1.44 

1.57 

0.08 

Average separation 
factor per reactor* 

1.50 

1.55 

1.57 

1.54 

1.48 




♦The fifth root of the over-all HD separation in the tower. 


Table 11.12—Summary of Tower Performance at 40-hr Point 






Separation ratio 

Separation ratio 





Reactor 

between even- 

between odd- 

Conversion 

Tower 

HDO, 

HD (dry basis), separation 

numbered bubble 

numbered bubble 

at each 

(schematic) 

mole % 

mole % factor 

plates 

plates 

reactor, % 

Feed 


0.28 





B12 


0.31 





Bll 

R5 

0.47 

0.27 

1.64 

1.30 

94 

B10 


0.51 

1.50 




B9 

R4 

0.61 

0.40 5 

1.37 

1.54 

90 

B8 


0.70 

1.46 




B7 

R3 

0.94 

0.59 

1.52 

1.47 

87 

B6 


1.06 

1.43 




B5 

R2 

1.38 

0.85 

1.49 

1.35 

99, 

B4 


1.58 

1.56 




B3 

R1 

1.87 

1.32 

1.30 

1.24 

88 

B2 


2.05 

1.54 




B1 


2.32 





Cell hydrogen 


2.03* 


1.38 


Cell 


12.2 




Average 


1.50 

1.47 


92 

•Mole per cent of HD In hydrogen evolved from cell 

• 



maintained 

at a 

temperature of 76.6°C, and the 

reactor temperature 

s ft _ 


was maintained at oo.o me numuci --- 

minus bubble-plate temperature, referred to in subsequent portions o 
this chapter simply as the superheat) was 6.7°C. At the conclusion o 
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Fig. 11.20—Experiment 2. Deuterium content in tower sections under equilibrium 
conditions. •, mole per cent of HDO in bubble plate. O, mole per cent of HD leaving 
reactor unit. Mole per cent of HDO in cell = 12.2. 

experiment 2 it was considered advisable to determine whether the de¬ 
gree of superheat was a significant factor in catalyst activity and there¬ 
fore in tower performance. Consequently the plant was operated at 
superheats ranging from 0 to23°C,and the catalyst efficiency and tower 
separation factor were studied. 

7.1 Apparatus and Techniques . The pilot plant was operated in the 
locked-in condition as described in experiment 2 (Sec. 6). A barostat 
was constructed to conveniently vary the boiling point of the liquids 
used in the reactor vapor jackets. The barostat consisted of glass-tube 
connections sealed to the open ends of the vapor-jacket reflux conden- 
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sers through which pressure in excess of atmospheric was applied. 
The parallel set of connecting tubes led to a 2-liter ballast flask. Pres¬ 
sure was maintained by a stream of compressed air bubbling out through 
a water trap. Bubble-plate temperatures were maintained at 76.6°C by 
using boiling carbon tetrachloride in the vapor jackets. The reactor 
temperature was varied by using different liquids in the vapor jackets 
and using the barostat described above. 



Fig. 11.21 — Experiment 2. Graphical representation of tower conditions at equilibrium 
based on data at time = 40 hr. B, bubble plate. 


Samples of the hydrogen following the cell and each reactor were 
taken at 6-hr intervals. Water samples from the cell, each bubble plate, 
and the hydrogen burner were collected when the plant had reached 
equilibrium. In order to determine when the plant had reached equi¬ 
librium, a graph was made showing the ratio of the mole per cent of HD 
in the hydrogen entering the tower to the mole per cent of HD in the 
hydrogen leaving reactor 5 as a function of time. This ratio is the 
separation factor for the tower and should remain constant at equilib¬ 
rium. Curves showing the behavior of this ratio are shown in Fig. 
11.22. The separation factor across the four top reactors (i.e., the 
ratio of mole per cent of HD in the hydrogen leaving reactor 1 to the 
mole percent of HD in the hydrogen leaving reactor 5) was considered 
more representative than the ratio plotted in Fig. 11.22. The oxygen in 
the hydrogen stream leaving the cell was burned over the catalyst bed 
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of reactor 1, producing variable effects. Curves showing the variation 
of the separation factor for the four top reactors are plotted in Fig. 

11.23. 

7.2 Summary of Calculations. Gas separation factors based on the 
averaged equilibrium gas data are listed in Table 11.14. These include 
the over-all separation factor for the tower, the separation factor over 

Table 11.13 — Experiment 2. Bubble-plate 
Conditions After 40 Hr* 


HDO, mole % 


Bubble plate 

Experimental 

Graphical 

B12 

0.32 

0.32 

Bll 

0.47 

0.43 

BIO 

0.51 

0.49 

B9 

0.62 

0.64 

B8 

0.71 

0.73 

B7 

0.95 

0.94 

B6 

1.06 

1.08 

B5 

1.37 

1.43 

B4 

1.57 

1.64 

B3 

1.88 

2.20 


Separation Factors for Alternate Bubble Plates 


B12/B10 

1.59 

1.53 

B10/B8 

1.39 

1.49 

B8/B6 

1.49 

1.48 

B6/B4 

1.48 

1.52 

Average 

1.49 

1.51 

B11/B9 

1.32 

1.49 

B9/B7 

1.53 

1.47 

B7/B5 

1.44 

1.48 

B5/B3 

1.37 

1.54 

Average 

1.42 

1.50 

•Experimental results are compared with 
graphical results based on Fig. 11.21. 


the four top reactors, the fourth root of this factor corresponding to the 
average separation factor for one of the four top reactors, and the 
separation factor over the first reactor bed alone. Reasons for this 
selection of averages are given in Sec. 7.3. 

The conversion efficiencies over the catalyst beds at equilibrium are 
given in Table 11.15. These were calculated using the gas and bubble- 
plate-liquid composition data as described in Sec. 3.4, method 1. 

Results listed in the last four columns of Table 11.14 have been plot¬ 
ted in Figs. 11.24 and 11.25. The separation factor calculated on the 
basis that equilibrium conversion takes place over the catalyst bed is 
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0 50 100 0 50 100 0 25 50 0 25 50 


TIME OF RUN, HR 

Fig. 11.22 — Experiments. Over-all deuterium separation factor for tower. Saturator 
temperature, 76.6°C. 



TIME OF RUN, HR 

Fig. 11.23 — Experiment 3. Deuterium separation factor across four top reactors. 
Saturator temperature, 76.6°C. 
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also shown in Fig. 11.25. The conversion values listed in Table 11.15 
for reactor 1 and the average values for reactors 2 to 5 are plotted in 
Fig. 11.26. 

7.3 Discussion of Results and Conclusions, (a) Operation at 0°C 
Superheat . Examination of Figs. 11.22 and 11.23 reveals a wavering 
character not only for the over-all separation factor but also for the 



Table 11 

.14—Experiment 3. Gas Separation Factors at Equilibrium 



Over-all 

Plant factor 

Average factor 

Factor for 


Superheat, 

plant factor, 

for reactors 

for a top reactor, 

first reactor, 

Run 

°C 

cell/5 

2 to 5, 1/5 

(1/5) V > 

cell/1 

A 

0 

4.30 

2.81 

1.295 

1.53 

D 

2 

6.00 

4.03 

1.416 

1.452 

E 

3.1 

6.25 

4.37 

1.446 

1.43 

F 

6.7 

8.88 

5.75 

1.549 

1.53 

G 

10.0 

7.45 

5.38 

1.523 

1.38 

H 

23.1 

7.15 

4.91 

1.489 

1.46 


Table 11.15—Experiment 3. Catalyst Conversion Efficiencies 


Conversion efficiency, % 


Superheat, 

Reactor 

Reactor 

Reactor 

Reactor 

Reactor 

Average for 

°C 

1 

2 

3 

4 

5 

reactors 2 to 5 

0 

73 

70 

37 

37 

63 

54 

2.0 

78 

85 

77 

75 

85 

80 

3.1 

75 

86 

77 

81 

90 

84 

6.7 

86 

103 

92 

90 

106 

98 

10.0 

71 

84 

92 

92 

99 

92 

24.0 

80 

90 

80 

89 

100 

90 


factor across the four top stages. The fluctuation probably arises from 
the lack of sufficiently precise control of the plant under this no-super- 
heat condition. Spray, passing into a catalyst bed from a bubble plate, 
may wet the catalyst, which results in a substantial decrease of the 
separation factor. Room air currents may also produce a variable ef¬ 
fect on catalyst performance by producing partial condensation of water 
vapor. The irregularity in the over-all separation factor disappears as 
soon as a positive superheat is applied to the reactors. 

(b) Operation with Wetted Catalysts at 0°C Superheat . In wetting the 

catalysts, the boilers for the reactor-jacket liquids were turned off, 

and the bubble plates were maintained at their customary temperature! 

As water began to condense in the reactors, the catalyst beds gradually 

acquired a shiny black surface until the definite presence of water up 
and down the bed was observed. 
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WET 0 5 10 15 20 25 

SUPERHEAT, °C 


Fig. 11.24—Experiment 3. Effect of superheat on deuterium separation factor. O, 
over-all factor. •, factor for four top reactors. Saturator temperature, 76.6°C. 



0 5 10 15 20 25 30 


SUPERHEAT, *C 



SUPERHEAT, °C 


Fig. 11.25 —Experiment 3. Effect of superheat on deuterium separation factor. (1) 
First reactor. (2) Theoretical equilibrium. (3) Mean factor of other reactors. 
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The behavior of the first catalyst bed was quite dissimilar. Although 
the upper beds were completely wetted within about 10 min, the lowest 
bed wetted very slowly. This was shown by a very slow progressive 
blackening from the top of the bed down. At the end of 2 hr only the 
upper half of the catalyst bed appeared to be wetted. Under these con¬ 
ditions the four top wetted reactor beds had close to zero activity. At 
the same time the first reactor bed maintained an activity greater than 
70 per cent. This anomalous behavior is accounted for by the presence 
of oxygen in the gas stream entering the first reactor bed. The oxygen 



SUPERHEAT, °C 

Fig. 11.26 — Catalyst performance as a function of superheat. O, average for reactors 
2 to 5. •, reactor 1. Saturator temperature, 76.6°C. 

enters this stream partly by diffusion through the asbestos diaphragm 
into the cathode gas and partly by a leak upward from the liquid-feed 
line to the cell and amounts to about 1 vol. % of the hydrogen stream. 
The heat arising from the combustion of this oxygen over the first cata¬ 
lyst bed is sufficient to prevent wetting of the entire bed even when the 
bed is operated under these unfavorable conditions. The oxygen is al¬ 
most completely removed over the first catalyst bed. This is shown by 
chemical analysis of the gas leaving the first bed (less than 0.1 vol. % 
oxygen). 

Several conclusions follow from the observations noted in the pre¬ 
ceding paragraph. The temperature over the first catalyst bed is higher 
than that for the other four. The separation factor for the lowest sec¬ 
tion would thus be expected to be less sensitive to the degree of super¬ 
heat applied. This is observed in Fig. 11.25. As a result it was ad¬ 
visable to consider the factor for the four top sections rather than the 

over-all factor, which includes the lowest stage. A comparison of these 
factors is shown in Fig. 11.24. 

A further consequence of the oxygen in the hydrogen stream over the 
first catalyst bed is observed by consideration of Table 11.15, The 
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conversion-efficiency percentage at various superheat conditions is 
smaller over the first bed compared with the average for reactors 2 to 
5 by amounts that are outside the precision of the measurements. The 
conversion efficiencies were calculated using the equilibrium for the 
superheat values listed in Table 11.15. In the case of the first reactor, 
smaller equilibrium constants should have been used since the actual 
temperature was greater than that measured. Although this factor rep¬ 
resents a qualitative explanation for the smaller conversion efficiency 
recorded in Table 11.15, a quantitative correlation cannot be made 
since the needed temperature data are lacking. 

(c) Measurements at Superheats Ranging from 2 to 24°C. After 2 hr 
of catalyst wetting the reactors were operated at 0°C superheat, where¬ 
upon the plant regained its previous separation factor after 12 hr. The 
plant was then operated successively at superheats of 1, 2, 3, 7, 10, and 
24°C. Operation was maintained in each case for a sufficiently long 
time, usually 48 to 60 hr, in order to permit equilibrium to be estab¬ 
lished and maintained. The results have been plotted in Figs. 11.24 and 
11.25. It can be concluded from these data that a plant operating at a 
space velocity of 7400 hr -1 and in this particular temperature range 
has a separation factor that is a function of the degree of superheat. In 
Fig. 11.25 the theoretical equilibrium values have been plotted on the 
assumption of 100 per cent efficiency for the catalyst conversion and 
the bubble-plate stripping and saturation. Beyond a superheat of 6°C 
the mean factor curve for the four top stages closely parallels the 
theoretical curve. It may be concluded that a decrease in the factor for 
the column above 6°C superheat can be explained by the variation of the 
equilibrium constant with temperature. 


8. EXPERIMENT 4. EFFECT OF SUPERHEAT ON PLANT 
PERFORMANCE AT A BUBBLE-PLATE TEMPERATURE 
OF 48°C USING PLATINUM-CHARCOAL CATALYST 

8.1 Introduction. The effect of superheat on plant performance at 
bubble-plate temperatures of 77°C has been reported in experiment 3 
(Sec. 7). Similar measurements are described in this section for bub¬ 
ble-plate temperatures of 47.6°C. Boiling Freon 113 was used as the 
thermostatting vapor for both saturators and reactors. Controlled de¬ 
grees of superheat were obtained by using a barostat manifold as de¬ 
scribed in Sec. 7. Gas samples were taken every 6 hr until equilibrium 
was approached. Samples were then taken every 3 hr. Duplicate sam¬ 
ples were taken for the gas leaving reactors 1 and 5 since the constancy 
of the ratio of these gas compositions was used as the criterion for 

equilibrium. 
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8.2 Separation Factors. The separation factors for the separate 
runs comprising experiment 4 are summarized in Table 11.16. Reasons 
for calculating the factor over the four top reactors, as well as the 
over-all factor, have been given in Sec. 7.3. 

Table 11.16 — Experiment 4. Reactor and Column Separation 
Factors at Various Conditions of Superheat 




Factor over 

Mean factor over 


Superheat, 

Over-all 

four top 

four top reactors 

Factor for 

°C 

factor 

reactors (F) 

(F-'«) 

reactor 1 

0 (saturation) 

2.19 

1.88 

1.171 

1.17 

0 (saturation) 

2.48 

1.97 

1.185 

1.20 

0 (saturation) 

2.03 

1.76 

1.154 

1.15 

1.0 

2.20 

1.90 

1.174 

1.16 

1.7 

2.12 

1.84 

1.165 

1.16 

2.5 

2.43 

2.09 

1.202 

1.16 

2.5 

2.30 

2.05 

1.197 

1.15 

5.6 

2.37 

2.05 

1.197 

1.17 

8.5 

2.35 

2.04 

1.195 

1.15 

8.5 

2.33 

2.04 

1.195 

1.14 



Fig. 11.27 Effect of superheat on mean deuterium 
over four top reactors. (2) Theoretical factor. 


separation factor. 


(1) Mean factor 


f ® 6nera ! 6ffe f ° f superheat on the mean separation factor for the 

Fig 11 27 The the * . bubble ; plate tem P e rature of 47.6°C is shown in 
Fig. 11 27. The theoretical stage factor calculated on the basis of 100 

factor 6 i ZT17 r ,HClenCy iS alS ° Sh0Wn in this A mLimum 

the l !, approximately 3°C superheat. At higher superheats 

theoretical eaSe ^ Wlth & Sl ° Pe a PP roxinl ately parallel to thJt for the 
theoretical curve. The decrease of the equilibrium constant with i„f 
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creasing temperature is responsible for the observed decrease in the 
separation factor. 

8.3 Catalyst Conversion Efficiency. In Secs. 6 and 7 the catalyst 
performance was defined in terms of the mole per cent of HD in the gas 


Table 11 

17 — Comparison of Efficiencies of Reactor Beds 

Efficiency, % 

at Various Superheats* 

A 


Superheat, 

Reactor 1 

Reactor 2 

Reactor 3 

Reactor 4 

Reactor 5 

Averse, 

reactors 2 to 

°C 

1 

2 

1 

2 

1 

2 

1 

2 

1 

2 

i 

2 

0 

93.0 

85.0 

88.8 

85.0 

82.8 

76.7 

84.7 

84.2 

81.8 

80.3 

84.4 

81.5 

0 


69.2 


73.0 


65.5 


73.0 


69.2 


70.2 

1.0 


73.3 


77.5 


81.5 


75.2 


79.0 


78.3 

1.7 

73.3 

73.7 

79.0 

85.0 

75.8 

69.6 

75.8 

73.7 

76.0 

73.7 

76.7 

75.5 

2.5 

78.7 

73.5 

89.2 

90.0 

87.0 

89.7 

92.3 

89.7 

86.4 

89.7 

88.7 

89.8 

2.5 


69.3 


92.2 


91.8 


82.1 


85.2 


87.8 

5.6 


81.2 


89.6 


79.2 


92.8 


86.0 


86.9 

8.5 

76.9 

72.5 

87.7 

96.5 

83.3 

72.5 

78.2 

100.0 

100.0 

85.5 

82.3 

88.6 

8.5 


68.5 


96.5 


85.0 


96.5 


85.0 


90.7 

•The numbers 1 and 2 

refer to the two calculaUon 

procedures described in the text. 




entering and leaving the bed and the equilibrium value for the gas leav¬ 
ing the bed (Eq. 8). The latter value was calculated using the measured 
value for the mole per cent of HDO in the bubble plate-reactor unit in 
accordance with Eq. 9. This method was designated as method 1 in Sec. 
3.4. In cases where the liquid data are missing, method 2, which de¬ 
pends only on the measured separation factor across a reactor, can be 
used. In this method the observed separation factor is compared with a 
calculated factor assuming equilibrium conversion and stripping. This 
method was also described in Sec. 3.4. The conversion efficiency is 
plotted as a function of separation factor at various reactor tempera¬ 
tures in Fig. 11.28. The conversion efficiencies calculated by both 
methods where sufficient data were available are listed in Table 11.17. 
The sensitivity of both methods to fluctuations in plant conditions and 
the precision of the analytical data result in the differences noted in 
this table. 

The conversion efficiency (method 2) has been plotted as a function 
of the superheat in Fig. 11.29. The average conversion efficiency for 
the four top reactors above 2.5°C superheat is about 90 per cent. The 
first reactor bed appears to have a lower activity (about 72 per cent) 
which is independent of the superheat effect. It was pointed out in Sec. 
7 that the temperature of this bed is higher than that for the other beds. 
The actual temperature of this bed was not measured. The higher tem¬ 
perature is accompanied by a smaller exchange equilibrium constant. 
The experimental results for reactor 1, however, appear to be lower 
than would be anticipated as a result of this effect. 
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EFFICIENCY, % 


Fig. 11.28 Experiment 4. Separation factor vs. catalyst conversion efficiency for one 
reactor. Bubble-plate temperature, 47.6°C. Reactor temperatures: (1) 47.6°C “ sat¬ 
uration. (2) 49.3°C a 1.7°C superheat. (3) 50.1°C s 2.5°C superheat. (4) 53.2°C 3 5.6°C 
superheat. (5) 56.1°C a 8.5°C superheat. 



SUPERHEAT, «>C 


Fig. 11.29 — Experiment 4. Catalyst conversion efficiency as a function of superheat 
O, average of four top reactors. ©, reactor 1. 


8.4 Measurement of Catalyst Efficiency After Plant Runs in Standard 
Test unit. Since the relatively small differences in gas compositions 
entering and leaving a reactor bed during plant operation do not allow 
the most precise evaluation of catalyst efficiency, the catalysts were 

"!T n Ved fro “ plant at the conclusion of experiment 4 and transfer¬ 
red to a standard test unit. This unit has been described in Chap. 9 
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Appraisals were made at space velocities of 5, 10, 30, 50, and 100 x 10 3 
hr -1 . The data and results are listed in Table 11.18. The half-conver¬ 
sion space velocity (space velocity for 50 per cent conversion) is of the 
order of 100,000 hr -1 for all the catalysts. These values compare 
closely with the control sample measured at the same time. An ex¬ 
amination of the data and results in Table 11.18 indicates that the cata¬ 
lyst efficiency at a space velocity of 7500 hr -1 is slightly less than 100 
per cent. An approximate estimate is 95 to 96 for the conversion per¬ 
centage. 

Table 11.18 — Conversion Percentage of Platinum-Charcoal Catalysts* 

(Plant Catalyst Beds and Control Samples) 

Saturation temp., 48°C; Saturation temp., 77°C; 




reactor temp., 

CD 

• 

o 

in 

°C 


reactor 

temp. 

, 79.8° 

C 

KSV 

5 

10 

30 

50 

100 

5 

10 

30 

50 

100 



Material 

from 

Reactor 1 





H 2 leaving reactor, 

0.34 

0.33 

0.30 

0.27 

0.21 

0.86 

0.83 

0.66 


0.40 

mole % of HD 

0.33 

0.32 

0.30 

0.27 

0.21 

0.85 

0.81 

0.65 

0.36 

0.41 



0.32 

0.28 

0.26 

0.17 


0.81 

0.60 

0.47 

0.32 



0.33 

0.28 

0.26 

0.17 


0.81 

0.61 

0.48 

0.33 

Average 

0.33 

0.33 

0.29 

0.27 

0.19 

0.86 

0.82 

0.63 

0.50 

0.37 

Conversion, % 

100 

100 

87 

81 

55 

100 

95 

73 

58 

42 


Material 

from Reactor 1 (New Sample) 




H 2 leaving reactor, 

0.36 

0.34 

0.31 

0.27 

0.20 






mole % of HD 

0.34 

0.33 

0.31 

0.28 

0.20 








0.34 

0.29 

0.26 

0.18 








0.34 

0.29 

0.27 

0.18 






Average 

0.35 

0.34 

0.30 

0.27 

0.19 






Conversion, % 

106 

103 

90 

81 

55 








Material 

from 

Reactor 2 





H a leaving reactor, 

0.32 

0.31 

0.28 

0.24 

0.16 

0.86 

0.82 

0.69 

0.59 

0.39 

mole % of HD 

0.31 

0.31 

0.29 

0.24 

0.17 

0.85 

0.82 

0.69 

0.55 

0.39 


0.29 


0.23 

0.16 


0.86 

0.65 

0.52 

0.36 



0.31 

0.27 

0.23 

0.15 


0.83 

0.65 

0.52 

0.37 

Average 

0.32 

0.31 

0.28 

0.24 

0.16 

0.86 

0.83 

0.67 

0.56 

0.38 

Conversion, % 

97 

94 

84 

71 

46 

100 

97 

78 

63 

45 



Material 

from 

Reactor 3 





H 3 leaving reactor, 

0.33 

0.31 

0.29 

0.27 

0.20 

0.86 

0.82 

0.66 

0.55 

0.44 

mole % of HD 

0.32 

0.31 

0.29 

0.26 

0.20 

0.85 

0.83 

0.65 

0.55 

0.45 



0.28 

0.25 

0.20 


0.82 

0.65 

0.52 

0.33 



0.31 

0.28 

0.25 

0.20 


0.82 

0.63 

0.53 

0.34 

Average 

0.33 

0.31 

0.29 

0.26 

0.20 

0.86 

0.82 

0.65 

0.54 

0.39 

Conversion, % 

100 

94 

87 

78 

59 

100 

96 

75 

62 

44 
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Table 11.18 — (Continued) 


Saturation temp., 48°C; Saturation temp., 77 °C; 

reactor temp., 50.8°C reactor temp., 79.8°C 


KSV 

5 

10 

30 

50 

100 

5 

10 

30 

50 

100 



Material from Reactor 4 





Hj leaving reactor, 

0.31 


0.31 

0.30 

0.26 

0.88 

0.68 

0.83 

0.74 

0.60 

mole % of HD 

0.32 

0.31 


0.31 

0.26 

0.90 

0.89 

0.63 

0.74 

0.59 



0.31 

0.32 

0.31 

0.26 


0.85 

0.63 

0.66 

0.50 



0.32 

0.32 

0.30 

0.25 


0.85 

0.75 

0.66 

0.48 

Average 

0.32 

0.31 

0.32 

0.31 

0.26 

0.89 

0.87 

0.76 

0.70 

0.64 

Conversion, % 

97 

94 

97 

94 

78 

100 

100 

88 

81 

62 



Material from Reactor 5 





H a leaving reactor, 

0.31 

0.31 

0.30 

0.28 

0.23 

0.88 

0.86 

0.76 

0.65 

0.52 

mole % of HD 

0.30 

0.31 

0.29 

0.27 

0.23 

0.87 

0.87 

0.75 

0.64 

0.50 



0.30 

0.29 

0.26 

0.22 


0.87 

0.71 

0.61 

0.53 



0.31 

0.29 

0.26 

0.22 


0.86 

0.70 

0.61 

0.52 

Average 

0.31 

0.31 

0.29 

0.27 

0.23 

0.86 

0.87 

0.73 

0.63 

0.52 

Conversion, % 

94 

94 

87 

81 

68 

100 

100 

85 

73 

60 



Material: 

Control Sample 





leaving reactor, 

0.33 

0.33 

0.30 

0.27 

0.21 

0.88 

0.86 

0.73 

0.63 

0.58 

mole % of HD 

0.32 

0.32 

0.30 

0.27 

0.21 

0.88 

0.86 

0.74 

0.63 

0.57 



0.32 

0.30 

0.26 

0.20 


0.87 

0.74 

0.69 

0.45 



0.32 

0.30 

0.26 

0.20 


0.87 

0.74 

0.59 

0.48 

Average 

0.33 

0.32 

0.30 

0.27 

0.21 

0.88 

0.87 

0.74 

0.61 

0.51 

Conversion, % 

100 

97 

90 

81 

62 

100 

100 

86 

70 

61 

Material: Control Sample; Saturation Temp., 48.4 

®C; Reactor Temp., 

, 77.5 

°C 

H, leaving reactor, 

0.33 


0.30 

0.27 

0.21 






mole % of HD 

0.33 

0.33 

0.30 

0.27 

0.21 








0.34 

0.30 

0.27 

0.20 








0.34 

0.30 

0.26 

0.20 






Average 

0.33 

0.34 

0.30 

0.27 

0.21 






Conversion, % 

97 

100 

87 

78 

59 







in :“ 0nB - Sy* d , en ® il y» °’ 44 i volume Qi sample, 1.00 ml; composition of water 
in saturator, 3.56 mole % of HDO; composition of entering hydrogen, 0.016 mole % 

at 47 - 6 ° C ' 82 ’ 05 mm ^ -P- pressure of H°o at 
76.6 C 309 mm Hg; atmospheric pressure assumed, 760 mm Hg; equilibrium 
constant at 50.6 C, 3.19; equilibrium constant at 80°C, 2.82. 


8.5 Graphical Representation of Plant Conditions. Bubble-plate 
saturation and stripping efficiencies were measured at 47.6°C The re- 

7 e t b 1 ee 1 described Sec - *■ On the basis of these results 100 
per cent stripping and saturation efficiencies were used as bases for 

the graphical analysis. A condensed graphical representation of the 
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over-all plant conditions during the first run at 2.5°C superheat is pre¬ 
sented in Fig. 11.30. The calculations leading to the equilibrium oper¬ 
ating, and reactor lines have been described in Sec. 3.3. Since there is 
a pressure gradient throughout the tower, the slopes of these equations 
vary slightly from one bubble plate to another. The reactor and equi¬ 
librium lines are therefore groups of lines radiating from the origin 
Their slopes are given in Table 11.19. For the purposes of this solu¬ 
tion, however, an average value for the slope was taken in order to 
present a simpler graph. The error thus introduced is slight. 



Fig. 11.30—Experiment 4. Graphical analysis of plant conditions at equilibrium. Bubble- 
plate temperature, 47.6°C; reactor temperature, 50.1°C. B, bubble plate. y 3n , mole per 
cent of HD following reactor n. 


A comparison of the values obtained from the graphical solution with 
those obtained by analysis of the liquid in each of the bubble plates is 
given in Table 11.20. 

It is seen from the values listed in Table 11.20 that the correspond¬ 
ence between the graphical and experimental results is satisfactory, 
although there is an approximately 3 per cent displacement of the ex¬ 
perimental below the calculated values. This may indicate a consistent 
error in either the liquid or mass-spectrometer gas analyses. 

9. EXPERIMENT 5. EFFECT OF SUPERHEAT ON PLANT 
PERFORMANCE AT BUBBLE-PLATE TEMPERATURES 
OF 48 AND 77°C USING NICKEL CATALYST 

Platinum-charcoal catalysts were employed in all the experiments 
previously described. At the conclusion of these studies the catalyst- 
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Table 11.19—Corrections for Pressure Gradient Through Tower^t 


Bubble plate 
No. 

Total pressure, 
mm Hg 

Gauge pressure, 
mm Hg 

p./p 

H 

KH/(1 + KH) 

12 

772 

12 

0.1024 

0.1187 

0.2743 

11 

777 

17 

0.1018 

0.1180 

0.2736 

10 

781 

21 

0.1012 

0.1173 

0.2724 

9 

786 

26 

0.1006 

0.1164 

0.2710 

8 

790 

30 

0.1001 

0.1158 

0.2698 

7 

795 

35 

0.0995 

0.1150 

0.2684 

6 

799 

39 

0.0990 

0.1142 

0.2672 

5 

804 

44 

0.0985 

0.1134 

0.2657 

4 

808 

48 

0.0979 

0.1129 

0.2644 

3 

813 

53 

0.0973 

0.1121 

0.2635 

2 

817 

57 

0.0968 

0.1115 

0.2622 

1 

822 

62 

0.0963 

0.1108 

0.2610 


*Data for graphical solution (Fig. 11.30). 

tConditions: temperature of bubble plates, 47.6°C; temperature of reactors, 50.1°C; 
vapor pressure of H a O at 47.6°C, 82.05 mm Hg; vapor pressure of HDO at 47.6°C, 79.1 
mm Hg; pressure head on gas entering bubble plate 1, 35 in. of water above barometric; 
pressure head on gas entering bubble plate 12, 8.5 in. of water above barometric. 

Basis for calculations: atmospheric pressure, 760 mm Hg; equilibrium constant (K), 
3.19. 


Table 11.20—Comparison of Experimental Bubble-plate-liquid 
Concentrations with Results of Graphical Analysis* 


HDO, mole % 


Bubble plate No. 

Graphical analysis 

Experimental 

2 

2.37 

2.32 

3 

2.32 

2.22 

4 

2.02 

1.96 

5 

1.99 

1.90 

6 

1.67 

1.62 

7 

1.65 

1.62 

8 

1.39 

1.37 

9 

1.37 

1.28 

10 

1.16 

1.12 

11 

1.14 

1.09 

12 

0.97 

0.95 

♦Conditions: temperature of bubble plates, 
perature of reactors. 50.1°C. 

, 47.6°C; tem- 


reactor units were loaded with nickel catalyst (Chap. 9). The nickel 
catalyst was in the form of %- by ‘/,-in. pellets and had a half-conver¬ 
sion space velocity of 60,000 hr"*. The reactors were operated at a 
hydrogen space velocity of 7500 hr" 1 without any special reactivation 
treatment. The bubble plates were operated at 47.6 and 76.6°C in two 
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Table 11.21—Performance of Nickel Catalyst at Bubble-plate 

Temperature of 47.6°C* 


Superheat, 

Average reactor factor 

Average 

catalyst efficiency 

°C 

Nickel 

Platinum-charcoal 

Nickel 

Platinum-charcoal 

0 

1.177 

1.15-1.19 

78 

70-81.3 

1.1 

1.179 

1.174 

80 

78 

2.6 

1.210 

1.197-1.202 

90.8 

87.8-89.8 

5.6 

1.194 

1.197 

88.9 

86.9 

11.8 

1.189 

1.190 

89.9 

88.6-90.7 


♦Results compared with platinum-charcoal catalyst results in experi¬ 
ment 4. 




Fig. 11.31 — Experiments. Comparison of platinum-charcoal and nickel catalysts at 
bubble-plate temperature of 47.6°C. O, platinum-charcoal catalyst. •, nickel catalyst. 
T.E.C., theoretical equilibrium. 

separate series of runs with various degrees of superheat applied to 
the reactors. The plant was operated in the locked-in condition de¬ 
scribed above. Calculation of catalyst efficiency was made from the 
gas data using method 2 described in Sec. 3.4. The activity of the cata¬ 
lyst as a function of space velocity at several superheats was measured 
using a standard glass unit (Chap. 9). 

Results, (a) Experiments at Bubble-plate Temperature of 47 . 6 °C . 
The initial experiments using the nickel catalyst were performed at a 
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bubble-plate temperature of 47.6°C. The hydrogen entering the tower 
was almost completely stripped of its oxygen content by previous pas¬ 
sage through a catalyst-packed (platinum) tube. The results obtained 
are listed in Table 11.21 and plotted in Fig. 11.31. The data plotted in 
Fig. 11.31 were obtained by taking the average factor for the five cata¬ 
lyst beds in the tower. No apparent aging effects were observed. Oper¬ 
ation of the plant was maintained at this temperature for about 500 hr. 

An inspection of Fig. 11.31 shows that the performance of the nickel 
catalyst is at least equal to that of the platinum-charcoal catalysts 
under comparable conditions. 


Table 11.22—Performance of Nickel Catalyst at Bubble-plate 

Temperature of 76.6°C* 


Superheat, 

Average reactor factor 

Average catalyst efficiency 

°C 

Nickel 

Platinum-charcoal 

Nickel 

Platinum -charcoal 

0 

1.518 

1.29 

91.5 

54 

2.0 


1.416 


80 

2.8 

1.54 


94.8 


3.1 


1.45 


84 

5.6 

1.58 


98.5 


6.7 


1.55 


98 

7.7 

1.54 


97.1 


10.0 


1.52 


92 

23.1 

1.53 

1.49 

99.8 

90 


♦Results compared with platinum-charcoal catalyst results in experi¬ 
ment 3. 


(b) Experiments at Bubble-plate Temperature of76.6°C. Correspond¬ 
ing results at this temperature are listed in Table 11.22 and plotted in 
Fig. 11.32. 

It is apparent from an examination of Table 11.22 and Fig. 11.32 that 
larger differences exist in the behavior of the catalysts in the higher 
temperature range. The data tabulated and plotted represent averages 
obtained over the four top reactor beds. This procedure was followed 
because the platinum-catalyst tube used to eliminate the oxygen from 
the hydrogen stream entering the tower was not used. A steady de¬ 
crease in the activity of the first bed was noted after the oxygen-con- 
taming gas entered the tower. The activity of the first bed was prac¬ 
tically zero at no superheat; it rose with increasing superheat and 
reached 60 per cent conversion at 23°C superheat. 

Examination of Fig. 11.32 reveals other items of interest. There is 
a pronounced difference between the performance of the two catalysts 

W * S T rhe ^ regi ° n - At 76 ° C the nlckel cataI yst is much less 
sensmve to the effects of high relative humidity; it shows nearly equi¬ 
librium conversion over the entire superheat range studied. The con- 
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version efficiency for each catalyst type is plotted in Fig. 11.33. The 
efficiency of the nickel catalyst is higher in the higher temperature 
range. In order to determine whether the nickel catalyst showed a posi¬ 
tive temperature coefficient, a series of experiments was performed in 



0 5 10 \5 20 25 

SUPERHEAT, °C 



Fig. 11.32 — Experiment 5. Comparison of platinum-charcoal and nickel catalysts at 
bubble-plate temperatures of 76.6°C. •, platinum-charcoal catalyst. O, nickel cata¬ 
lyst. T.E.C., theoretical equilibrium. 

a separate test unit where the catalyst performance was measured as a 
function of space velocity for fixed degrees of superheat. The results 
are plotted in Fig. 11.34. The results reveal a striking increase in per¬ 
formance as the superheat increases from 3.5 to 50°C. For these 
studies a constant ratio of gas to water was maintained, and the super¬ 
heat alone was permitted to vary. This effect is different from that ob¬ 
served with the platinum catalyst, where no detectable increase in ac¬ 
tivity was observed. 
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Fig. 11.33 Experiment 5. Comparison of catalyst performance at bubble-plate tem 
peratures of O, 47.6°C; •, 76.6°C. 
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Chapter 12 


DUAL-TEMPERATURE PROCESS: MERCAPTAN-WATER, 

AMMONIA-WATER-HYDROGEN, AND 
CYCLOHEXANE-BENZENE-HYDROGEN SYSTEMS 

By Maxwell L. Eidinoff 


1. INTRODUCTION 

Three systems that were considered are mercaptan-water, ammonia- 
water-hydrogen, and cyclohexane-benzene-hydrogen. These systems are 
described in Secs. 2, 3, and 4, respectively. 

The mercaptan-water deuterium exchange was found to be sufficiently 

rapid when alkaline aqueous solutions were employed. This process 

could be operated in a liquid-liquid countercurrent manner at pressures 
close to atmospheric. 

The ammonia-water-hydrogen process required the use of catalysts 
for the hydrogen-ammonia and hydrogen-water deuterium exchanges. 
Analysis of plant conditions for the production of 1.39 lb moles of HDO 
per hour in a 3.8 mole % solution was made by Quinn. 1 

The cyclohexane-benzene-hydrogen process required the development 

o satisfactory catalysts for the hydrogenation of benzene at 150°C and 
for the high-temperature exchange and dehydrogenation. 2 

2. MERCAPTAN-WATER SYSTEM 

2.1 Introduction. At the suggestion of H. C. Urey, a limited research 

L° S hT "7 oriented toward ascertaining the feasibility of using a 
liquid-liquid countercurrent system containing water and a suitable 
mercaptan. The boiling points ofn-propyl and isopropyl mercaptan for 
example, are approximately 68 and 59°C, respectively. Therefore it 

would be possible to operate such a dual-temperature process at ores 
sures close to atmospheric. process at pres- 

Required physicochemical data were obtained by the Chemical 

RH Crist 6 777 under the dbrectorshto^of 

R. H. Crist. Exploratory engineering studies were made by the Chemical 
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Engineering Division under the directorship of H. C. Vernon. Pertinent 
results concerning deuterium exchange equilibrium constants rates of 
the exchange reactions, solubilities of water-mercaptan systems 
settling rates of water-mercaptan emulsions, and information concern¬ 
ing the corrosive action of mercaptans on construction materials are 
reported in Secs. 2.3 to 2.8. 

It was found that isopropyl mercaptan was a suitable component for 
the extraction of deuterium from water by the dual-temperature proc¬ 
ess. The separation factor for the deuterium exchange was sufficiently 
large, and its temperature coefficient was of satisfactory magnitude. 
This separation factor is defined in Sec. 1 of Appendix E as 



where D and H refer to the atom fractions of deuterium and hydrogen in 
the indicated phases, respectively. Some values are given below: 3b 


Temp., °K 

Separation factor 

273 

2.16 ± 0.05 

301 

2.00 ± 0.09 

333 

1.86 ± 0.07 

353 

1.78 ± 0.09 • 

368 

1.76 ± 0.02 


The significant observation was made that the rate of deuterium ex¬ 
change was sufficiently rapid when alkaline aqueous solutions were used. 
Therefore approach to equilibrium is half completed at room tempera¬ 
ture in about 10 sec when 0.05M sodium hydroxide or saturated lime- 
water is used. The mercaptan was found to be chemically stable and its 
physical properties suitable for the use of conventional engineering 
equipment. 3 

Exploratory studies of various plant designs were made by the Chem¬ 
ical Engineering Division in March 1943. Calculations were initiated for 
a cascade of sieve-plate extraction columns designed to produce 5 tons 
of D 2 0 per month at a concentration of 2 mole % of D 2 0. 4 

Measurement of the properties of the mercaptan-water systems was 
carried out by R. Eberts, D. Gillies, C. A. Hutchison, H. M. Kelley, A. 
M. Lyon, R. Schwartz, J. S. Smith, B. Weinstock, and H. Wettingfeld. 
H. C. Urey, F. B. Brown, and C. A. Hutchison assisted in the planning of 
the experimental program. Taking part in the preliminary engineering 
studies of this system were J. H. Chapin, A. P. Colburn, J. R. Huffman, 
G. F. Quinn, J. S. Spevack, and E. W. Thiele. 

The description in this section of the experimental mercaptan-water 
studies is based to a large extent on a report by Hutchison and Gillies. 
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2.2 Schematic Flow Process . The flow lines in Fig. 12.1 illustrate 
the operation of the mercaptan process in one stage of the over-all 
plant. 5 Feed water enters at the top of tower A, maintained at a rela¬ 
tively low temperature (e.g.,25°C). This tower is designated as the cold 
tower. The alkaline aqueous feed solution flows down through tower A 
and tower B (the hot tower, maintained, for example, at 50°C). The alka¬ 
line solution leaves the bottom of tower B and, after passing through 
heat exchanger 1, is drawn off as waste at heat exchanger 2. Liquid 



Fig. 12.1 — Schematic flow diagram of the mercaptan-water dual-temperature process. 


mercaptan entering the bottom of the hot tower flows upward through 
tower B, through heat exchanger 3, into the bottom of the cold tower, and 
upward through the latter. It is then recycled back to the bottom of the 
hot tower. The exchange of deuterium can be made more effective by a 
variety of devices. In Fig. 12.1 the countercurrent flow occurs in so- 
called “sieve-plate” towers. As indicated in the drawing, these sieve- 
plate towers contain a series of horizontal perforated plates provided 
with down pipes from one plate to another. Within the cold tower the ex¬ 
change effects a transfer of deuterium from mercaptan to the aqueous 
solution. Within the hot tower the exchange effects a deuterium transfer 
from the aqueous solution to the mercaptan. Since deuterium passes 
from the mercaptan to the solution in tower A and from the solution to 
the mercaptan in tower B, operation produces a relatively high concen¬ 
tration of deuterium at points between the two towers. A portion of the 
deuterium-rich solution is withdrawn at heat exchanger 4 and flows to 
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the top of the cold tower of the next stage (not shown in the figure) 
Solution from the bottom of the hot tower of the latter stage is returned 
to the top of the hot tower B at heat exchanger 5. 

The number of stages or pairs of exchange towers may be increased 
to furnish any desired enrichment. In order to achieve a practical deu¬ 
terium enrichment, it is desirable to maintain a relatively large tem¬ 
perature difference between the towers. Excessive vaporization of the 
reactants sets a practical limit to the hot-tower temperature. 

2.3 Equilibrium Separation Coefficients. Experimental procedures 
and results leading to values for the separation coefficients have been 
described in Chap. 7. These results are summarized below. 

For the general mercaptan-water liquid-liquid exchange, 

RDS + H 2 0 ^ HDO + RSH (1) 

the equilibrium constant K is given by 

_ (RSH) (HDO) 

(RSD) (H 2 0) 


The deuterium separation coefficient, a, was defined as 



(D/H) 


water 


(D/H) 


mercaptan 



where D and H represent the atom fractions of deuterium and hydrogen, 
respectively. 

K and a are related in any particular system studied by the relation 




1 ~ P2 

1 - 2p 2 



where p 2 is equal to the atom fraction of deuterium in the water after 
the exchange equilibrium has been reached. 

In the case of isopropyl mercaptan the variation of the equilibrium 
constant with the absolute temperature, T, was found to be 


log K = + 0.2876 



over the temperature range 0 to 95°C. 

Results using w-propyl mercaptan at 0 and 30°C in the presence of al¬ 
kali agree with those obtained for isopropyl mercaptan within the limits 
of experimental error. 


2.4 Rate of Exchange of Deuterium Between Mercaptans and Water in 
Alkaline Mediums, (a) Shaking Experiments. Preliminary experiments 
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indicated that the rates of deuterium exchange between water and ethyl 
or benzyl mercaptans were probably too small for application in the 
dual- temperature process. The half life of the exchange was greater 
than 1 min. The presence of alkali in the water used for equilibration 
with the mercaptans was found to increase the rate of exchange mark¬ 
edly. 3 

(1) Apparatus and Procedure . The mercaptan was weighed into a 50- 
ml conical separatory funnel into which the aqueous alkaline solution 
was measured from a calibrated pipet. The funnel was vigorously 
shaken by hand for a predetermined interval. After the system had 
settled out into two phases, the water layer was drained off, purified, 
and analyzed for deuterium. Although the intervals varied, their order 
of magnitude was 

Pipet delivery time, 21 to 23 sec 
Funnel upright, stationary, 5 to 20 sec 
Shaking time, 0.5 sec 
Settling time, 10 to 15 sec 
Funnel upright, stationary, 5 to 25 sec 
Draining time, 15 to 30 sec 

(2) Experimental Results. The data have been expressed in terms of 
F, the percentage of the deuterium exchange completed after time t. F 
was defined as 

F =( x - 100 (5) 

where N refers to the atom fraction of deuterium in the water phase and 
the subscripts indicate the time. The mole fraction at infinite time was 
computed using the separation coefficients referred to above. 

The experimental results are listed in Table 12.1. The symbol r re¬ 
fers to the ratio of moles of water to moles of mercaptan. 

The percentage of deuterium exchange, F, is plotted as a function of 
time in Fig. 12.2. The deviations of asymptotes from 100 indicate ex¬ 
perimental error. It is observed that the half life of the exchange reac¬ 
tion is about 10 sec in the presence of 0.05M sodium hydroxide. This 
rate was considered sufficiently large for the utilization of sieve-plate 
columns or mechanical agitators in large-scale process development. 

The decrease in the rate at a lower temperature was also determined 
since in the application of the dual-temperature process one section of 
the equilibration apparatus must operate at as low a temperature as 
possible. At 0°C the exchange is half completed between 30 and 60 sec. 
This rate is sufficiently large for process development purposes. 3 

(b) Exchange Rates Using Drops of Isopropyl Mercaptan . Rate-of-ex- 
change measurements were also carried out under conditions simulating 
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those in a sieve-plate column. Droplets of the mercaptan were allowed 

to rise through different heights of water containing 3 at. % of deute¬ 
rium. 

(1 ) Apparatus and Procedure. The apparatus is shown in Fig. 12.3. 
With the stopcock closed a measured volume of limewater was intro- 

Table 12.1 —Rates of Exchange of Deuterium Between Water and Isopropyl Mercaptan 

When the Two Liquids Are Shaken Together 


Water phase 

3% deuterium in 
0.25M NaOH 


3% deuterium in 
0.098M NaOH 


3% deuterium in 
0.053M NaOH 


3% deuterium in 
limewater saturated at 
room temperature 

3% deuterium in 

limewater saturated at 
room temperature 


Time of 
shaking, 

Temp., 


sec 

°C 

r 

10 

28.0 

0.659 

30 

26.5 

0.639 

60 

28.0 

0.640 

360 

28.0 

0.639 

10 

26.5 

0.625 

30 

25.0 

0.647 

60 

26.8 

0.653 

360 

26.0 

0.682 

10 

28.6 

0.650 

30 

25.0 

0.617 

60 

28.7 

0.622 

60 

29.0 

0.672 

360 

28.6 

0.623 

10 

26.5 

0.635 

30 

25.0 

0.682 

60 

26.5 

0.629 

240 

26.5 

0.638 

10 

0.0 

0.625 

30 

0.0 

0.611 

60 

0.0 

0.622 

240 

0.0 

0.631 


N 0 

N, 

F 

0.0326 

0.0253 

81.1 


0.0243 

90.2 


0.0232 

102.2 


0.0236 

97.8 

0.0330 

0.0264 

69.4 


0.0243 

94.6 


0.0236 

103.3 


0.0238 

104.5 

0.0328 

0.0271 

63.6 


0.0248 

85.1 


0.0236 

97.8 


0.0242 

96.6 


0.0234 

100.0 

0.0327 

0.0286 

44.1 


0.0258 

78.4 


0.0238 

95.7 


0.0238 

96.7 

0.0333 

0.0310 

25.9 


0.0293 

43.9 


0.0280 

58.9 


0.0248 

95.5 


duced through B. It was found that no water ran through the small hole 
at C into the air space above the stopcock. Mercaptan was poured into A 
until its level was somewhat higher than that of the water. The entire 
tube below C could be filled with mercaptan by carefully opening the 
stopcock. The height of the water column above C was measured. The 
experiment was begun by opening the stopcock at a recorded time and 
adjusting the mercaptan level and stopcock aperture to give the desired 
rate of formation of mercaptan bubbles at C. This rate was checked at 
intervals throughout the experiment with a stop watch. The mercaptan 
level was maintained constant by addition from a funnel suspended above 
A. The graduated cylinder was used to receive the mercaptan from the 
overflow tube so that the course of the experiment could be followed by 
noting the volume of mercaptan which had passed through the system. At 
the end of the experiment the stopcock was closed at a recorded time. 
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The small amount of mercaptan in the tube above the water was pipetted 
off, combined with that in the cylinder, and weighed. The water was 
pipetted out, purified, and analyzed for deuterium (Sec. 2.9f). 

(2) Results and Calculations. F values were computed from analysis 
of the water phase only. F was defined in Eq. 5. In this case N 0 was the 
atom fraction of deuterium in the water before passage of the mer- 



fi 8 «J : ^ 2 ^„ EXChan P ° f deuterium between isopropyl mercaptan and water. o f 28°C 

Ijl'®.?' 28 C °- 25N NaOH - •> 28 ° c °- 05N NaOH. S, 28°C limewater (saturated 
at za C). ®, 0 C limewater (saturated at 25°C). 


captan, and N t was the atom fraction of deuterium after passage of the 
mercaptan. N. was computed for the case in which all the water would 
he eqmUhrated with all the mercaptan that was used in an experiment. 

The F values, therefore, have significance mainly for the case where 
the change of deuterium concentration in the water is very small and 
the conditions are about constant throughout the experiment. However 
these experiments give qualitative information on the efficiency of a 
sieve plate for promoting this exchange. The data obtained are sum- 

waTer to 12 ' 2 ' The SymbQl F refers to the ratio of mole8 of 

c f,T rca , ptan; / refers to the height ° f 016 «*«• 

in Fig. 12.3, and n refers to the number of bubbles per second. 

° f Water - Merca P*™ Emulsions. Inasmuch as me- 
hanical agitators were considered in process design exploratorv 

“ep a aratioTo n f tS th Wer h e made / n order to determine the Ume retired for 
separation of the phases after mixing. 8 



322 


PRODUCTION OF HEAVY WATER 


In one series of experiments 50 ml of isopropyl mercaptan and 50 ml 
of water were vigorously shaken together inlOO-ml graduated cylinders. 
The time required for either the upper or the lower boundary to move 
between two graduation marks was determined after shaking had been 
discontinued. The water-CCl 4 and water-ether systems were measured 

Table 12.2 — Rates of Exchange of Deuterium Between Water and Isopropyl Mercaptan 

When Droplets of Mercaptan Are Passed Through the Water 






Hole 



Bubble 


Temp., 




diameter, 

l, 


diameter, 


°C 

r 

N 0 

N, 

cm 

cm 

n/sec 

cm 

F 

25.8 

0.646 

0.0331 

0.0309 

0.170 

6.05 

0.20 

0.6 

23.9 

25.5 

0.538 

0.0331 

0.0321 

0.170 

6.05 

1.68 

0.57 

9.5 

23.2 

0.601 

0.0331 

0.0316 

0.084 

6.40 

1.7 

0.41 

15.5 

24.8 

0.567 

0.0331 

0.0313 

0.170 

6.20 

1.0 

0.49 

17.8 

20.5 

0.618 

0.0330 

0.0319 

0.170 

12.70 

1.72 

0.58 

10.8 

24.2 

0.602 

0.0330 

0.0320 

0.170 

12.40 

3.97 

0.61 

10.3 

24.6 

0.396 

0.0330 

0.0320 

0.170 

3.75 

1.72 

0.58 

7.6 


under similar conditions for purposes of comparison. Results obtained 
by this procedure are summarized in Table 12.3. 

Another series of experiments was carried out in sealed ampoules. 
After the tube had come to temperature equilibrium in a thermostatted 
bath, it was removed, and two or three determinations of the settling 
rate were made as rapidly as possible. The results are summarized in 
Table 12.4. 


It is observed from Table 12.3 that settling times for the water-mer¬ 
captan system were approximately three times as long as those for the 
water-CC1 4 or water-ether systems. Addition of alkali decreases the 
settling time. It was concluded that settling rates were sufficiently large 
to permit the use of isopropyl mercaptan in the dual-temperature proc¬ 


ess. 


3b 


2.6 Solubilities of Mercaptan-Water Systems. The mutual solu¬ 
bilities were measured in order to appraise the practicality of designs 
for large-scale deuterium extraction. In general, a large solubility 
would complicate the problem of efficiently stripping and recovering the 
mercaptan from the water. The solubility of isopropyl mercaptan in 
water was determined by agitating the mixture and iodimetrically de¬ 
termining the mercaptan in the water (Table 12.5). The solubility of 
water in isopropyl mercaptan was determined by adding water to the 
mercaptan until the formation of a second phase was observed (Table 
12 . 6 ). 

2.7 Hydrolysis of Alkaline Solutions of Mercaptans. It was demon¬ 
strated in Sec. 2.4 that the use of aqueous alkaline solutions increased 
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the deuterium exchange rates. The hydrolysis rates of alkaline solu¬ 
tions of isopropyl mercaptan were studied in order to make certain that 
these rates would not be prohibitive. 

(a) Experimental Procedure . Mercaptan and an excess of 1M NaOH 
solution were weighed into a round flask with a long narrow neck. The 
flask was chilled in a dry-ice bath, and the neck was sealed off. After 



MERCAPTAN 


Fig. 12.3 Apparatus for measurement of deuterium exchange rate of mercaptan drop 
lets with water. 


allowing the solution to stand for a measured time in a thermostat, the 
flask was opened, the contents were washed into a 100-ml volumetric 
flask, and the volume was adjusted to the mark with distilled water. 
Aliquot portions of this solution were analyzed for mercaptan and for 
HjS by the method of Shaw.* 

To determine H 2 S and RSH combined, a 10-ml aliquot was pipettedin- 
to a Shaw sulfide flask (see Fig. 12.4) which contained 30 ml of 10 per 
cent cadmium chloride solution and 4 ml of IN sodium carbonate solu- 
tlon The flask was evacuated with a water aspirator, and 10 ml (an ex- 

stoniLr C r nC ated , h y <lrochloric acid was added through the grooved 
stopper. A measured excess of standard iodine solution was added in 

the same way and washed down with distilled water. After the flask had 
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•Further addition of finely divided solid FeS to this system appeared to prevent formation of the fine suspension. 
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Table 12.4 — Settling Rates in Sealed Tubes 


System 

Temp., 

•c 

Inside 

diameter of 
tube, cm 

Vertical height 
of a section 
containing 1 ml, 

cm 

Rate of fall of upper boundary 
from 7.0- to 2.0-cm mark 
above equilibrium liquid-liquid 
boundary, cm/sec 

25 ml of Isopropyl 

0 

1.70 

0.40 

0.83 ♦ 0.04 

mercaptan ♦ 25 ml of 

21 

1.78 

0.40 

0.71 ♦ 0.03 

saturated llmewater* 

50 

1.78 

0.40 

0.94 t 0.08 

15 ml of isopropyl 

0 

1.30 

0.75 

1.04 t 0.04 

mercaptan + 15 ml of 
saturated llmewater 
Llmewater saturated at 25*C 

21 

1.30 

0.75 

1.11 ♦ 0.02 

Llmewater saturated at 25"C 

50 

1.30 

0.75 

1.39 t 0.03 


"Llmewater saturated at 25*C. 


Table 12.5—Solubility of Isopropyl Mercaptan In Aqueous Mediums 


Medium 

0°C 

28.0*C 

60.4"C 

80.4°C 

Pure water: 

G/100 g of solution 

0.420 t 0.007 


0.348 ± 0.001 

0.28 ± 0.02 

Moles/1000 g of solution 

No. of determinations 

0.044 t 0.001 

2 


0.0457 t 0.0001 

0.037 ± 0.003 
2 

0.25M NaOH; 

G/100 g of solution 
Moles/1000 g of solution 

No. of determinations 

2.12 ± 0.02 
0.279 ± 0.004 

8 

2.02 ♦ 0.04 
0.265 ± 0.005 

2 



0.049M NaOH: 

G/100 g of solution 

0.87 ± 0.02 

0.748 ± 0.001 

0.655 ♦ 0.006 


Moles/1000 g of solution 

0.115 t 0.003 

0.0982 ± 0.0001 

0.0860 t 0.0008 


No. of determinations 

2 

2 

2 


Llmewater saturated at 25®C: 

G/100 g of solution 

0.659 ♦ 0.003 

0.565 ± 0.008 

0.56 


Moles/1000 g of solution 

0.0865 1 0.003 

0.0742 i 0.0011 

0.074 


No. of determinations 

2 

2 

1 



Table 12.6—Solubility of Water In Isopropyl Mercaptan 


G/100 g of mercaptan 


Temp., °C 

Pure water 

Saturated llmewater 

0.0 

0.16-0.23 

<0.09 

25 

0.09-0.18 

0.14-0.27 

0.09-0.12 

40 


<0.26* 


•Probably much less. 


been vigorously shaken, air was admitted, the stopper was removed, and 
£>int XCeSS WaS Utrat6d With standard thiosulfate to a starch end 

To determine H 2 S alone, another 10-ml aliquot was added tn tho 
mium chloride—sodium carbonate *1**.*^ 
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acid to make the solution barely acid to methyl orange was then ad¬ 
mitted. At this pH, RSH is liberated from cadmium mercaptide, but 
cadmium sulfide is stable. The solution was filtered through a Gooch 
crucible, and the asbestos mat containing the cadmium sulfide was 
transferred to another flask. The flask was evacuated, and 10 ml of con¬ 
centrated hydrochloric acid was added, followed by enough distilled 
water to give a volume of 50 ml. The flask was shaken to ensure de¬ 
composition of the sulfide and, after the addition of standard iodine solu¬ 
tion, was shaken again. The excess iodine was then titrated with stand¬ 
ard thiosulfate. 

In order to test the sensitivity of the method for detecting small 
amounts of H 2 S in the presence of RSH, solutions containing known 
amounts of sodium sulfide and sodium mercaptide were analyzed for 
the two constituents. These solutions were prepared by mixing an iodi- 
metrically standardized solution of sodium sulfide with a gravimetri- 
cally prepared solution of mercaptan in 1M sodium hydroxide. The sen¬ 
sitivity test results are given below. 


Weight taken, g Weight found, g 


n-Propyl 

mercaptan 

h 2 s 

w-Propyl 

mercaptan 

H 2 S 

0.781 

0.0108 

0.777 

0.0104 

0.820 

0.0104 

0.825 

0.01104 

0.820 

0.0104 

0.832 

0.0113 

0.969 

0.0061 

0.972 

0.0052 


(b) Hydrolysis Results. It is seen from a consideration of Table 12.7 
that hydrolysis does not occur to any appreciable extent. 

2.8 Corrosive Action of Mercaptans on Some Construction Materials. 
Liquid-phase corrosion tests in alkali —isopropyl mercaptan mixtures 
were made on mild steel and cast iron at room temperature and 100°C 
in the absence of oxygen. No corrosion was detected at room tempera¬ 
ture. At 100°C corrosion occurred only in the mercaptan phase. Mild 
steel in contact with only the alkali phase of a 0.1M sodium hydroxide — 
isopropyl mercaptan mixture was practically unaffected after 212 hr at 
100°C. Cast iron was also practically unaffected in this medium after 67 
hr. Corrosion was found to be slower when the aqueous phase was sat¬ 
urated limewater than when it was 0.1M sodium hydroxide. 

Ammonia, aniline, quinoline, and ethanolamine were tried as inhibi¬ 
tors. None were successful. 

(a) Experimental Procedure. The following procedure was used in 
these experiments. 3 Equal volumes of oxygen-free mercaptan and alkali 
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solution were added to a 12-mm pyrex-glass tube that had been swept 
out with nitrogen gas. The metal sample strip, which had previously 
been cleaned with fine polishing paper, washed in acetone, dried, and 
weighed, was then introduced into an atmosphere of nitrogen. The tube 



Table 12.7—Summary of Hydrolysis Experiments 


Experiment 

No. 

Temp., 

°C 

Time, 

hr 

Weight taken, g 

n-Propyl 

mercaptan 1M NaOH 

Weight of 
n-propyl 
mercaptan 
found, g 

A 

50 

1 

0.706 (iso) 

18.101 

0.680 (iso) 

B 

50 

1 

1.0203 

22.196 

1.039 

C 

50 

1 

0.944 

21.436 

0.957 

D 

60 

3 

1.629 

22.743 

1.632 

E 

100 

7V4 

2.959 

(25 ml) 

2.896 

F* 

100 

30 

1.959 

(25 ml) 

1.991 


*0.454 g of carbon steel was added; 0.450 g was found after 30 hr. 


~ !“ d> T " itr0gen Was COmpletely o»t. and the tube 

was sealed off under vacuum. The reagents were frozen in dry ice dur- 

686 ope f ations > 016 lner t eas trapped in the solid being removed bv 
melting and freezing twice. Approximately equal areaToftte meS 
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strip were exposed to each liquid phase. No metal was exposed to the 
vapor phase. 

After the tube had been heated at 100°C for a measured time, it was 
opened, the metal strip was weighed, and the amount of iron in the liquid 
was determined by the micromethod of Edmonds and Birnbaum. 7 Prior 
to analysis the mercaptan was removed by evaporation of the acidified 
mixture. The precision of this determination was found to be ±0.02 mg. 

(b) Calculations and Results. The apparent depth of corrosion was 
calculated in the following way, the corrosion being ascribed to two 
processes: 

1. “Flaking’' or “solution” of iron (possibly acid corrosion) 

Fe + 2H + — Fe ++ + H 2 
For this process 



where = depth of corrosion in centimeters 

d = density of the steel or iron sample in grams per cubic 
centimeter 

A = corrosion area in square centimeters 
Amj = weight of iron “dissolved” from sample in grams 

2. Mercaptide formation 

Fe + 2C 3 H 7 SH = Fe(C 3 H 7 S) 2 + H 2 
For this process 

_ 55.8Am 2 _ 0.272Am 2 / 7 \ 

“ 205.8Ad Ad ' 

where D 2 = depth of corrosion in centimeters 

A = corrosion area in square centimeters 
d = density of iron 

Am 2 = change in weight of sample due to mercaptide formation 
The over-all corrosion depth is then given by 

D = Dj + D 2 = -^r (Am! + 0.272Am 2 ) ( 8 ) 

AQ 

where Amj = weight of iron found in “solution” 

Am 2 = (final weight of sample + Amj) minus (initial weight of 

sample) 

Corrosion rates calculated on this basis are given in Table 12.8. 
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In the experiments described above oxygen was carefully excluded 
from the system. If oxygen is present, the corrosion is much more 
serious. Under these conditions corrosion begins at once in the mer¬ 
captan and vapor phases even at room temperature and after sometime 
is also observed in the alkali phase. 

Pertinent information concerning the corrosive action of mercaptans 
on steel was obtained from the Atlantic Refining Co. of Philadelphia. 
For some time this company had in operation a plant for the removal of 


Table 12.8—Corrosion Rates In Isopropyl Mercaptan-Alkali Mixtures at 100°C 


Corrosion 




Time, 

Am,, 

Am,, 

Area, 

D, 

rate, 

Material 

Aqueous phase 

hr 

8 

g 

cm 1 

cm 

In./month 

Mild steel 

0.1N NaOH 

12 


0 

1.80 





12 


1 x 10 -* 

2.41 

1.4 x 10-* 

3.3 x 10*» 



41 


0 

2.02 





41 


-2 x 10“ 4 

2.36 

1.1 x lO -4 

1.9 x 10- 4 



116.5 


-1.6 x 10'* 

3.97 

5.1 x 10“* 

3.3 x 10" 4 



116.5 


-1.3 x 10-* 

4.20 

3.9 x lO -4 

2.4 x 10- 4 



212 

3.5 x 10'* 

0.67 x lO* 1 

4.56 

1.05 x 10“ 4 

1.4 x 10" 4 



212 

3.05 x 10'* 

0.95 x 10-* 

4.42 

0.96 x 10" 4 

1.3 x 10- 4 

Mild steel 

0.1N NaOH, 

75.7 


-2 x 10 -* 

3.06 

0.8 x 10”* 

2.7 x 10-* 


0.5% aniline 

75.7 


-8 x l0-« 

1.70 

6.0 x 10"» 

1.9 x 10"» 



173 

2.77 x 10-» 

0.47 x 10-* 

3.50 

1.06 x 10 ~ 4 

1.7 x 10" 4 



173 

3.15 x 10"* 

0.45 x 10- s 

4.61 

0.91 x 10 -4 

1.5 x 10- 4 

Mild steel 

Saturated 

47.8 


3 x 10" 4 

1.79 

5.8 x 10** 

2.9 x 10- 4 


Ca(OH) t 

47.8 


7 x lO* 4 

1.12 

2.2 x 10-* 

1.1 x 10~* 



149 

0.04 x 10° 

0.54 x 10-» 

1.95 

0.12 x 10" 4 

0.24 x 10- 4 



149 

0.04 x 10'* 

0.44 x 10° 

1.76 

0.12 x lO" 4 

0.22 x 10" 4 

Cast iron 

0.1N NaOH 

67 

0.06 x 10-* 

0.46 x lO -3 

2.84 

0.085 x 10" 4 

0.36 x 10" 4 



67 

0.07 x 10•* 

0.57 x 10“» 

3.16 

0.093 x 10" 4 

0.39 x 10 -4 


ethyl mercaptan from certain petroleum fractions. An alkali extraction 
process was employed. The mercaptan was stripped from the alkali by 
boiling in a packed column and the alkali thereby reclaimed. The condi¬ 
tions in this plant were therefore very similar to those that would be 
encountered if isopropyl mercaptan were employed in the presence of 
alkali in the dual-temperature process for concentrating deuterium. 

The Atlantic Refining Co. found that mild steel was satisfactory for 
handling alkaline mercaptan solutions at temperatures up to 120°C ex¬ 
cept under the following three conditions: (1) where a stream of liquid 
impinges against the steel at high velocity, (2) where boiling occurs at 
the surface of the steel, and (3) where there are strains in the steel such 
as might occur at welds. 

A black film that evidently serves as a protective coating was always 
found on the metal surface. 

2.9 Auxiliary Experimental Details . (a) Materials. (1) Aqueous 

Mediums. The water used was taken from two different stocks of im¬ 
pure material containing about 6.6 mole % of HDO. Samples were dis- 
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tilled from alkaline permanganate as required. The distillates were 
neutral to litmus paper. 

Sodium hydroxide solutions were prepared from these distilled waters 
by dissolving Baker and Adamson reagent sodium hydroxide pellets. 
These solutions were titrated with standard hydrochloric acid using 
phenolphthalein indicator. 

Table 12.9 — Properties of Isopropyl Mercaptan Samples 



Purity by 

Density at 
25.3°C, 

Boiling point, at 
atmospheric 

Description of material 

iodine titration, % 

g/cc 

pressure, °C 

Literature (Ref. 8) 

99.9 

0.8081 

52.3-52.5 

Eastman Kodak reagent, 

Several lots were used without analysis 

code 2071, unpurified 

Eastman Kodak reagent, 

93.1 ± 0.1 

0.8257 


code 2071, unpurified 
Eastman Kodak reagent, 

98.3 ± 0.2 

0.8264* 

0.8090 


code 2071, unpurified 

Eastman Kodak reagent, 


0.8087 

52.1-54.9 

code 2071, fractionated 
Eastman Kodak reagent, 


0.8090* 

0.8094 

51.8-53.1 

code 2071, fractionated 

Eastman Kodak reagent, 

99.5 ± 0.3 

0.8094 

52.1-54.6 

code 2071, purified 

Reclaimed material 

98.8 ± 0.2 

0.8093 

52.4-53.2 

Reclaimed material 

99.4 ± 0.2* 

0.8089* 

52.0-54.0 

Combined reclaimed and 

99.0 ± 0.0 

0.8087 


fractionated material 


♦These values were obtained for samples after drying over Drierite. 


Saturated limewaters were made by shaking the distilled water with 
an excess of finely powdered CaOand filtering off the undissolved solid. 
The lime was an Eimer and Amend analyzed product (from marble) 
which had been ignited at red heat for half an hour and cooled in a 
desiccator. 

(2) Mercaptans. Ethyl mercaptan was a Mallinckrodt reagent product. 
n -Propyl mercaptan was an Eastman Kodak reagent, catalog No. 1535. 
Benzyl mercaptan and thiophenol were also Eastman reagents, catalog 
Nos. 1509 and 1535, respectively. These three mercaptans were used 
without further purification. 

The various samples of isopropyl mercaptan are listed in Table 12.9. 
Samples labeled fractionated, purified, and reclaimed in Table 12.9 were 
obtained as follows: 

Fractionated material was distilled through a fractionating column 
containing a section, 12 by s / 4 in., packed with glass helices. 
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Purified material was purified by a modification of the procedure de¬ 
scribed by Ellis and Reid. 8 Two hundred and fifty milliliters of iso¬ 
propyl mercaptan was dissolved in 600 ml of 20 per cent sodium hy¬ 
droxide solution cooled in an ice bath. The solution was extracted with 
75 ml of benzene. The water layer was steam distilled until 25 to 40 ml 
of distillate had come over, at which stage the residue was clear. The 
residue was cooled in an ice bath and slowly acidified with 20 per cent 
sulfuric acid. The mercaptan layer was separated, dried over Drierite, 
and fractionated. 

Reclaimed material consisted of isopropyl mercaptan which had been 
previously equilibrated with deuterium-enriched water. To restore the 
normal deuterium content, the mercaptan was shaken for 15 min with an 
equal or greater volume of normal distilled water, and the layers were 
separated. This process was repeated a total of four times, after which 
the mercaptan was fractionated. A 40-ml sample was equilibrated with 
5 ml of normal distilled water to test the reclaimed mercaptan for deu¬ 
terium content. The resulting water layer upon analysis by the falling- 
drop method proved in every case to have a normal deuterium concen¬ 
tration within the error of the analytical method. 

(3) Other Reagents . Sodium thiosulfate and 0.1N iodine solutions 
were prepared according to the directions of Kolthoff and Sandell 9 from 
resublimed iodine and C.P. (analyzed) sodium thiosulfate and potassium 
iodide. The water used in the thiosulfate solutions was freshly boiled. 

Iodine solutions were standardized against potassium dichromate 
(Eimer and Amend reagent), which was recrystallized twice from water 
and dried at 150°C, or against National Bureau of Standards arsenious 
oxide. 

Cadmium chloride, sodium carbonate, and hydrochloric acid were 
C.P. (analyzed) reagents. 

(4) Reagents Used in Purifying Water Samples Prior to Isotopic 
Analysis . Potassium permanganate, chromic acid, cadmium chloride, 
and mercuric chloride were C.P. (analyzed) reagents. Mercuric chlo¬ 
ride and cadmium chloride were dried at 100°C before use. 

Metallic sodium was Eimer and Amend reagent stored in sealed metal 

cans. This sodium was melted and drawn by suction into thin glass 
capillary tubes. 

(b) lodimetric Determination of Isopropyl Mercaptan . The method 
was that of Kimball, Kramer, and Reid. 10 The mercaptan sample was 
weighed in a sealed thin glass bulb. The bulb was then broken beneath 
the surface of a measured excess of standard iodine solution contained 
in a 250-ml iodine flask. After the mixture had been vigorously shaken 
for at least 5 min, the excess iodine was titrated with standard thiosul- 
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fate to a sharp starch end point. The purity of the mercaptan was calcu 
lated on the basis of the reaction 


2C 3 H 7 SH + I 2 = (C 3 H 7 ) 2 S 2 + 2 HI 


Each value given in Table 12.9 represents the mean of at least three 
determinations together with the average deviation from the mean. 

(c) Densities of Isopropyl Mercaptan Samples. A 50-ml specific- 
gravity bottle with a ground-glass thermometer plug and a 2-in. cap¬ 
illary neck (0.7-mm bore) fitted with a ground-glass cap was calibrated 
with distilled water and used to measure the densities of mercaptan 
samples. The filled bottle was always allowed to stand in a thermostat 
at 25.3 ± 0.1°C for at least 20 min before adjusting the volume. Weigh¬ 
ings were made on an analytical balance to ±1 mg. The average devia¬ 
tion from the mean of five determinations of the volume of the pycnom¬ 
eter, using distilled water, was 0.002 ml. The average deviation from 
the mean of two or more determinations of the density of the same mer¬ 
captan sample was never greater than 0.0001 density unit. 

(d) Temperature Control . Thermometers used in thermostats and in 
distillations were calibrated at the ice point and the steam point and 
were compared at 25.41°C with a Leeds and Northrup platinum resist¬ 
ance thermometer. Corrections based on these points were applied. 

All exchange equilibrium, solubility, and hydrolysis experiments were 
carried out in a water thermostat equipped with mercury regulator and 
sensitive relay. The temperature was read to 0.1°C on a 110-degree 
thermometer. The regulation was constant to within the reading error 
of the thermometer except at 80 and 95°C, where there was a fluctuation 
of ±0.3°C. For experiments at 0°C an ice-water bath was used, the tem¬ 
perature of which was checked at 0°C. 

Rates of exchange were, except for experiments at 0°C, measured at 
room temperature. The temperature recorded is the temperature of the 
mercaptan after separation of layers, as read on a 110-degree ther¬ 
mometer. 

(e) Purification of Water Samples Prior to Isotopic Analyses. In the 
routine procedure for the isotopic analysis of water by the falling-drop 
technique (National Nuclear Energy Series, Division HI, Volume 4A, 
Chap. 5), all samples were first run through a catalytic furnace designed 
to oxidize completely all organic material. Since it was undesirable to 
put sulfur-containing samples through these furnaces and since the oxi¬ 
dation of a substantial amount of organic matter would effectively dilute 
the sample, it was necessary to remove the mercaptan dissolved in the 
waters from our exchange experiments before submitting them for rou¬ 
tine analysis. Several methods and combinations of methods were tried, 
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such as oxidation with chromic acid, precipitation with cadmium chlo¬ 
ride, and freezing the sample and pumping off the mercaptan, but the 
procedure finally adopted and used for all samples reported in this 
chapter was as follows: 

For samples containing no alkali, mercuric chloride (dried at 100 to 
110°C)was added in small portions to the water layer, which was shaken 
and warmed gently until the white precipitate of mercuric mercaptide 
coagulated to give a clear supernatant liquid. The water was then fil¬ 
tered through paper into a small flask equipped with a condenser that 
could be tilted either for reflux or distillation. Pieces of glass capillary 
containing sodium were added until the solution was faintly alkaline; at 
this stage a permanent yellow precipitate of basic mercury compound 
was formed. Then, a few small crystals of potassium permanganate 
were added, the solution was refluxed for about 5 min, and it was dis¬ 
tilled. 

Water of known deuterium concentration, saturated with mercaptan, 
underwent no change in deuterium content within the experimental error 
upon being given this treatment. 

(f) Isotopic Analyses. During the three-month period over which the 
equilibrium and rate-of-exchange experiments extended, it became ap¬ 
parent that the isotopic analyses obtained by the falling-drop technique 
were probably inconsistent by amounts greater than 1 per cent, which 
is the accuracy claimed for the method. That is, although duplicate 
analyses run at the same time checked to better than 1 per cent, analy¬ 
ses of the same sample made at different times showed considerably 
greater deviations. In Fig. 12.5 isotopic analyses of the starting waters 
used in these experiments have been plotted against the date on which 
the analyses were made. Since these waters all came from the same 
container of impure concentrate, each sample being independently puri¬ 
fied by distillation from alkaline permanganate, the analyses should 
presumably be identical. 

The graph indicates that analyses made in the middle interval ran 
generally lower than analyses made before and after that interval. It 
was also found that there were inconsistencies among the several cali¬ 
brations of the falling-drop instrument made during this period, and 
attempts were made to correct the data to a uniform basis. However, 
no basis for correction could be found which was not open to serious 
question. Therefore no correction was applied. 

3. AMMONIA-WATER-HYDROGEN SYSTEM 

3.1 Introduction . The ammonia-water-hydrogen system is an ex¬ 
ample of a three-component process. Flow lines and introductory engi¬ 
neering analysis for this process are described below. Three exchange 
reactions involving deuterium take place in distinct portions of such a 
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plant, namely, those involving ammonia-water, ammonia-hydrogen, and 
water-hydrogen. In practice, ammonia and hydrogen circulate through 
exchange towers as indicated below. Raw-water feed is introduced to a 
first stage, and deuterium-enriched water is transferred to a second 
stage for further concentration while deuterium-poor water leaves the 
plant as waste. The deuterium exchange equilibrium constants for the 
above reactions at various temperatures have been given in the National 
Nuclear Energy Series, Division HI, Volume 4A, Chap. 2. 



DATE SAMPLE WAS ANALYZED 

Fig. 12.5 — Check on isotopic analyses, x, each point a distinct sample. O, different 
analyses of the same sample. A, different analyses of the same sample. □, different 
analyses of the same sample. 

The engineering development of this process as described below was 
limited to preliminary consideration of plant conditions and analysis. 
These were carried out by the Chemical Engineering Division at Co¬ 
lumbia University, directed by H. C. Vernon. The ammonia-water-hy¬ 
drogen system was initiated and first considered by Spevack. 11,12 Fur¬ 
ther extensive design calculations were made by Chapin, Quinn, and 
Reynolds. 13 The major portion of this section is based upon a prelimi¬ 
nary plant analysis by Quinn. 1 

3.2 Flow Lines. Figure 12.6 illustrates process flow lines for this 
system. Three towers are used. Ammonia circulates in towers 1 and 
2. Hydrogen circulates in towers 2 and 3. Feed water enters at the top 
of tower 1, flows to the bottom of tower 1 countercurrent to the am¬ 
monia, enters the top of tower 3, flows down column 3 countercurrent 
to the hydrogen, and leaves the bottom of this tower with a deuterium 




DUAL-TEMPERATURE PROCESS 


335 


content poorer than at the start. As a result deuterium is concentrated 
in the water between towers 1 and 3, where it may be withdrawn as 
product and transferred to a subsequent stage. As a result of the deu¬ 
terium exchange reactions outlined below, the feed water becomes en- 


FEED WATER NH 3 H 2 



Fig. 12.6 Simplified flow sheet for the ammonia-water-hydrogen exchange system. 

riched in deuterium by exchange with the ammonia in tower 1 and is 
stripped of deuterium by exchange with hydrogen in tower 3. The deu¬ 
terium-poor NHj, entering tower 2 from the top, strips deuterium from 
the deuterium-rich hydrogen, entering tower 2 from the bottom, and 
serves to transfer the deuterium to the bottom of tower 1. In tower 1 
gaseous ammonia flows countercurrent to liquid water. In tower 2 liq¬ 
uid ammonia flows countercurrent to gaseous hydrogen. In tower 3 liq¬ 
uid water flows countercurrent to gaseous hydrogen. 1 Provision for 
catalytic exchange is provided in towers 2 and 3. 
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3.3 Estimation of Maximum Fraction of Deuterium Recovered . The 
maximum fraction of deuterium that can be extracted may be calculated 
under ideal conditions in which equilibrium is assumed at tower ends 
and deuterium concentrations are very small. 

In tower 1 the exchange reaction may be written 

NH 3 (gas) + HDO(liq) ^ NH 2 D(gas) + H 2 0(liq) 
for which the equilibrium constant in terms of mole fractions is 
K _ (NH 2 D) gas (H 2 Q)iiq 

e (NH 3 )ga S (HDO)ii q (9) 

The ammonia stream leaves tower 1 in equilibrium with the entering 
feed water, the deuterium content of which is Xf. Since the mole frac¬ 
tions of NH 3 and H z O in their respective streams are essentially 1, the 
mole fraction of NH 2 D in this stream is K e xf. 

The ammonia effluent from tower 1 flows down tower 2, meeting a 
rising stream of hydrogen gas. The exchange reaction in this tower 
may be written 


NH 3 (liq) + HD (gas) ^ NH 2 D(liq) + H 2 (gas) 
for which the equilibrium constant K c is 


_ (NH;D) lia (H;) gas 
c (NH,);" (HD)g as 



Assuming equilibrium at the top of tower 1, the exit HD concentration 
is related to the feed-water concentration as follows: 


(HD)gas = f (NH 2 D) liq 

«-c 




The water leaving tower 3 is stripped of HDO by this deuterium-poor 
hydrogen stream entering at the bottom. The exchange reaction is 


H 2 0(liq) + HD (gas) ^ HDO(liq) + H 2 (gas) 


for which the equilibrium constant is 


= (HDO)ijq (H 2 ) g as 
(H 2 0)i iq (HD)gas 


(12) 
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Therefore 


(HDO)liq — Kjj(HD)gas ~ 


KhKeXf 

K c 




This concentration may be called x w , the waste-water concentration. 
The maximum fraction of deuterium recoverable is therefore 




Thus the latter fraction will vary with the tower temperatures chosen. 
Since all three equilibrium constants decrease with increasing tem¬ 
perature, the temperatures in towers 1 and 3 should be as high as fea¬ 
sible and the temperature in tower 2 as low as feasible in order to ob¬ 
tain a large deuterium recovery. 

In the selection of tower temperatures it is, of course, necessary to 
consider reaction rates and mechanisms in addition to equilibrium 
values. The ammonia-water exchange in tower 1 takes place in the liq¬ 
uid phase between water and dissolved ammonia. It may be considered 
a rapidly occurring ionic reaction that does not require a catalyst. The 
tower construction may thus be a bubble-plate or packed column of 
conventional design. The ammonia-hydrogen exchange occurs in the 
gas phase in the presence of a catalyst. The minimum temperature for 
effective operation is about 50°C. Since the vapors ascending the tower 
are subjected to alternate catalysis and absorption, the tower must con¬ 
sist of a series of sections in each of which the gas flows consecutively 
through a bed of catalyst for the gas-phase catalytic reaction and then 
through a series of bubble plates for the gas-liquid absorption reaction. 
The water-hydrogen exchange also takes place in the presence of a 
catalyst. The construction of the column is therefore similar to that 
described for the ammonia-hydrogen reaction. 

The cold-tower temperature must be kept above a minimum value in 

order to achieve a satisfactory reaction rate. Temperatures in the 

o her towers should be high in order to achieve maximum deuterium 
recovery, as has been noted. 

1 XT- t0 the tOWerS required for the exchange reactions (Fig. 

. ” there must be means of separating the components at the tower 

erminals. Figure 12.7 illustrates a more detailed flow sheet for the 

ammonia-water-hydrogen system. The ammonia-water exchange tower 

or equilibrator (tower 1) is provided with a rectification section. The 

o er towers are provided with condensers. An ammonia scrubber using 

the water feed to the system is included in order to remove uncondensed 
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ammonia from the hydrogen stream. The bottom of the hot tower con¬ 
tains a boiler that serves to humidify the incoming hydrogen. At the 
bottom of the cold tower is a boiler that serves to saturate the incoming 
hydrogen with ammonia. 



Fig. 12.7—Flow sheet for the ammonia-water-hydrogen exchange system. 


Figure 12.7 shows streams going to, and returning from, a second 
stage of this three-component system. Waste from a second stage is 
added at the top of tower 3, the hot tower. When the feed composition 
and deuterium recovery percentage are fixed, the number of stages re¬ 
quired to produce a given quantity of product of definite concentration 
depends on the concentration increase per stage. The use of additional 
stages has several advantages. Equipment is smaller in the first stage 
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since only a part of the deuterium enrichment is effected here. The 
equipment size decreases rapidly in the succeeding stages. Stream 
sizes decrease at a rate that is inversely proportional to the concen¬ 
tration increase per stage. Thus, for a given recovery percentage and 
for a concentration increase factor of 5 per stage, the stream sizes in 
the second stage are only one-fifth as large as those in the first. Opti¬ 
mum ratios exist for both the moles of ammonia and the moles of hy¬ 
drogen recycled per mole of water. 

3.4 Calculation of Tower Conditions, (a) Cold Tower. The opera¬ 
tion of the ammonia-hydrogen exchange (cold) tower consists essentially 
in a series of two consecutive approaches to different equilibriums 
under different conditions. Vapor containing H 2 , HD, NH 3 , and NH 2 D is 
passed through a catalyst bed, where it approaches equilibrium with 
respect to the deuterium exchange reaction. The equilibrium constant 
favors the formation of NH 2 D. The exit vapors contain more NH 2 D and 
less HD than the entering gas. These vapors, rich in NH 2 D, are stripped 
of this component by contact with the liquid ammonia that flows down 
the column. This is carried out in a given number of bubble-cap plates. 
The vapors leaving this section approach equilibrium with the entering 
liquid and therefore enter the next catalyst bed in a deuterium-poor 
condition and become deuterium-enriched again. A section of the tower 
therefore consists of one catalyst bed and a number of bubble plates. 

The chief variables to be fixed are the temperature and humidity. 
For reasons given above, the temperature should be as low as efficient 
catalyst operation will permit. 

An expression for the catalyst equilibrium line may be derived using 
the following nomenclature (molecular formulas are used below to indi¬ 
cate components; the use of molecular weights would result in ambi¬ 
guity for the case of H 2 0 and NH 2 D): 

N d = net flow of gram-atomic weights of deuterium out of column per 
unit time 

L = total moles of liquid flow per unit time 
G = total moles of gas flow per unit time 
x = mole fraction of component in liquid 
y — mole fraction of component in vapor 
H = humidity (moles of NH 3 per mole of H 2 in the vapor) 

“ yNH 3 /yH 2 

K - equilibrium constant for the gaseous exchange reaction 
= (y NH 2 D> (y H2 )/(y N H 3 ) ^hd) 

It is assumed that equilibrium is established over the catalyst bed. It 
is further assumed that the amounts of HD and NH 2 D are so small that 
e concentration of light hydrogen is essentially constant. Taking a 
deuterium material balance through a section of the column 
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No = Lxnh 2 D - G(y H D + yNH 2 D> 
From the definition of H 




(YnH2d) 

(yhd) (H) 



Eliminating y HD , using Eqs. 15 and 16, and solving for y NH2D , 

KH /L N n \ 

y NH 2 D - 1 + KH \G X NH 2 D - -q) 



For a given set of conditions Eq. 17 represents a straight line on a 

VnHoD vs - x nh 2 d & ra P h - 

The second equilibrium line consists of the y-x relation for NH 2 D 
with respect to the vapor-pressure equilibrium. 

Defining the relative volatility of 2 as 


_ PNH 2 D _ yNH 2 D XNH 3 
012 P NH 3 yNH s x NH 2 D 



and using the definition of H above together with the assumption that 
X NH ~ the following straight-line equation results: 

3 


H 

yNH 2 D “ lT~H 012 X NH 2 D 



The operating line for the liquid-gas exchange of NH 2 D is not one 
continuous line throughout the column but is different for each section, 
although the slopes of all such lines are equal. The equation 


L Nd 

Yhd + yNH 2 D “ g Xnh 2 d G 



applied to the plates between catalyst beds takes the form 

yNH 2 D = 5 X NH 2 D - - ykD (21) 

where y^ D refers to the gas that left the previous catalyst bed and does 

not change throughout the absorption section. 

For the given streams and concentrations at the ends of the tower, a 
selected temperature and humidity, a given percentage approach to 
equilibrium in the catalyst bed, and a given number of plates of a se- 
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lected Murphree efficiency between catalysts, the number of required 
sections in the tower can be calculated or determined graphically. 

(b) Equilibrator Tower. Since the equilibrator is located between the 
stripping and rectification sections in the ammonia-water exchange 
tower, the deuterium exchange can take place at any point or over any 
range of ammonia concentrations in the liquid. However, because of 
the high relative volatility of NH 3 to H 2 0, large changes in the liquid 
concentration occur with only a few plates. Therefore the equilibrator 
must operate at a point of equilibrium with respect to ammonia and 
water to ensure sufficient plates for the deuterium exchange. This per¬ 
mits the selection of the optimum ammonia concentration and tempera¬ 
ture for equilibrator operation. 

The assumption is made that no deuterium exchange takes place on 
the plates above and below the equilibration section. That is, the mole 
ratio of NH 2 D to NH 3 in each phase at the top of the equilibrator is 
equal to that ratio in the distillate from the column. Similarly, the mole 
ratios of HDO to H z O at that point and in the feed water are equal. At 
the bottom of the equilibrator these ratios equal the corresponding ones 
in the inlet ammonia stream and in the exit water stream, respectively. 
When the NH 3 concentration at which the equilibrator will operate has 
been selected, equilibrium data give the humidity, solubility, and tem¬ 
perature, which will all be constant throughout that section. These fig¬ 
ures, together with the compositions and quantities of the four streams 
entering or leaving the column, allow calculation of the operating-line 
or material-balance relation for the deuterium exchange. This may be 
formulated or plotted in terms of the following two variables: Y, the 
sum of the mole fractions of deuterium-containing compounds (HDO and 
NH 2 D) in the vapor (yHDO + Ynh 2 d) and X, the sum of the mole fractions 
of deuterium-containing compounds (HDO and NH 2 D) in the liquid (x hdo + 

x nh 2 d). 

The equation or plotted line showing the equilibrium relation for the 
deuterium exchange may be formulated in terms of X and Y and is a 
function of the humidity, solubility, and equilibrium constant for the 
exchange reaction. 

The nomenclature (constant temperature and total pressure) used 
here is as follows: 

y = mole fraction of compound in vapor 

x = mole fraction of compound in liquid 

Y = yHDO + yfJHjD 

X - x HDO + x NHjD 

H = humidity = yj^o /y NH 

S = solubility = x NHj /x H20 

P - vapor pressure of the pure component 

p = partial pressure of the component 
= relative volatility (HD0/H 2 0) 



342 


PRODUCTION OF HEAVY WATER 


a = Phdq = Phdq x h 2 o _ Yhdo x h 2 o 
p h 2 o p h 2 o x hdo Yh 2 o x hdo 

ol 2 = relative volatility (NH 2 D/NH 3 ) 

a 2 = Pnh 2 d _ YNH 2 d x NH 3 

p nh 3 Ynh 3 x NH 2 D 
K = equilibrium constant 

K = ^NH ? D) (Y H 2 q) 

(Ynh 3 ) (Yhdo) 

y = slope of equilibrium line = Y/X 
The derivation is as follows: 


L Ynh 2 d \ 

y _ Y _ Ynh 2 d + Yhdo = yHDQ \ y HDO / 
x x nh 2 d + x hdo XRDO /! + x nh 2 d \ 

V x HDO/ 

However, by definition of a i9 

yHDo _ ai yn 2 o 

x HDO XH z O 

Neglecting yHDO and Ynh 2 D in comparison to y N n 3 and y Hz o 

_ Yh 2 Q _ H 

yHz ° ' y H2 o + y nh 3 _ h +1 

and neglecting x HD q and x^H^in comparison to x NHj and x Hz 

_ x H 2 Q _ 1 

Xh 2° “ Xh 2 o + X NH J " 1 + s 

Therefore substituting Eqs. 27 and 28 into Eq. 26 


YHDO _ 
x HDO 


H(S + 1) 
(H+l) 


Now by definition of K and of H, 
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yNH 2 p _ K yNH s _ K 
yHDO y Hz O H 



Also 


x nh 2 d _ x nh 2 d x h 2 o x nh 3 

x HDO x NH 3 x HDO x H 2 0 



Substituting for these terms in order. 


I a , 2&0 S (32) 

x HDO yNH 3 a 2 yHDO 
and introducing the equilibrium constant K, 


———^ = — SK 
x HDO 012 

Substituting Eqs. 29, 30, and 33 into Eq. 25, 



Y H(S + 1) (l + §) 

X ' a '( H + l)(l + |i SK ) 



(S + 1) (H + K) 

( H + 1) (l + §jSK) 



y therefore is constant throughout the equilibrator. 

The number of theoretical plates for the required transfer of deu¬ 
terium from NH 2 D to HDO may then be determined either graphically 
or by calculation. 


(c ) Hot Tower. The water-hydrogen exchange tower is similar in 
construction to the cold tower. It consists of a series of sections, each 
containing a catalyst bed and several plates for liquid-gas contact. In 
the cold tower the variation of the humidity causes a variation of the 
total pressure because the temperature is fixed. In the hot tower the 
total pressure is fixed. The temperature is determined by a selection 
of the humidity. Another difference between cold-tower and hot-tower 
operation lies in the position of the two equilibrium lines. Since the hot 

tower strips HDO from the liquid, the vapor-liquid equilibrium line will 
be above the catalyst equilibrium line. 

The equations for the equilibrium and operating lines are derived 
and the calculation of the required number of sections is made in a 

manner similar to that given in Sec. 3.4a with the exception that dif¬ 
ferent components are involved. 
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The general material-balance equation is 


L N D 

y HD + y HDO = q x HDO “ -Q- 



where y = mole fraction of component in the vapor 
x = mole fraction of component in the liquid 
,L = moles of liquid flowing down the tower per unit time 
G = moles of gas rising through the tower per unit time 
N d = net flow of deuterium down the tower in gram-atomic weights 


per unit time 


Assuming equilibrium conversion over the catalyst, the catalyst line is 


KH /L N d \ 

y HDO “ 1 + KH \G Xhd O G / 



where K, the equilibrium constant for the exchange reaction, is defined 
as 


( y HDC>) ( y H 2 ) 
= _£_ 

( y H 2 0 ) ( y HD) 

and 




y H 2 0 

^7 


The liquid-vapor equilibrium line may be obtained from the expres¬ 
sion for the relative volatility, 


P HDO y HDO x H 2 0 

1 p h 2 o y h 2 o x hdo 

Taking x Hz0 as essentially 1 and neglecting y^ and y HDO 

H 

y HDO ” a l iTu Xhdo 




3.5 Results of Plant Calculations . An analysis of plant conditions 
for the ammonia-water-hydrogen dual-temperature process was made 
by Quinn. 1 Both graphical and analytical solutions were obtained for 
the various portions of the plant. Reference 1 should be consulted for 
the calculation details. Some results of the calculations are reported 
in this section. 

(a) Basis for Full-scale Operation . Starting with ordinary water, it 
was planned to produce 1.388 lb moles of HDO per hour in a 3.8 mole % 
solution. Thirty-two per cent recovery was assumed, and the operation 
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was to be carried out in three stages. Optimum flow rates were based 
on calculations by Mayer. 14 The basis for plant operations included the 
following: 

(Moles of NH 3 recycled)/(moles of feed H z O) = 0.617 

(Moles of H 2 recycled)/(moles of feed H z O) = 2.5 

Mole fraction of HDO in feed water = 0.000286 

Mole fraction of HDO in product stream = 0.00146 

Mole fraction of HDO in waste water = 0.000195 

Mole fraction of HDO in H 2 0 stream into hot tower = 0.00139 

Mole fraction of NH 2 D in NH S stream into cold tower = 0.000466 

Mole fraction of HD in H 2 stream into hot tower = 0.000095 

(b) Conditions of Operation . The operating temperatures and pres¬ 
sures are chiefly affected by the limitation that the temperature in the 
NH S -H 2 exchange (cold) tower should not be less than 50°C for efficient 
catalyst operation. This temperature, together with the humidity (de¬ 
fined in Sec. 3.4a) in this tower, fixes the total pressure of the system. 
Using a percentage recovery of 32, a fivefold concentration increase 
per stage, and the optimum rates of flow and approaches to equilibrium 
for these conditions, calculations were made of the number of sections 
(each consisting of a catalyst bed with a catalyst efficiency of 75 per 
cent and six plates of 50 per cent efficiency) required in the NH 3 -H 2 ex¬ 
change tower for different humidities and total pressures. It was con¬ 
cluded from the results that a humidity of 1 to 1 requiring 44 such sec¬ 
tions appeared to be the most reasonable point of operation, thereby 
setting the pressure of the system at 40 atm. Higher humidities in¬ 
creased the number of sections and the tower diameter, and lower hu¬ 
midities caused considerable pressure increases. 

For a total pressure of 40 atm, the number of theoretical plates 
necessary for the required exchange in the equilibrator (NH 3 -H 2 0 ex¬ 
change) tower was calculated as the temperature (or ammonia con¬ 
centration) was varied. The number of theoretical plates passed through 

a minimum value of 97 at a 30 per cent ammonia concentration in the 
liquid. 

At the same total pressure the number of sections (each consisting 
of one catalyst bed and six plates of 50 per cent efficiency) necessary 
or the required transfer in the H 2 -H 2 0 exchange tower was calculated 
for different humidities in that tower. A humidity here of 1 to 1 re¬ 
quiring 26 sections appeared to be a reasonable point of operation since 
lower humidities required a considerably larger number of sections, 
whereas higher humidities caused increases in the tower diameter, in 
e heating and condenser requirements, and in the temperature. 

• The distillation sections in the NH 3 -H 2 0 tower required 13 additional 

eoretical plates, whereas the ammonia scrubber operated at 60°C re¬ 
quired 15 plates of 50 per cent efficiency. 
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(c) Data Used in Calculations. (1) Ammonia-Water System. Vapor- 
liquid equilibriums were obtained by extrapolation of data furnished by 
Jennings and Shannon. 15 

Enthalpy-concentration data for the NH 3 -H 2 0 system were obtained 
from the text by Keenan and Keyes 16 and from Perry’s handbook. 17 

(2) Reaction Equilibrium Data. Equilibrium constants for the three 
deuterium exchange reactions were obtained from the calculations of 
Kimball and Stockmayer. 18 * 19 These calculations, together with subse¬ 
quent determinations, are discussed in the National Nuclear Energy 
Series, Division in, Volume 4A, Chap. 2. 

The results of Bates, Halford, and Anderson 20 were used to obtain 
data on the relative volatility of HDO to H 2 0. The relative volatility 
data for NH 2 D-NH 3 were obtained from the thesis of Kirshenbaum. 21 

The solubility of H 2 in liquid NH 3 was assumed negligible. The solu¬ 
bility of H 2 in H z O was neglected in the calculations since the mole 
fractions involved would not exceed a few ten-thousandths. However, 
the small amount of dissolved gas should be stripped out at the bottom 
of the hot tower in order to avoid loss of this component. 


4. CYCLOHEXANE-BENZENE-HYDROGEN SYSTEM 

4.1 Introduction. Exchange results reported in the literature have 
shown that hydrogen interacts with hydrocarbons in the presence of a 
catalyst according to the general equation 


RH + HD — RD + H 2 

where R designates a hydrocarbon radical. 22 In the case of benzene 
these reactions occur with a half period of exchange of the order of 
minutes over platinum-black and nickel foil, even at 19°C. Cyclohexane 
has been investigated between 15 and 98°C in the presence of platinized 
platinum foil. Half periods of exchange ranging from 51 hr to 9 min 
were reported. 

The equilibrium conditions of the reaction 


C 6 H 6 + 3H 2 — C 6 H 12 

change rapidly from hydrogenation to dehydrogenation over the tem¬ 
perature interval of 100 to 300°C. The fractionation factor 



(P/H) be nzene 

(P/H) hydrogen 
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in the hydrogen-benzene equilibrium is 1.35 to 1.30 in the interval 300 
to 350°C. The equilibrium constant for the reaction 

C 6 H i2 + HD ^ C 6 H u D + H 2 

was found to be approximately 2.3, 2.5, and 3.0 at 184, 157, and 100°C, 
respectively. 23 The above data led to the conception of a process in¬ 
volving the use of a high-temperature and low-temperature exchange 
column coupled with dehydrogenation of cyclohexane at the high tem¬ 
perature and synthesis of cyclohexane from benzene and hydrogen at 
the low temperature. The low-temperature exchange and the cyclohex¬ 
ane synthesis may be conducted in the temperature interval of 100 to 
150°C. The high-temperature exchange plus dehydrogenation unit may 
be operated at temperatures greater than 300°C. 

The experimental measurements on this system and calculation of 
deuterium-enrichment factors under given starting conditions were 
made by Joris in connection with the Princeton University group under 
the leadership of Taylor. 23 Exploratory plant calculations were made 
by the Chemical Engineering Division of the Columbia University Proj¬ 
ect, H. C. Vernon, Director. 

4.2 Flow Lines. A schematic flow diagram for the first set of towers 
in a multistage process is shown in Fig. 12.8. 23 * 24 The towers A and B 
represent the cold and hot exchange towers, respectively. Feed hydro¬ 
gen containing a natural abundance of deuterium enters the bottom of 
tower C at 1 and flows up through this tower, enters the bottom of tower 
B at 2, flows up through this tower, flows upward through the hydro- 
genator tower A, and leaves the stage at 3. Liquid cyclohexane leaves 
the hydrogenator tower A at 4, flows downward through tower B counter- 
current to the ascending hydrogen, and enters the high-temperature 
tower C at 5. Inside the latter tower the cyclohexane flows counter- 
current to the ascending hydrogen and is decomposed into benzene and 
hydrogen. Liquid benzene leaves the bottom of tower C at 6, is pumped 
to the top of the hydrogenator A, and reacts with the ascending hydrogen 
to form liquid cyclohexane, which leaves the hydrogenator at 4. In this 
manner the circulation cycle of the liquid hydrocarbons is completed. 

The descending cyclohexane strips deuterium from deuterium-rich 
hydrogen in tower B. In tower C the ascending hydrogen strips deute¬ 
rium from the cyclohexane. As a result of these deuterium exchanges, 
cyclohexane containing the highest deuterium concentration is present 
in region 5 between towers B and C. Similarly hydrogen containing the 
highest deuterium concentration is present in region 2 between these 
towers. This deuterium-rich hydrogen may be withdrawn at 2 and trans¬ 
ferred at 7 to the bottom of the hot tower of the next stage. The deute- 
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h 2 waste 



Fig. 12.8 Simplified flow sheet for the cyclohexane-hydrogen-benzene process. 


rium-poor hydrogen leaving the top of the hydrogenator of the next 
stage may be introduced into the bottom of tower C at 1. 

The process described above is operated at pressures that will main¬ 
tain the hydrocarbon constituents in the liquid state. Some catalysts 
that may be suitable for this process are mentioned in Sec. 4.4. 

4.3 Fractionation Factor for Cyclohexane-Hydrogen Exchange. The 
exchange equilibrium was measured by Joris 23 at Princeton University 
for the gas reaction 
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C 6 H 12 + HD ^ C 6 H u D + H 2 

and the results were expressed in terms of the fractionation factor, a. 
This factor was defined as 



(D/H)hydrocarbon 
(D/H) hydrogen 


The measurements were made in order to make possible an appraisal 
of the deuterium separating efficiency of this process and should be 
considered as preliminary results. 

(a) Procedure. Equilibrium measurements were made at 110, 157, 
and 184°C, using platinum-charcoal catalysts with varying ratios of hy¬ 
drogen to cyclohexane. The catalysts contained 0.5 to 2.5 g of platinum 
per 100 ml of charcoal. Hydrogen of definite HD concentration was ob¬ 
tained by saturating electrolytic tank hydrogen with deuterium-enriched 
water (3.8 mole % of HDO) at controlled temperatures and passing the 
water vapor-hydrogen mixture over a platinum-charcoal catalyst at 
velocities always low enough to provide equilibrium conditions in the 
reaction 


HDO + H 2 = H z O + HD 

The deuterium-enriched hydrogen was then dried and passed through a 
cyclohexane saturator at a controlled temperature to give a definite 
ratio of C 6 H 12 to H 2 . The gas mixture was passed at slow speeds over a 
platinum-charcoal catalyst maintained at constant temperature in a 
vapor bath. The exit gas was freed from cyclohexane by passage through 
a trap containing solid C0 2 and thence to a sampling tube for analysis. 
Mass-spectrometer measurement of the deuterium content of the inlet 
hydrogen and the exit gas, together with a knowledge of the ratio of the 
cyclohexane to the hydrogen used, permitted an evaluation of the equi¬ 
librium conditions in the exchange system; Ratios of the vapor to the 

hydrogen varying from 1 to 1 to 1 to 6 were studied at the three tem¬ 
peratures. 

(b) Results. The data at 184°C were considered most reliable. Re¬ 
sults at this temperature are listed in Table 12.10. 

At the two lower temperatures, 157 and 110°C, the values of a fell 
steadily from upper limits at the beginning of the passage of vapor-hy¬ 
drogen mixtures to much lower values. The exchange-reaction catalyst 
appeared to be progressively poisoned with time. The effect was more 
pronounced when mixtures with low hydrogen content were employed. 
This would suggest that the cyclohexane was acting as a self-poison for 
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the reaction. There is also the possibility that benzene formed by de¬ 
hydrogenation of cyclohexane becomes irreversibly adsorbed on the 
centers responsible for the exchange at these temperatures and pro¬ 
gressively reduces exchange efficiency. Therefore it is possible at 
present to give only approximate values for the exchange equilibriums 
at the two lower temperatures. At 110°C, a appears to be approximately 
3.0. Three measurements with C 6 H I2 /H 2 = 1/3.1 gave 3.04, 2.87, and 
3.24. With a ratio of C 6 H 12 to 4.9H 2 , an initial value of a = 2.83 was ob- 

Table 12.10 — Exchange Equilibrium, 

C 8 H 12 + HD = C e H u D + H 2 , at 184°C 


c 8 h 12 /h 2 

or 

Mean or 

1/5.9 

2.31 

2.38 


2.52 



2.31 


1/4.9 

2.20 

2.23 


2.25 


1/3.1 

2.37 

2.37 

1/1.32 

2.25 

2.30 


2.34 



•Average mean a = 2.32 ± 0.06. 


tained, but, with passage of this gas mixture over the catalyst, the ob¬ 
served a fell to 1.45 and 1.04 after 4 and 5.5 hr, respectively, of ex¬ 
change reaction. At 157°C the fall in observed a with time of passage 
was not so severe as at 110°Cbut quite definitely occurred when obser¬ 
vations were extended over several hours. From the initial conversions 
with 1C 6 H 12 to 3H 2 , an a not less than 2.5 is indicated at 157°C. 

4.4 Fractionation Factor in Dehydrogenation of Cyclohexane. The 
dehydrogenation equation is 

CgHia ~- CgHg + 3H 2 

Because of difficulties in determining the exact deuterium concentration 
of deuterocyclohexanes, the distribution of deuterium in the catalytic 
decomposition of cyclohexane was determined by an indirect method 
which yielded the requisite information. The distribution of deuterium 
between hydrogen and benzene was directly determined on platinum- 
charcoal catalysts in the temperature range 300 to 350°C, where the 
dehydrogenation of cyclohexane is normally achieved. The technique 
used was exactly that used in Sec. 4.3 for the determination of deute¬ 
rium distribution in the cyclohexane-hydrogen system. Deuterium-en¬ 
riched hydrogen prepared as described above was passed through a 
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benzene saturator maintained at such a temperature as to yield a ratio 
of lCgHg to 3H 2 , and the resultant mixture was passed at slow speeds 
over the platinum-charcoal catalyst. The exit hydrogen was freed from 
its vapor content and analyzed for deuterium. A measure of the distri¬ 
bution ratio was obtained by using the latter results together with the 
concentration of deuterium in the inlet gas. Typical data at various 
temperatures, speeds of flow, and ratios of benzene to hydrogen are 
shown in Table 12.11. 


Table 12.11 — Distribution Ratio in 



C 6 H, + HD = C 8 H s D + H a 


c 8 h,/h 2 

Temp., °C a 

Mean a 

1/1.22 

310 1.42 

1.44 

1.47 

1.44 

1/3 

300 1.30 

1.33 

1.40 

1.34 

1/3 

350 1.34 

1.31 

1.25 

1.30 


A higher weight was attached to the measurements with the ratio 

C 6 Hg/H 2 = 1/3. Hence the fractionation factor a, which is defined as 

(*V®0benzene /(D/H)hydrogen» was taken to be 1.35 to 1.30 in the inter¬ 
val from 300 to 350°C. 

The possibility of side reactions in the catalytic dehydrogenation of 
cyclohexane would decrease the efficiency of a plant in which this proc¬ 
ess is utilized. Jarkowa and Frost 25 report that in the presence of pal¬ 
ladium-black the transformation of cyclohexane goes uniquely to ben¬ 
zene without formation of methane. Juliard, 26 in a study of the promoter 
action of oxides on nickel catalysts, found that Ni-ZnO preparations 
containing from 2 to 79 per cent ZnOgave negligible quantities of meth¬ 
ane at 300°C. With Ni-MnO, there were small but definite amounts of 
methane, whereas, with Ni-BeO, Ni-Al 2 0 3 , Ni-Qr 2 0 3 , Ni-Th0 2 , and Ni- 

Ce0 2 , there were always considerable amounts of methane simultane¬ 
ously produced. 

The hydrogen produced by passage of cyclohexane containing some 
deuterium over platinum-charcoal at 300°C has been examined in the 
course of the experiments described above for methane content bv 
comparing the 16-mass peak with the 3-mass peak. In a single experi¬ 
ment where the 3-mass peak was less than 2 parts per 1000, the 16- 
mass peak was even smaller, indicating low conversion to methane 

Catalysts Intended for use in the cyclohexane-benzene-hydrogen 

P «T S L Sh0Uld be teSt6d t0 ensure that very llme “ethane will be 
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4.5 Summary of Preliminary Engineering Analysis. Plant calcula¬ 
tion results by the Chemical Engineering Division at Columbia were 
summarized by Chapin. 2 The source of deuterium was considered tobe 
hydrogen having an H/D concentration equal to 7000. Three stages were 
considered, each producing a 5.1-fold concentration (133-fold over-all). 
Five tons per month production of heavy water as a 1.9 mole % of deu¬ 
terium solution was assumed. The operating pressure was approxi¬ 
mately 15 atm. Operating temperatures for the cold and hot exchangers 
were 150 and 300°C, respectively. Three gas-phase contactors were 
used in series with appropriate heat exchangers for the high-tempera¬ 
ture exchange and dehydrogenation. 

The magnitude of the flow quantities is as follows: 

Hydrogen to be treated, 3.7 x 10 6 cu ft/hr 
Benzene circulating, 330,000 pph 
Process stream (150 lb/sq in.), 130,000 pph 
Heat-exchange area, 250,000 sq ft 

A means of supplying the heat of dehydrogenation of the cyclohexane at 
300°C was required. It was assumed that a Dowtherm boiler operating 
at 135 lb/sq in. gauge would be used; Dowtherm, 1,700,000 pph, would 
be vaporized and condensed. 

An extensive study of catalysts and operating conditions appeared to 
be necessary before an accurate evaluation of this process could be 
made. In view of the relatively large hydrogen supply required, the 
necessity of using large Dowtherm or mercury boilers, and the com¬ 
parative complexity of the process, investigation of this process was 
discontinued in January 1943. 2 
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Appendix A 


ELECTROLYTIC PROCESS 
By George F. Quinn 


One of the simpler well-known techniques for concentrating deuteri¬ 
um is electrolysis of water; i.e., when water consisting of H 2 0 and HDO 
is partially electrolyzed to H 2 and HD, isotopic assay shows that the H 2 
is preferentially stripped from the water and that therefore the residu¬ 
al water has been enriched in deuterium. Since separation is by no 
means complete and since some of the waters electrolyzed in a con¬ 
centration plant will be appreciably enriched, a step supplementary to 
the electrolysis by which deuterium in the hydrogen gas stream can be 
recovered is required. Such a step is realized in the Barr tower, in 
which, by countercurrent flow of the hydrogen gas stream from the cell 
and the liquid-water feed to the cell, the effluent hydrogen gas can be 
made to approach isotopic equilibrium with the feed water. Since the 
equilibrium condition favors the concentration of deuterium in the 
water, the waste hydrogen from the system can be stripped to a deu¬ 
terium content less than that in the natural-water feed to the system, 
resulting in a buildup of deuterium within the system or permitting the 
withdrawal of water enriched in deuterium. 

The Barr tower serves, then, as a scrubber of the heavy component. 
Its operation requires a suitable catalyst for the isotopic-exchange 
reaction. The gas stream rising through the tower is successively 
scrubbed by the liquid (to transfer HDO to the liquid phase) to approach 
physical equilibrium and is passed through a catalyst bed (to convert 
HD to HDO) to approach isotopic equilibrium. The latter reaction is 


HD + H 2 0 ^ HDO + H 2 

As noted above, if there is no product withdrawal, the concentration 
of deuterium within the system increases. However, as this concentra¬ 
tion increases in a fixed plant, the rate of increase steadily decreases, 
ultimately producing a steady-state value determined by the size of the 
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equipment and the conditions of operation. Increasing the size of the 
plant permits higher enrichment similar to the enrichment obtained in 
a fractionation column as the number of trays is increased at total re¬ 
flux. If enriched material is withdrawn as product, its purity will like¬ 
wise depend on the size of plant and on the operating conditions. As in 
a fractionating column the product purity is somewhat less than the 
total reflux purity. 

To obtain appreciable enrichments, a cascade of stages is used 
rather than a single stage. A stage is considered to consist of electro¬ 
lytic cells and exchange towers all operating at the same concentra¬ 
tions. Also the size of the stages in the cascade successively de¬ 
creases. The reason for this decrease in size as stages of higher 
concentration are reached is based on considerations of the transport 
potentialities of the plant. The maximum amount of desirable material 
which can be transported through a given element is the product of the 
flow through the element times the maximum concentration difference 
between the two phases which can be obtained. In a cascade where the 
flow is constant, the maximum transport is much greater at the rich 
end than at the lean end. Consequently the transport potentialities of 
the rich end of the cascade are being inefficiently utilized. This condi¬ 
tion is remedied by decreasing the flow as the concentration increases. 
Ideally, this would be done continuously; practically, it is done in a 
step-by-step fashion with higher efficiencies being attained as the num¬ 
ber of steps is increased. Letting the transport in each tower be a con¬ 
stant fraction of the maximum transport, it is ensured that every por¬ 
tion of the cascade bears an equal burden. If the flow in each stage is 
one-fifth of the flow in the preceding stage, then the fractionation fac¬ 
tor of each stage must be 5. Decreasing the size of stages is also 
advantageous in decreasing the holdup of the desired component or de¬ 
creasing the time required to reach steady-state operation. 

This process of isotope separation was put into industrial application 
at the Cominco plant at Trail, B. C. Work on this process at the Co¬ 
lumbia University laboratories (SAM) included calculations on the ex¬ 
pected performance of the plant at Trail, 1 as well as some theoretical 
studies on the design of cascades utilizing the principle of this proc¬ 
ess. 2 ' 3 


1. GENERAL DESCRIPTION OF THE TRAIL PLANT 

The Trail plant is intended to concentrate D 2 0 from the natural abun¬ 
dance of 1 part in 7000 to approximately 1 part in 57. At these low con¬ 
centrations the deuterium exists chiefly as HDO rather than as D z O. 
Expressed as mole fraction of HDO, the intended entrance and exit 
concentrations are, respectively, 0.000286 and 0.035. The expected 
production is 2000 lb of water containing 3.5 per cent HDO per day. 
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The apparatus, as designed for installation, consists of four stages. 
The flow sheet is shown in Fig. 1. Each stage contains an exchange 
tower and a group of electrolytic cells. The main flow of water is from 
the first to the fourth stage, and it decreases in passing through the 
stages. The main flow of gas is from the fourth to the first stage, and 
it increases in passing from the fourth to the first stage. 



Fig. 1 General flow sheet for electrolyte concentration. E, exchange tower H H 
cooler. K, KOH cell. N, NaOH cell. O, O a cooler. S, O a scrubber. * 2 


The operation of the third stage will be taken as typical and will be 
escribed in detail. The liquid flowing into the exchange tower is ob- 
Wined from the condensation of the water vapor in the oxygen and hy- 
rogen coolers in the previous stage. This water, relatively lean in 

down the exchange tower and is enriched by the absorption 
tm ~°. gas ‘ The con centrated water leaving the bottom of the 

evlnorltin JO* electrolytic ceU for fu *ther concentration and 
evaporatmn mto the oxygen and hydrogen process streams. The hydro- 

g n stream from the cell is sent to a cooler, and the condensate is re- 
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turned to the cell or taken as forward feed to the next exchange tower. 
The hydrogen stream containing H 2 , HD, H z O, and HDO is combined 
with the gases from the fourth stage and enters the bottom of the ex¬ 
change tower. The exchange tower is composed of six plates in the 
bottom surmounted by thirteen sections, each section being composed 
of a catalyst bed and two bubble plates. As much HDO is stripped from 


BUBBLE PLATES 



Fig. 2 — Diagram of a typical section. 


the gas as is possible in the six-plate section, and the gaseous mixture 
is passed over the catalyst to convert the HD into HDO. Because of the 
somewhat unfavorable equilibrium constant for this reaction, it is es¬ 
sential to keep the HDO concentration of the gas entering the catalyst 
bed as low as possible. The presence of liquid water in the catalyst 
bed decreases the activity to a negligible value. Consequently the water 
from the absorption plates bypasses the catalyst bed, and the gases are 
heated several degrees before passing into the catalyst to prevent any 
condensation. A diagram of one of these sections is shown in Fig. 2. 
Alternate conversion of HDO and absorption occur in each section of 
the tower. The gases entering the oxygen cooler are cooled to about 
35°C, and the condensate is returned to the cell or taken as forward 
feed to the next exchange tower. The gases from the oxygen cooler 
from each stage are combined and scrubbed with raw water to remove 
the HDO. 

The operation of the first stage is somewhat different from the 
others. The major portion of the raw-water feed is run into the ex¬ 
change tower, which operates in the usual manner. About one-third of 
the feed is fed directly to a battery of NaOH cells. The purpose of 
these cells is to provide additional electrolytic hydrogen, enriched in 
deuterium, for the first-stage exchange tower. It has been stated that 
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it is undesirable to mix forward feed from the NaOH and KOH cells; 
therefore no forward feed was taken from the NaOH cells. A small 
portion of the raw feed water is fed to the oxygen scrubber to prevent 
loss of enriched deuterium present as humidity in the oxygen. 

Details of the Trail plant showing number, size, and design of tow¬ 
ers, electrolytic gas-generation rates, and liquid flows are summa¬ 
rized in Table 1. 

Table 1 —General Information on Electrolyte Concentration Plant* 


Stage 



1 

2 

3 

4 

Oxygen scrubber 

Number of towers 

3 

1 

1 

1 

1 

Tower, I.D. 

8 ft 6 in. 

4 ft 9 in. 

2 ft 6 in. 

1 ft 3.5 in. 

6 ft 6 In. 

Number of exchange 

13 

13 

13 

13 


sections 

Number of plates 

35 

32 

32 

32 

20 

H a generation in 

325 NaOH 

165 

41.0 

13.0 


cells, moles/hr 

Liquid through each 

830 KOH 
1500 

464 

121 

34.8 

69.5 

tower, max. moles/hr 

Gas through each tower, 
max. moles/hr 

H a 

682 

220 

65 

13.8 

827 

h 2 o 

694 

222 

55.5 

13.9 

42 

Total 

1376 

442 

120.5 

27.7 

869 


Production, 2000 lb of 1.75 per cent D a O per day; depth of catalyst per section, 2 ft. 


2. METHOD OF CALCULATION 

2.1 Electrolytic Cell . (a) Apparatus. The electrolytic cells are 
arranged in batteries to generate the required flow of hydrogen for 
each stage. The electrolyte in the cells is KOH in all cases except in a 
portion of the first-stage cells, which contain NaOH. The hydrogen and 
oxygen streams are removed separately. 

(b) Purpose. The primary purpose of the electrolytic cell is to fur¬ 
nish a source of H 2 and HD from water. This gas may then be passed 
over the catalyst bed in the exchange tower to form HDO. During elec¬ 
trolysis there is also a concentration of HDO in the cell. The cells are 

o e operated at 75°C, and the hydrogen and oxygen streams will be 

cooled sufficiently to condense at least sufficient liquid to furnish the 
forward flow to the next stage. 

(c) Theoretical Analysis. Assume that the composition of the liquid 
product is known and that it is desired to calculate the composition of 
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the vapor going to the column. The separation occurring in the cell is 
expressed by the equation 

HDO H 2 
“ " H 2 0 HD 

where HDO and H 2 0 are mole fractions of the liquid in the cell, and H 2 
and HD are mole fractions in the vapor. M. M. Wright at Trail has 
measured alpha as 3.9 in a small experimental cell between 0 and 40°C. 
Values have been measured by Stuart Oxygen Co., and other measure¬ 
ments in the literature give values between 10 and 20. Until more defi¬ 
nite data are available from the Trail plant, it has seemed conservative 
to set alpha equal to the equilibrium constant for the exchange reaction. 

Taking the ratio of HD0/H 2 0 from the composition of the condensate 
and assuming no fractionation during vaporization and condensation, 
the H 2 /HD ratio may be calculated. The assumption of no fractionation 
during vaporization of water from the cell and condensation in the 
cooler may be regarded as two effects which balance each other. When 
the humidity of the gas leaving the condenser is known, alpha material 
balances around the cell and coolers will determine the flow rate and 
deuterium content of the water leaving the exchange tower. 

2.2 Exchange Tower, (a) Apparatus . A tower consists of alternate 
groups of bubble-cap plates and catalyst beds. Liquid flows down the 
bubble-cap sections in the usual fashion and bypasses the catalyst bed 
(Fig. 2). The vapor passes up through the bubble-cap plates and 
through the catalyst bed. In the Trail plant the flow of gas is downward 
through a catalyst bed to prevent blowing and channeling in the bed of 
V 8 -in. particles, but this makes no difference in analysis. 

(b) Purpose. The concentration of HDO in the liquid at the bottom is 
to be greater than at the top. Vapor with HDO and HD enters the bot¬ 
tom, and the HDO is absorbed by the liquid in the bottom plates as far 
as possible. The vapor then passes through the catalyst bed where the 
reaction 

HD + H z O — HDO + H 2 W 

takes place, increasing the amount of HDO in the gas again. This HDO 
formed is absorbed in the next section of bubble-cap plates. 

(c) Theoretical Analysis. The following analysis is for dilute gases; 
therefore the amount of HD is negligible with respect to H 2 . As the va¬ 
por passes through the column, there is a gradual change of HD to H 2 , 
but the total number of moles of H 2 + HD remains constant throughout 
the column. Since there is only a 5 per cent difference in vapor pres¬ 
sures of HDO and H z O and since mole fractions of HDO of less than a 
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few per cent in the liquid are under discussion here, the vapor pres¬ 
sure of the liquid does not change significantly. If the gas entering the 
column is assumed to be saturated, it should remain saturated through¬ 
out the column and have a constant number of moles of HDO plus H z O 
per sum of H 2 plus HD. If there is oxygen in the hydrogen stream and 
these elements react in the catalyst, this assumption will be in error. 
It is assumed that the liquid temperature and the total moles of gas and 
liquid remain constant throughout the column. 

Since no deuterium atoms enter or leave the column except in the gas 
and liquid streams, the net flow of deuterium is constant in the tower. 
By a material balance through any section of the tower 


N d = Lx, 9 - G(y s + y 18 ) 



where N D = net flow of deuterium atoms in the column per unit time 
L = moles of liquid per unit time 
G = moles of gas per unit time 
x = mole fraction in liquid 
y = mole fraction in vapor 

Subscripts 3 and 19 refer to HD and HDO, respectively, and are their 
molecular weights. 

Assuming that no isotopic exchange occurs in the bubble-cap sec¬ 
tions, the action here is absorption of HDO into the liquid and vapori¬ 
zation of H z O to the gas phase. The operating line in this section has a 
slope of L/G and passes through a known point (x 19 ,y 19 ). The equilib¬ 
rium curve here is determined from the relative volatility defined as 

_ (yilMXis) _ P(HDO) 

(yi$)(xi 9 ) p(h 2 o) (3) 

If H is defined as the humidity, moles of water per mole of dry gas in 
the vapor phase, and if it is assumed that concentrations of the deu¬ 
terium compounds are small, a linear relation 


yft = a i 


H 

H + l 




is obtained, where y * 9 represents the value of y 19 in equilibrium with 

Xj 9 . 

In the catalyst sections some HD reacts to form an equal number of 
moles of HDO. The equilibrium constants calculated by W. Stockmayer 
were plotted on vapor-pressure paper. The actual values are somewhat 
uncertain as experimental values agree with the computed values only 
at 100 C; experimental values are lower than theoretical at lower tem¬ 
peratures. The equilibrium constant is defined as 
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K = 


_ (yi 9 )(y 2 ) = (hdo)(h 2 ) 
(yi 8 )(y 3 ) (h 2 o)(hd) 


(4) 


This can be combined with the material-balance relation (Eq. 2) and 
the definition of humidity to give 


KH 

eYl9 1 + KH 


— (x 19 — N d ) 


(5) 


where ey 19 represents the value of y 19 in equilibrium with x 19 in that 
section of the column. This, likewise, is a linear relation on a y-x 
graph. 

The assumptions involved in the above analysis are: 

1. HD and HDO are present only up to a few per cent. 

2. H 2 and HD are not appreciably soluble in the liquid. 

3. The gas entering the bottom of the column is saturated with water 
at the temperature of the liquid. 

4. The pressure drop through the column is small. 

5. There is no 0 2 in the H 2 stream. 

6 . No exchange takes place except in the catalyst bed and electro¬ 
lytic cell. 

7. Raoult’s law applies to H z O-HDO mixtures. 

8 . No fractionation occurs in the electrolytic cell and gas coolers. 

After the operating lines, liquid-vapor equilibrium lines, and cata¬ 
lyst equilibrium line have been derived, the operation of a tower may 
be computed. This may be done graphically or, since all lines are 
straight, analytically. 

(d) Graphical Procedure. Figure 3 illustrates the graphical pro¬ 
cedure for determining the performance of the Barr tower. On a graph 
of y 19 versus x 19 , straight lines representing Eqs. 3a and 5 are drawn 
showing absorption and catalyst equilibrium relations. The point rep¬ 
resenting the known conditions at the bottom of the tower is selected, 
and through it is drawn an operating line of slope L/G, representing 
the material-balance relation. A line representing the Murphree plate 
efficiency may be drawn, and the appropriate number of plates may be 
stripped off. After passing through the first catalyst chamber, the new 
value of yj 9 is determined by the equilibrium value at the value of xj 9 at 
the top of the preceding stripping section. A new material-balance line 
is now drawn. Reference to Eq. 2 will show that the displacement in 
the operating line is caused by a change in the value of y$ which changes 
only in the catalyst sections. This procedure is repeated for each sec¬ 
tion in the tower. In Fig. 3 a 50 per cent plate efficiency and 100 per 
cent catalyst efficiency were assumed. Smaller catalyst efficiencies are 
treated similarly to the plate efficiencies. 
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(e) Analytical Procedure . Since all lines are straight, simple equa¬ 
tions can be written for each. Quinn 4 combined these equations and ob¬ 
tained relations for y n and x n , vapor and liquid concentrations at the 
top of the nth catalyst section, each as a function of y n _ t and x n ^ if the 
corresponding quantities for the previous section. 



0.012 0.014 0.016 0018 0.020 Q022 

x, MOLE FRACTION HDO IN LIQUID 


Fig. 3 — Fourth-stage 45°C tower operation with a 50 per cent plate efficiency. L/G = 
1 *35. 


2.3 Calculation Procedure . Analysis of the complete operation re¬ 
veals that the procedure is considerably simplified by starting at the 
rich end of the plant, the last stage, and working back through the other 
stages in succession. With the required production rate, the electro¬ 
lysis rate for each stage, and the design of the Barr towers, calcula¬ 
tions are made up to the lean end where the concentration of deuterium 
in the water entering the first tower must equal that in natural water. 
If there is no agreement here, the product rate and/or product purity 
must be adjusted until agreement is obtained. 

The product purity determines the deuterium content of water in the 
last cell and in the water vapor in the electrolytic gas sent to the tower. 
The cell separation factor determines the HD content of the H 2 gas 
stream, and the temperature fixes the humidity. The composition of 
the gas entering the tower is thereby fixed. A material balance fixes 
the composition and flow of water from the tower to the cell. Calcula¬ 
tions up through the tower are carried out as described above, and suc¬ 
cessive stages are computed similarly, in the first stage, however, the 
computations are slightly different because of the additional NaOH 
cells. Here the concentration of deuterium in the water in the cell and 
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in the gas leaving can be calculated by application of material balances 
and the cell separation factor relation. 

The performance of the oxygen scrubber is computed by taking 
mG/L = 0.7, where m is the slope of the equilibrium-absorption line. 
This value of mG/L has been found to be good practice in gas-film ab¬ 
sorption. Then the liquid flow can be determined. The liquid concen¬ 
tration x is known at the top of the tower and the vapor concentration is 
known at the bottom; the number of plates and plate efficiency are known 
or assumed. A trial-and-error graphical procedure or a direct calcu¬ 
lation permits computation of x in the liquid leaving and of y in the gas 
leaving. Material balances then permit calculation of the liquid purity 
leaving the first-stage tower. The first-stage tower calculation is 
similar to the others. 

2.4 Theoretical Approaches. A more theoretical approach to the 
design of a cascade for the concentration of deuterium by this process 
has been made by Kaplan and Cohen. 2 Equations have been developed 
for the enrichment to be expected in a tower, a stage, and a complete 
cascade. Some consideration is given also to the volume of catalyst re¬ 
quired. Another theoretical approach to the optimum design of cata¬ 
lytic towers was made by Mayer, 3 resulting in an arithmetic method of 
computing the number of sections in a tower required to produce a 
given enrichment. Also considered are other independent variables 
such as temperature, catalyst and stripper efficiencies, humidities, 
and catalyst volumes. 


3. RESULTS 

The most extensive calculations on the Trail process for concen¬ 
trating deuterium were made by Carlson and Maloney. 1 Operation of 
the exchange towers at 45°C was considered first. The results obtained 
using a value of 2.8 for the equilibrium constant are given in Table 2. 
Comparison with Table 1 shows that the design output is slightly 
conservative since only 11 sections are required in the first-stage 
Barr towers. 

To determine the effect of increasing the number of bubble plates 
between catalyst beds, it was assumed that an infinite number were 
available. Results of calculations based on this assumption are given 

in Table 3. 

It may therefore be concluded that any finite number of plates be¬ 
tween catalyst sections cannot reduce the number of catalyst beds in 
the first stage to less than four. Because of the larger size of towers, 
the greatest catalyst expenditure is in the first stage of the cascade. 
Calculations were made on the first-stage towers using four plates 
per catalyst bed; eight sections were found necessary. Such a modifi¬ 
cation could be realized physically by leaving alternate catalyst beds 
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empty. Instead of using a 2-ft depth of catalyst and obtaining complete 
equilibrium, it was also considered that it might be advantageous to 
distribute the catalyst on these unused catalyst beds in the first sec¬ 
tion. The results presented in Table 4 indicate that it is not possible 

Table 2—Results of 45°C Exchange-tower Operation* 

Stage 

1 2 3 4 

Number of sections of catalyst 
bed + 2 bubble plates 11 

Concentrating effect in each stage, 
moles H a O/mole HDO 3500-665 

*Catalyst bed plus two bubble plates alternating. 


Table 3—Results of 45°C Exchange-tower Operation* 

Stage 

1 2 3 4 

Number of sections of catalyst 

bed + bubble plates 4 13 13 13 

Concentrating effect in each stage, 

moles H 2 0/mole HDO 3500-794 794-238 238-83 83-28 

‘Infinite number of plates in each bubble-cap section. 


13 13 13 

665-211 211-78 78-28 


to use such a scheme since there are not sufficient plates in the first- 

stage towers for 75 per cent catalyst efficiency and since for 50 per 

cent catalyst efficiency there are insufficient catalyst trays and plates 
in the design. 

Similar calculations have been made for operation of the exchange 
towers at 70°C, and the results are summarized in Tables 5 to 7. 
In calculating these results, it was assumed that the hydrogen cooler 
operated at 60°C, and sufficient heat was supplied to the liquid stream 
leaving the bottom catalyst bed by means of a calandria to saturate the 
entering gas stream at 70°C. It was further assumed that no absorption 
of HDO from the gas occurred in the bottom section since the main 
ransfer of material is into the gas stream. Fewer catalyst sections 
are required in every case studied at 70°C, and the most favorable ar¬ 
rangement indicates that, by using four plates between each catalyst 
e and a depth of 0.8 ft on each bed, very substantial savings in cata- 
ys are possible. This arrangement is possible in the present equip¬ 
ment. It will be noticed that, as the depth of catalyst is decreased. 
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Table 4—Results of 45 # C Exchange-tower Operation* 


Arrangement 

Number of 
catalyst beds 

Number of 
plates 

Catalyst, ft 

Total pressure 
drop in H 2 0, mm Hg 

Catalyst bed + 2 bubble 
plates alternating 

11 

28 

22 

40 

Catalyst bed + 4 bubble 
plates alternating 

8 

34 

16 

40 

Catalyst bed + 4 bubble 
plates alternating, 

75% catalyst efficiency 

10 

46 

7.9t 

43 

Catalyst bed + 4 bubble 
plates alternating, 

50% catalyst efficiency 

15 

66 

6.0t 

58 


* First stage only, 50 per cent plate efficiency. 

t In calculating the depth of catalyst it was assumed that (% unconverted)/100 = e^ 0 , 
where k is constant for a given catalyst per unit of depth at a constant temperature, and 
D is depth of catalyst. It was also assumed that a 2-ft depth of catalyst gives 97 per 
cent conversion. 


Table 5—Results of 70°C Exchange-tower Operation* 


Number of sections of catalyst 
bed + 2 bubble plates 

Concentration effect in each stage, 
moles H 2 0/mole HDO 


Stage 

2 3 


13 


13 


13 


3500-705 705-214 214-78 78-28 


•Catalyst bed plus two bubble plates alternating, 50 per cent plate efficiency. 


Table 6—Results of 70°C Exchange-tower Operation* 


Stage 

2 3 


Number of sections of catalyst 
bed + 2 bubble plates 

Concentration effect in each stage, 
moles H 2 0/mole HDO 


3500-714 


8 


714-200 


8 


200-81 


8 


81-28 


•infinite number of plates in each bubble-cap section. 
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Table 7—Results of 70°C Exchange-tower Operation* 


Arrangement 

Number of 
catalyst beds 

Number of 
plates 

Catalyst, ft 

Total 

pressure drop in 
H a O, mm Hg 

Catalyst bed + 2 bubble 
plates, alternating 

9 

24 

18 

50 

Catalyst bed + 4 bubble 
plates, alternating. 

5 

26 

10 

38 

Catalyst bed + 4 bubble 
plates except In first 
section which has 6 
above first catalyst bed 

5 

25 

10 

37 

Catalyst bed + 4 bubble 
plates, 4 plates for ab¬ 
sorption before passing 
through the first catalyst 
bed 

4 

28 

8 

36 

Catalyst bed + 4 bubble 
plates, 4 plates before 
first catalyst bed, 75% 
catalyst efficiency 

5 

26 

4 

28 

Catalyst bed + 4 bubble 
plates, 4 plates before 
first catalyst bed, 50% 
catalyst efficiency 

10 

46 

4 

44 


‘First stage only, 50 per cent plate efficiency. 


more sections are required and also more bubble trays. Depending on 
the cost of the catalyst, tower, bubble trays, and pumping, an economic 
point of operation could be chosen. 

4. PROPOSED MODIFICATION OF FLOW SHEET 

It is proposed to operate the tower as shown in part a of Fig. 4. 
H. C. Urey has suggested that the forward feed be obtained as illustrated 
in part b of Fig. 4. The liquid flowing down the tower is removed from 
the tower some plates above the bottom, and the major portion is sent 
to the cell. An amount sufficient to furnish the forward feed is returned 
to the tower and flows down the tower, being continuously enriched by 
the gas coming up. The liquid leaving the base of the tower is drawn off 
as forward feed to the next stage. The purpose of such an arrangement 
is o avoid a forward feed by cooling the hydrogen stream since the gas 
must be again humidified; this requires the use of steam, which is 
scarce at Trail, B. C. In addition the hydrogen cooler would no longer 

arraneemAnf* £ rincipal point to be determined is whether such an 
operation WU “ g00d performance as th * other method of 
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In making an analysis of this method of operation, only the fourth 
stage was studied. The forward feed thus became the product. It was 
assumed that the oxygen cooler operated at 35°C and that the gas leav¬ 
ing the cell was at 70°C, although the cell operated at 75°C. It was 
further assumed that 13 moles of H 2 + HD was generated in the cell and 
that six equilibrium plates were used in the bottom section of the ex¬ 
change tower for enrichment of the forward feed. 



(a) 



FEED 


(b) 


Fig. 4 — Present (a) and proposed (b) operation at 70° C. 


At the bottom of the tower the L/G ratio is known and also the com¬ 
position of HDO in the liquid. The absorption-equilibrium line and an 
operating line of slope L/G are drawn. Beginning at the known liquid 
composition, six plates are stepped off, and a check is made to see 
whether or not the assumed position of the operating line is correct. 
This is done as follows: From the humidity relations the H 2 0 + HDO 
content of the hydrogen stream is known, and fixing the operating line 
determines the HDO composition in the gas. Using the equation for the 
separation in the cell 



2.8 


and 


H 2 + HD =13.0 (fourth stage) 

the composition of both the hydrogen and oxygen streams is calculated. 






APPENDIX A 


369 


The amount and composition of the feed to the cell is then obtained from 
a material balance. This feed composition must check with that ob¬ 
tained at the top of the bottom section of the tower since the liquid feed 
at that point is of the same composition as the feed to the cell. If these 
compositions do not check, the L/G line is readjusted and the operation 
repeated. The numerical calculations indicate that it is not possible to 
obtain any greater concentrating effect in the fourth stage by the pro¬ 
posed arrangement. The number of catalyst sections is, however, re¬ 
duced about one since an already partially stripped gas feed enters the 
exchange portion of the tower. In conclusion, it would appear that this 
method will operate as satisfactorily as the former scheme; it is chiefly 
advantageous because of the savings attainable in equipment, steam, 
and cooling water. * 


5. NOMENCLATURE 

The following symbols and their definitions are added to aid the 
reader in his compositions: 

m = slope of equilibrium-absorption line 
x = mole fraction in liquid 
y = mole fraction in vapor 

G = gas flow up column (including humidity), pound moles per hour 
H = humidity, pound moles of water vapor per pound mole of dry gas 
L = liquid flow down column 

K = equilibrium constant in vapor 

_ HDO H 2 
H 2 0 HD 


P = vapor pressure 
a - cell separation factor 
= relative volatility HDO to H 2 0 (defined by Eq. 3) 
y* = equilibrium value of y for absorption step 
ey = equilibrium value of y for catalytic step 
Subscripts 2, 3, 18, and 19 refer to H 2 , HD, H 2 0, and HDO 
and are their molecular weights. 


respectively, 
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OPERATING DATA, PROJECT 9, AUG. 1 TO 31, 1945, TRAIL PLANT 


Table 1 —Operating Key Data, Aug. 1 to 31, 1945 

Primary Plant 


% of rated capacity 



Month Year to date 


Whole plant 

95.3 

96.4 


Stage 1 

94.7 

96.1 


Stage 2 

98.7 

98.0 


Stage 3 

98.5 

97.4 


Stage 4 

98.5 

97.4 



Concentrations 




Beginning 

End of 


Initial 

of period 

period 

Electrolyte 




Stage 1 


0.095 

0.096 

Stage 2 


0.325 

0.339 

Stage 3 


0.974 

1.01 

Stage 4 


2.35 

2.47 

Battery 1 


0.037 

0.037 

Condensate 




Stage 1 

0.028 

0.091 

0.091 

Stage 2 

Toll w * 3 

0.315 

0.321 

Stage 3 

0.945 

0.984 

Stage 4 

0.135 

2.29 

2.40 

T-4 inlet feed 


0.947 

0.988 

Burned gas, stage 6 


0.710 

0.736 

Gas and vapor 




T-l inlet gas 

6/16/43 

0.006 

0.029 

0.030 

T-l outlet gas 

0.0055 

0.0055 


370 
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Table 1 — (Continued) 


Concentrations 



Initial 

Beginning 
of period 

End of 
period 

T-2 inlet gas 

o°: 0 °i4 7/3/43 

0.109 

0.110 

T-2 outlet gas 

0.032 

0.032 

T-3 inlet gas 

7/17/43 

0.304 

0.328 

T-3 outlet gas 

0.112 

0.115 

T-4 inlet gas 

0.030 6/23/43 

0.740 

0.756 

T-4 outlet gas 

0.321 

0.330 

T-5 inlet vapor 


0.119 

0.126 

T-5 outlet vapor 


0.0178 

0.0162 

T-5 exit liquor 


0.115 

0.105 


Average cell temperatures, °C 



Month 

Year to date 

Stage 1 

61.9 

65.3 

Stage 2 

71.6 

72.5 

Stage 3 

75.4 

75.4 

Stage 4 

74.7 

74.7 


Operation, total hr 

Average condenser outlet 
temp., *C 

Average tower top pressure, 
In. R,0 

Average tower bottom 
pressure, lb/sq in. 
gauges 


Tower 


T-1A 

T-1B 

T-1C 

T-2 

T-3 

T-4 

T-5 

743.22 

31.2 

357.39 

27.2 

385.83 

31.8 

734.63 

22.7 

731.20 

23.1 

732.12 

23.8 

743.00 

43.6 

68.3 

63.6 

68.5 

3.3 

1.2 

1.6 

6.8 

4.2 

4.1 

4.2 

1.7 

1.7 

1.1 

7.7 


Average a-c kw-hr to blowers 
Steam used, average lb/hr 
Electrolytic O a treated, % 
Electrolytic H, treated, % 


13,055 

14,598 

100 

100 


Blower 

B-1B B-1C B-1D B-2 


B-3 



B-1A 

Operation, total hr 551.62 


608.56 


571.26 504.03 


733.71 731.20 


732.12 
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Table 1 — (Continued) 

Tower Survey, Sept. 1, 1945, 9:50 to 11:30 a.m. 


Tower 



T-1A 

T-1B 

T-2 

T-3 

T-4 

Liquid feed, gal/min 

25 

25 

6 

1.7 

0.48 

Gas flow, cu ft/min 

3990 

3990 

1240 

310 

73.8 

Bottom pressure, lb/sq in. 

3.7 

3.8 

1.6 

1.7 

1.0 

Top pressure, in. HjO 

54.4 

51.7 

3.2 

1.25 

1.5 

Steam (heater) pressure 

30 

48 

10 

15 

15 

Blower outlet temp., °C 

39.5 

39.5 

37.0 

38.5 

43.0 

Condenser outlet temp., °C 

30.0 

28.5 

23.0 

22.0 

22.0 

Sec. 1 preheater inlet 

55 

75 

55 

64 

52 

temp., °C 

Sec. 1 preheater outlet 

70.5 

77 

67 

69 

61.5 

temp., *C 

Sec. 1 catalyst outlet 

72.5 

70 

60 

66.5 

57 

temp., °C 

Sec. 2 preheater inlet 

69 

70 

63 

61 

55 

temp., *C 

Sec. 2 preheater outlet 

75 

78 

69 

70 

63 

temp., °C 

Sec. 7 preheater inlet 

69 

71.5 

62 

66 

60 

temp., °C 

Sec. 7 preheater outlet 

77 

80 

69 

68 

65 

temp., °C 

Sec. 13 preheater inlet 

70.5 

73 

64 

67 

65 

temp., °C 

Sec. 13 preheater outlet 

77 

79 

69 

71 

70 

temp., °C 

Sec. 13 catalyst outlet 

72 

75.5 

67 

69 

63 


temp., °C 
O a inlet temp., °C 
0 2 outlet temp., ®C 


Equivalent NH S tonnage, 172 tons 

Secondary Plant 

Average loads, % of rated capacity 



Month 

Year to date 

Whole plant 

97.6 

97.2 

Stage 6 

97.1 

97.0 

Stage 7 

102.5 

99.6 

Stage 8 

87.9 

93.0 


T-5 

2.0 

3860 

7.4 

7.0 (lb/sq in.) 


70.5 

45.0 
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Table 1 — (Continued) 

Process material for month 
H 2 0, lb No. 9, lb 

Primary-plant product received 65,909 1,564.9 

Stage 6 burned gas returned 66,399 493.7 


Operating Supplies Used per Day 


Month 


Year to date 


KOH, lb 
C0 2 , lb 

Cooling HaO, gal 
Purge gas, cu ft 


103.5 76.0 

34.5 26.3 

362,875 332,590 

17,288 19,004 


Secondary-plant Inventory, on Hand Sept. 1, 1945, 7:00 a.m. 



HaQ, lb 

No. 9, lb 

Stage 6 burned gas 

2,060 at 0.589% 

12.1 

Stage 6 feed 

7,070 at 2.50% 

176.9 

Stage 7 feed 

1,843 at 14.5% 

267.3 

Stage 8 feed 

792 at 70.7% 

560.0 

Cell inventory 

12,657 

906.1 

Total 

24,422 

1,922.4 

Product 

804 at 99.76+% 

804.2 

Total 

25,226 

2,726.6 

Total 

Inventory Situation 



No. 9, lb 



Month 

Year to date 

Produced 

Secondary-plant Increase in inventory 

1,105.0 

-71.7 

8,228.0 

112.5 

Total 

1,033.3 

8,340.5 

Primary-plant increase in inventory 

254.7 

407.5 

Total 

1,288.0 

8,748.0 

Shipments of product during August 

1,332.6 

8,057.0 

Product No. 9 in storage Sept. 1, 1945, 

7:00 a.m., 804.2 lb 
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Table 2—Project No. 9 Period Report 
Primary-plant Balance, Aug. 1 to 31, 1945 

Month Year to date 



Water, lb 

No. 9, lb 

Water, lb 

No. 9, lb 

Distilled water at 0.0153% 

17,716,918 

2,710.7 

139,118,150 

21,285.2 

Burned gas in 

66,399 

493.7 

517,445 

3,370.9 

Total cell feed in 

17,783,317 

3,204.4 

139,635,595 

24,656.1 

Stage 4 condensate 

Change in inventory 

65,909 

1,564.9 

254.7 

527,679 

12,034.1 

407.5 

Losses accounted for 

Off gas at 0.0055% 

Other known losses 

17,729,167 

975.1 

62.7 

140,541,867 

7,730.0 

475.1 

Losses unaccounted for 

Lb 

11,759G 

347.0L 

1,433,951G 

4,009.4 

% 

0.66G 

10.8L 

1.0G 

16.3L 

Total 

17,783,317 

3,204.4 

139,635,595 

24,656.1 

Secondary-plant Balance, Aug. 1 to 31 

, 1945 



Month 

Year to date 


Water, lb 

No. 9, lb 

Water, lb 

No. 9, lb 

Total in from primary plant 

65,909.0 

1,564.9 

527,679.0 

12,034.1 

Returned to primary plant 

66,399.0 

493.7 

517,445.0 

3,370.9 

Product 

Shipments 

1,332.6 

1,332.6 

8,057.0 

8,057.0 

Storage 

-227.6 

-227.6 

171.0 

171.0 

Change in inventory (est.) 

-1,122.0 

-71.7 

2,914.0 

112.5 

Losses 

Accounted for 

0.0 

0.0 

15.0 

10.0 

Unaccounted for 

Lb 

473.0G 

37.9L 

923.0G 

312.7L 

% 

0.7G 

2.4L 

0.2G 

2.6L 

Total 

65,909.0 

1,564.9 

527,679.0 

12,034.1 
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ILLUSTRATIVE CALCULATION OF THE FOURTH-STAGE 
TOWER PERFORMANCE DATA, AUGUST 1945 


Off-gas quantities and analysis: 

Eq. lb D 2 0 in dry off gas = 163,000(0.00331) = 540 

Eq. moles D 2 0 = 540/20 = 27.0 

Eq. moles H z O = 162,500/18 = 9030 

Total moles - 9030 + 27 = 9060 

Moles HD = 27.0(2) = 54.0 

Moles H 2 = 9060 - 54 = 9010 

Moles H 2 0 + HDO in off gas = 9060(22.1/691) = 290 

Moles H z O = HDO in gas from column = 906(156.4/557) = 2540 

Actual y(HD) = 54.0/(9060 + 2540) = 0.00465 

Liquid-feed quantities: 

Eq. lb D 2 0 = 226,900(0.00980) = 2220 

Eq. moles D 2 0 = 2220/20 = 111 

Eq. moles H 2 0 = (226,900 - 2220)/18 = 12,500 

Total moles fed = 12,500 + 111 = 12,610 

Moles HDO = 2(111) = 222 

Moles H 2 0 = 12,610 - 220 = 12,390 

Top net flows: 

Moles HDO in vapor of off gas = 290(222/12,390) = 5.2 
Moles H 2 0 in vapor of off gas = 290 - 5.2 = 285 
Net atom deuterium down = 222 - 5.2 - 54 = 163 
Net moles H z O + HDO down = 12,610 — 290 = 12,320 

Bottom quantities: 

Moles H 2 0 + HDO in gas = 9060(102.1/662) = 1400 
Total moles of gas phase = 1400 + 9060 = 10,460 

0.768 eq. wt. % DjO in gas = 0.0141 mole HD per mole of H, + HD 

Moles HD in gas at bottom = 9060(0.0141) = 127.9 
1.27 eq. wt. % D 2 Q in liquid = 0.0229 mole fraction HDO 
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Bottom quantities (Continued): 

Lb atom deuterium in net liquid down = 12,310(0.0229) = 282 
Net atom deuterium down = 282 - 128 = 154 
Actual y(HD) = 128/11,350 = 0.0113 

Quantities at average conditions: 

Total moles of gas phase G = 9060(739/590) = 11,350 
Moles H z O + HDO in gas = 11,350 - 9060 = 2290 
Moles of liquid L = 12,320 + 2290 = 14,610 
L/G = 14,610/11,350 = 1.29 
a = 149.4/590 = 0.253 

Catalytic equilibrium equation, HDO: 
y = 0.560x- 0.00603 

Absorption equilibrium equation: 
y = (149.4/739)x = 0.202x 

Catalytic equilibrium equation, HD: 
y(HD) = y(HDO)/Ka = 1.29y(HDO) 

Point of intersection: 

0.202x = 0.560x - 0.00603 
x = 0.0169 
y = 0.00340 
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ILLUSTRATIVE CALCULATION OF ALPHA 
FOR A SECONDARY-PLANT RUNDOWN 


Sixth-stage rundown 
Initial conditions: 

Lb of solution = 6325(1.021) = 6460 
Lb of H 2 0 + D 2 0 = 6460(0.9763) = 6310 
Lb of D z O = 6310(0.0259) = 163.6 
Lb of H z O = 6310 - 164 = 6150 

Final conditions: 

Lb of D 2 0 =123 
Lb of H 2 0 = 977 

In (6150/977) = a In (163.6/123) 
a = 6.9 

Rundown ratio = 6310/1000 = 6.3 
Per cent of original deuterium retained 
= (100)(12.3)/(2.59)(6.3) = 75 
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EQUILIBRIUM CONSTANTS FOR EXCHANGE 
REACTIONS INVOLVING MERCAPTANS 


1. INTRODUCTION AND DERIVATION OF FORMULAS 

Study was made of the exchange between various mercaptans and 
water. It was found by Hutchison and Gillies 1 that isopropyl mercaptan 
was a suitable substance for the extraction of deuterium from water by 
a dual-temperature process. Exchange data were also obtained for 
w-propyl mercaptan and thiophenol. 

For any separation process it is not the equilibrium constant but the 
separation constant (or fractionation factor) 


a _ (D/H) water 

(D/m) mercaptan 


which is used in design calculations. In some cases, of course, the equi¬ 
librium constant K and the separation coefficient a are identical. For 
mercaptan exchange, however, this is not true. Consider the reaction 


RSD + H z O ^ RSH + HDO 


where RSH and RSD are the two isotopic species of the mercaptan. The 
equilibrium constant is given by 

= (RSH) (HDO) (1) 

(rsd)(h 2 o) 

and the separation coefficient is given by 



(D/H) water 


(D/H) 


mercaptan 



where D and H represent the atom fractions of D and H, respectively. 
Now, for the mercaptan 
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[(D)/(H)] 


= (BSD) 
mercaptan (RSH) 


and for the water 


[(D)/(H)] water (HD q } + 2 } (H Q) 


Therefore 


(3) 


(4) 


(HDO)(RSH) (H 2 Q) 
(H 2 0)(RSD) (HDO) + 2(H 2 0) 


or 


K = 2a 


(HDO) + 2(H 2 Q) 
2(H 2 0) 



Since 


(H 2 0) = 1 - 


2 (HDO) 

2 (HDO) + 2(H z O) 


= 1 - 2p 2 


and 



(HDO) + 2 (H 2 0) « (HDO) 

2 2(HDO) + 2(H 2 0) 1 Pz W 

where p 2 is the atom fraction of deuterium in the water after the ex¬ 
change equilibrium has been established, then 


K = 2qj 


* -P2 
l-2p 2 



Moreover, in the experiments to be described, the water and the 
mercaptan were shaken together, and the isotopic analyses were made 
on the water phase only, both before the experiment and after the ex¬ 
change equilibrium had been reached. If 

Pi = atom fraction of deuterium in the water before the exchange 

p 2 - atom fraction of deuterium in the water after the exchange equi¬ 
librium has been reached 

r = ratio of moles of water to mole of mercaptan 

it - atom fraction of deuterium in the mercaptan before the exchange 

A P - Pi - P 2 
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then, from a consideration of the definition of a and a material balance 
it is easily shown that ’ 

_ P 2 1 — Ji — 2r Ap 
1 — p 2 ji + 2rAp 

The values for and p 2 were determined by the falling-drop technique 
(see the National Nuclear Energy Series, Division HI, Volume 4A, 
Chap. 5). The value for r was determined by weighing the mercaptan 
and measuring the volume of the water added to the equilibration ves¬ 
sel, and jj was assumed to be near normal in all cases. 

2. EXCHANGE BETWEEN ISOPROPYL MERCAPTAN AND WATER: 

EXPERIMENTAL DETAILS 

The equilibration vessels used by Hutchison and Gillies were of about 
60 ml capacity. They were constructed from 35-mm pyrex tubing by 
constricting both ends and drawing a thick-walled fine-bore capillary 
tip at one end. A 6-in. piece of 10-mm tubing was sealed at the other 
end. For the low-temperature experiments a second tip was drawn on 
the shoulder of the vessel at the end opposite the first tip. For experi¬ 
ments at 80 and 95°C the tubes were made of heavy-walled pyrex tubing 
with an 18-mm bore and a 3-mm wall. This heavy tubing was necessary 
because a pressure of several atmospheres was developed during ex¬ 
periments at these elevated temperatures. 

Water was measured from a calibrated pipet into the weighed vessel 
through the 10-mm neck. The mercaptan was added through a funnel, 
and, after the open end was stoppered, the vessel was chilled in a solid 
carbon dioxide bath and the neck was sealed off. The filled vessel, to¬ 
gether with the glass drawn off in making this seal, was weighed. The 
weight of mercaptan added was determined by this procedure. The ves¬ 
sel was then agitated mechanically for a measured time in the thermo¬ 
stat. 

In order to separate the layers, the vessel was removed from the 
thermostat and quickly dried, the tip was broken, and the water layer 
was drained off in a thin stream. In the experiments in which the tem¬ 
peratures were above 30°C, sufficient pressure was developed to force 
the liquid out of the tube. In the low-temperature work, however, the 
upper tip, which was provided for the purpose, had to be cracked first 
in order to admit air. The water layer was easily obtained free of mer¬ 
captan layer by changing the receivers just before the last amount of 
water ran out. The water layer was then purified and analyzed for deu¬ 
terium. 

The purification procedure consisted in the addition of mercuric 
chloride (dried at 100 to 110°C) in small portions to the water layer. 
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After shaking and gently warming the solution, the white precipitate of 
mercuric mercaptide coagulated to give a clear supernatant liquid. The 
water was then filtered through paper into a small flask that was 
equipped with a condenser that could be tilted either for reflux or for 
distillation. Pieces of glass capillary containing sodium were added 
until the solution was fairly alkaline. At this stage a permanent yellow 
precipitate of a basic mercury compound was formed. Then, after a 
few crystals of potassium permanganate were added, the solution was 
refluxed for about 5 min and was distilled. The water sample was next 
given the usual purification before analysis by the falling-drop method. 
This purification is discussed in detail in the National Nuclear Energy 
Series, Division m, Volume 4A, Chap. 5. Water of known deuterium 
concentration, saturated with mercaptan, underwent no change in the 
deuterium content, within experimental error, on being given this com¬ 
plex purification treatment. 

In some of the experiments alkali was added to the system. In these 
instances a modified procedure had to be used for the purification of 
the water phase. The water layer was vacuum distilled from the alkali. 
The distillate consisted of two layers, one layer being essentially mer¬ 
captan and the other layer (of very much larger volume) being princi¬ 
pally water. These layers were separated, and the water layer was 
given the usual treatment before analysis. A consideration of the ex¬ 
perimental factors involved indicated that the vacuum distillation in the 
purification procedure should not have affected the observed separation 
coefficients within the general experimental error. 

The heavy water used in these experiments was distilled before use 
from alkaline permanganate. The distillates were neutral to litmus 
paper. The sodium hydroxide solutions used in some of these experi¬ 
ments were prepared from this distilled water by dissolving Baker and 
Adamson reagent-grade sodium hydroxide pellets (with an assay higher 
than 95 per cent). The isopropyl mercaptan used for most of the ex¬ 
periments varied in purity from 93 to 99.9 per cent, most of the sam¬ 
ples being close to the 99 per cent (or higher). No correlation was ob¬ 
served between the purity and the observed fractionation factor or 
separation coefficient. The purity was determined by an iodimetric ti¬ 
tration according to the method of Kimball, Kramer, and Reid. 2 The 
n-propyl mercaptan was Eastman Kodak reagent, catalog No. 1535, and 
the thiophenol was Eastman Kodak reagent, catalog No. 247. Both mer- 
captans were used without further purification. 

The equilibrium data for isopropyl mercaptan are given in Table 1. 
In no case was the exchange found to be incomplete after 2 hr under the 
conditions of the experiment, and in all the experiments listed in the 
table, except as noted, the equilibration time was more than 2 hr. Addi¬ 
tional data were obtained at room temperature. These experiments 
were performed in the presence of alkali; results are given in Table 2. 
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Table 1 Experimental Data for the Exchange Between Isopropyl Mercaptan 

and Pure Water 



Ratio, 

p, (atom fraction 

p, (atom fraction 



moles of water 

of D in water 

of D in water 


Temp., °C 

moles of mercaptan 

before exchange) 

after exchange) 

a 

0.0 

0.591 

0.0324 

0.0232 

2.14 

0.0 

0.659 

0.0329 

0.0244 

2.18 

0.0 

0.665 

0.0329 

0.0246 

2.23 

0.0 

0.621 

0.0330 

0.0238 

2.09 

0.0 

0.595 

0.0330 

0.0235 

2.08 

0.0 

0.594 

0.0330 

0.0237 

2.16 

0.0 

0.614 

0.0334 

0.0244 

2.21 

0.0 

0.632 

0.0334 

0.0248 

2.29 

0.0 

0.578 

0.0334 

0.0239 

2.18 

0.0 

0.513 

0.0334 

0.0236 

2.35 

0.0 

0.655 

0.0331 

0.0246 

2.21 

28 

0.639 

0.0326 

0.0236 

2.06 

28 

0.640 

0.0326 

0.0232 

1.93 

26.0 

0.682 

0.0330 

0.0238 

1.90 

26.8 

0.653 

0.0330 

0.0236 

1.93 

28.6 

0.623 

0.0328 

0.0234 

2.00 

28.7 

0.622 

0.0328 

0.0236 

2.07 

29.0 

0.672 

0.0328 

0.0242 

2.10 

26.5 

0.629 

0.0327 

0.0238 

2.13 

25.3 

0.664 

0.0331 

0.0242 

2.05 

25.3 

0.660 

0.0331 

0.0239 

1.98 

25.3 

0.658 

0.0331 

0.0240 

2.01 

25.3 

0.665 

0.0331 

0.0240 

1.99 

45.0 

0.669 

0.0331 

0.0236 

1.86 

45.0 

0.665 

0.0331 

0.0242 

2.05 

45.0 

0.656 

0.0331 

0.0239 

1.99 

45.0 

0.662 

0.0331 

0.0243 

2.09 

60.4* 

0.650 

0.0329 

0.0230 

1.80 

60.4 

0.656 

0.0329 

0.0235 

1.91 

60.4 

0.659 

0.0329 

0.0233 

1.85 

60.4 

0.621 

0.0329 

0.0229 

1.85 

60.4 

0.628 

0.0330 

0.0230 

1.83 

60.4 

0.644 

0.0330 

0.0228 

1.74 

60.4 

0.644 

0.0330 

0.0227 

1.72 

60.4 

0.623 

0.0334 

0.0231 

1.81 

60.4 

0.624 

0.0334 

0.0233 

1.86 

70.0 

0.653 

0.0331 

0.0232 

1.80 

70.0 

0.659 

0.0331 

0.0234 

1.83 

70.0 

0.652 

0.0331 

0.0234 

1.85 

70.0 

0.660 

0.0331 

0.0232 

1.78 

80.4 

0.829 

0.0330 

0.0244 

1.72 

80.4 

0.610 

0.0330 

0.0222 

1.69 

80.4 

0.700 

0.0330 

0.0236 

1.80 

60.4 

0.680 

0.0330 

0.0234 

1.80 

95.4 

0.602 

0.0328 

0.0222 

1.75 

95.4 

0.603 

0.0328 

0.0225 

1.81 

95.4 

0.636 

0.0328 

0.0226 

1.75 

95.4 

0.624 

0.0328 

0.0226 

1.78 

95.0 

0.656 

0.0331 

0.0230 

1.74 

95.0 

0.668 

0.0331 

0.0232 

1.76 

95.0 

0.671 

0.0331 

0.0233 

1.78 

95.0 

0.660 

0.0331 

0.0233 

1.81 


• Equilibration time, 1 hr 10 min. 
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Table 2 — Experimental Data for the Exchange Between Isopropyl Mercaptan 

and Water in the Presence of Alkali 



Ratio, 

p, (atom fraction 

p 2 (atom fraction 



moles of water 

of D in water 

of D in water 


Temp., °C 

moles of mercaptan 

before exchange) 

after exchange) 

a 

0.0 

0.613 

0.0326 

0.0238 

2.21 

0.0 

0.619 

0.0326 

0.0241 

2.30 

30.2 

0.610 

0.0326 

0.0230 

1.97 

30.2 

0.597 

0.0326 

0.0233 

2.10 


Table 3—Separation Coefficients for the Exchange 
i-CsHtSD + H 2 0(liq)=*?: i-CjHtSH + HDO(liq) K 17 


Average deviation 



No. of 

Mean value 

of single result 

Temp., °C 

determinations 

of or 

from mean 

0.0 ± 0.1 

11 

2.19 

♦0.059 

26.9 ± 1.3 

12 

2.02 

±0.061 

45.0+ 0.1 

4 

2.00 

+0.072 

60.4 ± 0.1 

9 

1.82 

+0.045 

70.0 ± 0.1 

4 

1.82 

+0.025 

80.4 t 0.3 

4 

1.75 

+0.048 

95.2 ± 0.3 

8 

1.77 

±0.022 



1/T 


1—Logarithm of the fractionation factor for the mercaptan-water exchange vs. 
the reciprocal of the absolute temperature. 

Log a - log 


« D >''< H >] m ercp t a n 
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Table 3 and Fig. 1 summarize the results of Tables 1 and 2. The varia¬ 
tion of a as a function of the temperature is given by 


log a 17 = -0.0237 


( 11 ) 


Since 


K = 2 a 


1 -P2 

1 - 2p 2 


and since p 2 was about 0.023 in all cases, 


K 17 — 2.048a 


( 12 ) 


and 


log K 17 = + 0.2876 


(13) 


Application of the Clausius-Clapeyron equation leads to a heat of re¬ 
action of AH = —450 cal/mole for the exchange 

*-C 3 H 7 SD(liq) + H 2 0(liq) — HDO(liq) + z-C 3 H 7 SH(liq) 

It is quite readily seen from an examination of Eq. 10 that, of the 
quantities measured, uncertainties in the determination of p t and p 2 
would have the largest effect upon an uncertainty in a. For a given r, 
increasing p t by 1 per cent of its value and decreasing p 2 by 1 per cent 
of its value result generally in a 5 per cent decrease in a. Thus the 
observed variations in a can be accounted for on the basis of isotopic 
analytical errors. The errors involved in the falling-drop experiments 
are discussed in the National Nuclear Energy Series, Division m, Vol¬ 
ume 4A, Chap. 5. 

3. EXCHANGE REACTIONS WITH OTHER MERCAPTANS 

Some of the results that were observed in using w-propyl mercaptan 
are given in Table 4. These data were obtained in preliminary experi¬ 
ments in the presence of sodium hydroxide. 

The values for a 18 are seen to agree within the limits of experimen¬ 
tal error with the values for the isopropyl mercaptan. The value of a 19 , 
for the exchange between water and thiophenol, was also measured at 
2.75°C and was found to be 1.56, a somewhat lower value than for the 
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propyl mercaptans. The value of a 2 o, for ethyl mercaptan, is somewhat 
higher, being 2.32 at 25°C, as reported by Hobden et al. 3 

Table 4—Exchange Between n-Propyl Mercaptan and Water 

in the Presence of Alkali 


Temp., °C 

Ratio, 

moles of water 
moles of mercaptan 

p, (atom fraction 
of D in water 
before exchange) 

p 2 (atom fraction 
of D in water 
after exchange) 


0 

0.613 

0.0326 

0.0238 

2.21 


0.619 

0.0326 

0.0241 

2.30 

30.2 

0.610 

0.0326 

0.0230 

1.97 


0.597 

0.0326 

0.0233 

2.10 


REFERENCES 

1. C. Hutchison and D. Gillies, Columbia University Report A-754, July 9, 1943. 

2. J. W. Kimball, R. L. Kramer, and E. E. Reid, J. Am. Chem. Soc. 43:. 1199 
(1921). 

3. F. W. Hobden, E. F. Johnston, L. H. P. Weldon, and C. L. Wilson, J. Chem. 
Soc., 1939: 61. 




INDEX 




INDEX 


A 

Absorption, neutron, in plutonium 
production, 3 

Activation energy, 147-148 
Adsorption complex, 148-149 
Air, effect on catalyst activity, 251 
Alfrax, 226 

Alumina as catalyst support, 234-235, 
252 

Aluminum as catalyst support, 234 
Amberlite as catalyst support, 252 
Ammonia-hydrogen exchange process, 
106-107 

Ammonia-hydrogen-water exchange 
process, 100-106 

Ammonia-water-hydrogen system, 

315, 333-346 

basis for full-scale operation, 
344-345 

calculations of tower conditions, 
339-344 

cold tower, 339-340 
equilibrator tower, 341-343 
hot tower, 343-344 
conditions of operation, 345 
flow lines of, 334-335 
maximum theoretical extractable 
deuterium in, 336-339 
Analysis, isotopic, for D 2 0 in water- 
triethylamine solutions, 134-138 
mass-spectrograph, 227 
water-density falling-drop method, 
227 

Arrhenius equation, 147 

Azeotropic distillation (see Separation) 


B 

Bacterium coli, 151 
Boiling points of chloral-water mix¬ 
tures, 142 

C 

Carbon dioxide, 243-245 
Carbon monoxide, 243-245 
Cascade system, 153 
Catalysis, heterogeneous, 148 
homogeneous, 148 
rate-determining step, 148, 151 
Catalyst bed, 153 
Catalyst poison, 150, 152 
Catalysts, 146-153 
activity of, 156-170 

effect on, of drying, 176 

of extent of washing, 173-176 
of pill size, 180-181, 182-183 
of purity of reagents, 171-173 
calcination of, 177 
atmosphere, 177 
effect on physical properties, 

177, 182 

oxidative, 177-178 
procedure, recommended, 180 
purpose of, 177 
temperature of, 178-179 
chromites, 157-160 
activity of, 161 

displacement washing of, 175-176 
Du Pont nickel chromite, 160 
efficiency of, 148-150, 239-240 
forming of, 180-181 


389 



390 


INDEX 


Catalysts, hydrogenation, 149 
UOP, 156-159 
impurities in, 168-170 
life of, 152, 248, 251 
miscellaneous, 158-159 
for liquid water—hydrogen 
system, 162-163 
for steam-hydrogen system, 
158-159 

multicomponent, 163 
nickel, 156 

activity of, in liquid water —hy¬ 
drogen system, 162-163 
in steam-hydrogen systen, 160 
promoters used with, 161-162 
supporting media for, 156-157 
tests on, 159-160 
nickel —cerium oxide, 160 
nickel —chromium oxide, activity 
of, 157, 208 
aging of, 208-209 
effect of nickel-nitrate purity on, 
172-173 

general description of, 155-157 
method of preparation of, 155-157 
nickel to chromium ratio, 157 
poisoning of, 212-214 
properties of, 208 
physical, 208 
pyrophoric nature of, 205 
refreshing of, 205-209 
stabilization of, 205-207 
nickel-chromium-copper, 160 
nickel-chromium-manganese, 160 
nickel-manganese, 160 
oxide, 149 

in pill form, 180-186 
activity of, 184-185 
lubricants used in forming, 
182-183 

physical properties of, 182 
preparation of, 156-167, 226, 
238-253 

calcination during, 177-180 
effect on, of excess reagent, 166- 
167 

of rate of precipitation, 165- 
166 

of solution concentration, 164- 
165 


Catalysts, preparation of, effect on, 
of temperature of precipita¬ 
tion, 167 

of treated water, 171-172 
precipitate in, 173-176 
reduction in, 186-205 
extent of, 187-188 
kinetics of, 190-196 
plant, 200-205 

recommendations for, 204-205 
starting materials for, 171-173 
purification of, 171-173 
production of, 254-256 
activity, 256-258 
life tests, 258-259 
preparation, 255-256 
specifications, 255 
promoter, 150 
regeneration of, 152 
sensitivity of, 152 
specificity of, 149 
sulfide, 149 
support for, 150 
surface of, 148, 150 
testing of, 214-216 
washing of, 173-176 
Catalytic activity (see Catalytic ex¬ 
change) 

Catalytic exchange, 3-4, 145-153, 
222-259 

advantages and disadvantages, 49 
cost of plant and operation, 11-12, 
48-49 

hydrogen—liquid water, 222-225 
catalyst preparation, 226 
results, 227-228 
hydrogen—water vapor, 236-253 
catalyst preparation, 238-239 
in glass pilot plant, 261 
results, 239-242 
improvements needed, 49 
operation, 30-47 

calculations, for exchange towers, 
33-44, 375-376 
for oxygen scrubbers, 44-45 
for secondary-plant rundown, 
377 

comparison with design, 47 
difficulties in, 47 
material balances in, 31-33 



INDEX 


391 


Catalytic exchange, operation, utility 
consumption in, 46-47 
plant design, 23-29 
primary plant, 15-21 
towers in, 20 
secondary plant, 21-24 
operating features of, 25 
Cell, electrolytic, 146, 150 
Cellulose sulfite process, 230 
Ceria, 152 

Charcoal, 150-152, 240 
Canadian 8-mesh, 240 
Canadian peach-nut, 240 
Chemical Warfare Service, 238-240 
for support, 229-231, 240 
Chemisorption, 149 
Chloral-water mixtures, boiling 
points of, 142 

Chlorine, effect on catalytic activity, 
246 

removal from catalyst, 246 
Chromium oxide, 149, 152 
Cobalt, 149 
Collision, 147-148 
efficiency of, 147 
energy of, 147-148 
Collision number, 147 
Concentration of deuterium, in 
catalytic exchange process, 

9-11, 12-15 

in water-distillation process, 53 
Conversion efficiency, 233 
Copper, 149 
as support, 234 

Cost of heavy-water production, 5-6 
by catalytic exchange, 11-12, 48-49 
by water distillation, 55, 78-80 
Countercurrent flow, 146, 153 
Cyclohexane-benzene-hydrogen 
process, 107-109 

Cyclohexane-benzene-hydrogen sys¬ 
tem, 315, 346-352 
engineering analysis for, 351-352 
flow lines of, 347-348 
fractionation factor of, 348-351 

D 

Deuterium, concentration, in catalytic 
exchange process, 9-10, 13-15 


Deuterium, concentration, from 3H 2 -N 2 
mixture, 83 

in water-distillation process, 53 
distribution in triethylamine-water 
systems, 134 

isolation at Trail, B. C., 9, 12-24 
per cent recovery of, 68 
purity, 9 

water content of, 145 
from water distillation, 58 
Distillation, hydrogen, 3-4, 82-98 . 

water, 3-6, 53-80 
Dust, 150 

E 

Electrolysis, 4, 9-10, 21-24, 109, 145, 
151-153, 355-369 
flow sheet for electrolyte con¬ 
centration, 357 
Enzyme, 151 

Equilibrium of triethylamine-water 
liquid-vapor system, 141 
Exchange reaction, 145, 151-152 
between hydrogen and liquid water, 
222-236 

between hydrogen and water vapor, 
236-253 

Extraction (see Separation) 

Extractive distillation (see Separa¬ 
tion) 

F 

Feed water, 145, 152 
Fischer-Tropsch process, 86 
Fractionation factor, 145 
Free energy, 149-150 

G 

Gas-mask charcoal, 230-231 

H 

Half-conversion space velocity 
(HCSV), 227 
Half life, 150, 227 
HCSV (half-conversion space 
velocity), 227 
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Heat exchanger in hydrogen-dis¬ 
tillation process, 91-92 
Heat of reaction, 149 
Heat-transfer coefficients in hydro¬ 
gen-distillation process, 91-92 
Heavy-water production, 3-4 
advantages and disadvantages, 7 
by ammonia-hydrogen exchange, 

106- 107 

by ammonia-hydrogen-water ex¬ 
change, 100-106 
by catalytic exchange, 3-6, 9-49 
cost (see Cost of heavy-water 
production) 

by cyclohexane-benzene-hydrogen, 

107- 109 

by electrolysis, 4, 9-10, 21-24, 109, 
355-369 

by German method, 4 
by hydrogen distillation, 3-7, 82-98 
on large scale, 4 
by mercaptan, 107 
by separating agents, 99-100 
triethylamine, 99-100 
by water distillation, 3-6, 53-80 
Hydrogen, pure, from ammonia plants, 
84, 87 

sources, 15, 85-87 
Hydrogen-distillation process, 3-7, 

82-98 

advantages and disadvantages, 97-98 
column for, 90 

cost of plant and operation, 94-95 
description, 87-90 
development and design, 90-94 
distillation in, 93-94 
heat exchanger, 91-92 
improvements, 95-97 
insulation, 91 

refrigeration in, 90, 92-93 
Hydrogen sulfide, 150 

effect on catalytic activity, 246-247 
Hydrogen—water vapor exchange, 
236-253 

in glass pilot plant, 261 

bubble-plate efficiencies of, 278-282 
calculations, 272-278 

catalyst conversion efficiency, 
277-278 

definitions, 274-275 


Hydrogen-water vapor exchange, in 

glass pilot plant, calculations, 
graphical analysis, 275-277 
symbols, 274-275 
constant-feed run, 282-285 
description of pilot plant, 264-271 
bubble plates, 270-271 
catalyst reactors, 271 
electrolytic hydrogen generator, 
269-270 

hydrogen, water, and oxygen 
streams, 264-269 
effect of superheat on plant per¬ 
formance, 292-313 
experimental work, 262-263 
locked-in operation, 285-292 
catalyst efficiency, 286-287 
gas-deuterium separation 
factor, 288-289 
graphical analysis of tower 
performance, 290-291 
pressure gradient through 
tower, 286 

principal conclusions, 263, 264 

I 

Impregnation, 238-239 
Impurities, removal in hydrogen- 
distillation process, 87 
Iron, 149 

K 

Kieselguhr, 150-152 

M 

Mercaptan process, 107 
Mercaptan-water system, 315-333 
auxiliary experimental details of, 
329-333 

density of isopropyl mercaptan, 
332 

determination of isopropyl 
mercaptan, 331-332 
isotopic analysis, 333 
purification for, 332-333 
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Mercaptan-water system, auxiliary 
experimental details of, 
properties of samples used, 
329-331 

corrosive action of, 326-329 
equilibrium constants for exchange 
reactions, 378-385 
equilibrium separation coefficients 
of, 318 

flow lines of, 317-318 
hydrolysis in alkaline solutions, 
323-324 

rate of exchange in, 318-321 
drop experiments, 319-321 
shaking experiments, 318-319 
rate of settling in, 321-322 
separation factor in, 316 
solubilities in, 322 
Mercury, effect on catalytic activity, 
248 

Methane, effect on catalytic activity, 
251 

Multistage process, 145, 152-153 

N 

Neutron absorption in plutonium pro¬ 
duction, 3 
Neutron velocity, 3 
Nickel, 149, 151-152 
as catalyst, 233 
as support, 234 
Nickel-cerium oxide, 160 
Nickel—chromium oxides as catalyst 
(see Catalysts) 

Nickel-chromium-copper, 160 
Nickel-chromium-manganese, 160 
Nickel-manganese, 160 
Nitrogen, solidification of, 82, 87-88 

O 

Operating Data, Trail Plant, 370-374 
Osmium-charcoal, 235 
Oxygen, effect on catalytic activity, 
248-250 

P 

Packing, 225 


Palladium, 151 

Palladium-charcoal catalysts, 226, 

252 

Particle size, effect on catalytic ac¬ 
tivity, 241-242 
Pilot plant, 261-313 

/See also hydrogen—water vapor 
exchange) 

Platinum, 147, 149, 151-152 
Platinum-charcoal catalysts, prepara¬ 
tion of, 226, 253-254 
Platinum oxide catalyst, 226 
Plutonium, manufacture of, 3 
Potash, effect on catalytic activity, 

248 

Potential-energy barrier, 147-148 
Preparation of catalysts (see Cata¬ 
lysts) 

Pressure, vapor, of D*, 87-88 
of H 2 , 87-88 
of HD, 87-88 

Production methods, heavy water, 3-8 
(See also Heavy-water production) 
Properties of catalysts (see Cata¬ 
lysts) 

Pyridine-water mixtures, vapor 
pressures of, 141-142 

R 

Recovery, heavy water, in water-dis¬ 
tillation process, 72 
Reduction, 239-253 

by sodium formate, 226 
by vanadium salts, 226 
Refrigeration, in hydrogen-distillation 
process, 90, 92-93 
in water-distillation process, 63 
Ruthenium-charcoal catalysts, 235 

S 

Saturator, 236 
gas, 152-153 

Separating-agent process, 99-100 
Separation (isotopic) of water by 
distillation, 120 
separating agent, 120 
azeotropic distillation, 121, 125 
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Separation (isotopic) of water by 
distillation, separating 
agent, extraction, 121 
extractive distillation, 121-124 
theoretical considerations, 125 
triethylamine, 129 
Silica gel, 150 
Sodium formate, 226 
Sodium hydroxide, 145 
Solubility measurements of water, 
129-130 

equilibrium, 129-131 
sampling, 129-131 
titration, 131-132 

Karl Fischer reagent, 131-132 
triethylamine samples, 133-134 
Solubility of water, in furfural, 137 
in organic solvents, 120-135 
Space velocity, 150, 152-153 
Sulfur dioxide, effect on catalytic 
activity, 246-147 
Supports, alumina, 234-235, 252 
metal, aluminum, 234 
copper, 234 
nickel, 234 
silica, 234 

T 

Trail laboratory, 259 
Treatment of experimental results, 
239-240 

Triethylamine, 129, 133-141 
as separating agent, 99-100 

V 


Vapor pressure, of HD, 87-88 
Vapor pressures of pyridine-water 
mixtures, 141-142 
Velocity constant, 147 
Volatility, relative, of HDO to H 2 0, 
56-57, 67 

W 

Water, distillation of, 120 

effect on catalytic activity, 247-248 
solubility measurements of (see 
Solubility measurements of 
water) 

Water-ammonia-hydrogen system, 
315, 333-346 

Water-distillation process, 3-7 
advantages and disadvantages, 80 
cost, 55, 78-80 
description, 56-58 
development and design, 67-72 
calculation of plates, 67-68 
per cent recovery, maximum, 68 
operating, 70 

size reduction of stages, 70-72 
heavy-water recovery, 72 
improvements, 80 
operation, 72-78 
primary plant, 53, 58-63 
equipment in, 58-63 
secondary plant, 63-66 
equipment in, 64 

Water-hydrogen isotopic exchange 
(see Catalysts) 

Wetting of catalyst, effect of, 

236-237 




